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Microalgae are recognised as a source of lipids for bioenergy, nutrients and pharmaceuticals.  
Photobioreactors, closed vessels for microalgal cultivation, are known to have high energy 
consumption due to mixing and aeration.  Sparging is commonly used for mixing and gas-liquid mass 
transfer in photobioreactors, but is energy intensive.  The aim of this work was to reduce these 
energy requirements by optimising conventional sparging and considering surface aeration coupled 
with mechanical agitation as an alternative.   
An airlift photobioreactor was used as a base for comparison with two novel, surface aerated 
reactors: oscillatory baffled and wave photobioreactors.  The three bioreactors were compared in 
terms of power input, mixing, CO2 mass transfer, algal growth and lipid production. Prior to 
comparison, each photobioreactor was optimised based on these parameters.  To calculate power 
input, isothermal gas expansion equations were used for sparged systems and calorimetry was used 
for mechanically agitation systems.  Mixing was investigated using a salt tracer and phenolphthalein 
indicator and mass transfer was measured using the gassing-in method.  Scenedesmus sp., a high 
lipid-producer, was cultivated in low nitrate media across a range of mixing rates in each 
photobioreactor.   
In the airlift photobioreactor a critical minimum CO2 supply rate (of 2.7×10
-5 m s-1) was found, below 
which carbon was limiting and above which energy was spent on sparging without increased 
productivity (0.20 g L-1 d-1 biomass; 0.03 g L-1 d-1 lipid).  In the oscillatory baffled reactor, insufficient 
mass transfer limited algal productivity (0.11 g L-1 d-1 biomass; 0.02 g L-1 d-1 lipid).  The wave reactor 
had high CO2 mass transfer coefficients (10 – 140 h
-1) in comparison to the airlift (2.7 – 40 h-1) and 
oscillatory baffled reactors (6.3 – 37 h-1).  Sufficient biomass productivity (0.18 g L-
-1 d-1) and higher 
lipid productivity (0.045 g L-1 d-1) at lower power input in the wave reactor resulted in higher energy 
efficiency compared to the airlift reactor.  Life cycle analysis of simulated algal biodiesel production 
showed that bioreactor energy contributed 99% of total energy consumption.  Therefore, the global 
warming potential was reduced by 73% when the airlift reactor was operated at the critical 
minimum CO2 supply (with gas compression to 2 bar) and a further 19% when the wave reactor was 
used.   
This work offers an energy efficient alternative to sparging, through the generation of a well-mixed 
wave in a surface aerated bioreactor.  It also offers methods for optimisation of energy usage with 
respect to mixing and aeration.  Reducing bioreactor energy consumption is key to feasibility, and 
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1 Introduction and Literature Review 
 
1.1 The role of bioprocess engineering in sustainable development 
 
1.1.1 Advantages and limitations in bioprocesses 
Technology continues to advance and expand, and with a rapidly increasing human population, is 
key to maintaining and improving our quality of life.  Bioprocess engineering plays an important role 
in the global future landscape as it offers solutions to a variety of existing and imminent concerns.  
The use of bio-materials and biological agents for the manufacture of fine-chemical, commodity and 
energy products is not a new concept, but recent environmental, economic, and social pressures 
have sparked a new wave of interest in bio-products.  Algal bioprocessing is among those receiving 
growing attention in research and commercialisation spaces (Anex, 2003; Demirbas, 2011; 
Gavrilescu and Chisti, 2005; Harun et al., 2010).   
 
Biological systems are attractive because they have been fine-tuned by evolution to be efficient and 
produce biodegradable, often non-toxic products and by-products (Gavrilescu and Chisti, 2005).  
Industrially applied bioprocesses use mostly renewable raw materials, favourable operating 
conditions and highly specific and complex biologically catalysed reactions (Harding, 2008).  
However, it would be a misconception to assume that all industrial bioprocesses are more 
environmentally friendly and economically more viable than their chemical counterparts (Geigrich, 
2003; Gerngross, 1999; Harding et al., 2007; Hermann and Patel, 2007).    An industrial bioprocess, 
where a biological organism or system is harnessed to produce a product at faster than natural 
rates, often requires fossil fuel energy and non-renewable inputs.  Appropriate resource 
management and innovative solutions for efficiency and adaptability are required to ensure the 
economic, environmental and practical feasibility of bio-based products, as well as the sought-after 
biological advantages (Anex, 2003).  A crucial benefit is that many bioprocesses are still relatively 
new, allowing more scope for improvement than with more established chemical processes 
(Harding, 2008).   
 
Prior to implementation, a bioprocess can be assessed for its feasibility, economics and 
environmental burdens using tools such as Life Cycle Analysis and energy balancing.  Many of these 




assessments show that energy requirements, nutrient input, productivities and yields have the 
largest impacts on the overall feasibility and sustainability of the investigated bioprocesses (Table 
1.1).  A bioprocess with high energy requirements is likely to rely on fossil-derived energy sources, 
have a high carbon footprint and high energy-related costs.  For a bio-energy product, such as 
biofuel or biogas, it is essential that the energy used to create the product be lower than the energy 
obtained from it.  For all bioproducts, it is desirable to minimise the energy footprint. 
 
Table 1.1  Sensitivity analysis results of various Life Cycle Analyses performed on bioprocesses, 
showing the parameters that have the largest negative impacts on sustainability. 
Bioprocess / Bioproduct Areas of high detrimental impact on sustainability Reference 
Poly-β-hydroxybutyric 
acid (PHB), a bio-polymer 
Energy (particularly for steam); water; toxicity (fertilizer, acids, salts) Harding et al. 
(2007) 
Bio-based bulk chemicals Productivities, concentration and yields in fermentation stage (Hermann et al., 
2007) 
Penicillin from Penicillium 
chrysogenum 
Electricity requirements (due to large volumes caused by poor 
separation efficiencies; and steam requirements); agricultural inputs 
(for growth media) 
Harding (2008) 
Cellulase from microbes Low biomass concentration = large water volumes in bioreactor = high 
energy requirements; lack of downstream processing = increased 
volumes 
Harding (2008) 
Lipase for biodiesel 
production 
Low biomass concentration = large bioreactor volumes = high energy 
requirements 
Harding (2008) 
Algal biodiesel Energy and nitrogen input in cultivation stage (bioreactor) Lardon et al. 
(2009) 
Bioethanol in refinery 
process 
Large water volumes linked to energy usage (water removal by 
distillation, pumping and heating water) 
Alvarado-Morales 
et al. (2009) 
Algal biodiesel Energy and nutrients in cultivation stage (bioreactor) – circulation 
velocity, yields, recycling, N-fertilizer, carbon dioxide input method) 
Stephenson et al. 
(2010) 
Algal biodiesel Nitrogen and carbon dioxide inputs Clarens et al. 
(2010) 
Bioethanol Biomass and ethanol yields Singh et al. (2010) 
Citric Acid from 
starch/molasses using 
Aspergillus niger 
Electricity (for air compression and bioreactor agitation) and steam 
requirements 
de Beer (2010) 
Algal biodiesel Reactor energy requirements; nitrogen fertilizer production Richardson (2011) 
 




1.1.2 Energy demand in microalgal bioprocessing 
Microalgae have the potential to produce a variety of commercial bioproducts which can replace 
fossil fuel or chemical-based alternatives without competing with food production.  This ability of 
microalgae to produce multiple useful compounds by harnessing energy from sunlight make them 
promising for sustainable development (Demirbas, 2011; Harun et al., 2010; Lehr and Posten, 2009).  
Key to the success of algal bioprocessing is the energy demand and cost required for generating 
these products.  Previous reports indicate that the cultivation stage of microalgal bioprocesses 
significantly contributes to the overall energy consumption of the processes (Table 1.1) and thus 
limits their environmental and economic feasibility (Rickman et al., 2013; Slade and Bauen, 2013).  
Bioreactors utilised in a range of other bioprocesses also have high energy burdens (Table 1.1), 
indicating a need to investigate bioreactors and photobioreactors for their energy efficiency. In this 
work we investigated possibilities for improving the energy efficiency of algal cultivation in 
photobioreactors (PBRs) by optimising conventional algal cultivation methods and introducing novel 
PBR designs.  In order for algal bioproducts to contribute to sustainable development, energy 
efficient cultivation is required. 
 
1.2 Microalgal bioprocessing 
 
1.2.1 Algal biology 
Algae are a group of diverse photosynthetic aquatic organisms including eukaryotic macro- and 
microalgae, and prokaryotic Cyanobacteria.  Cyanobacteria, also known as blue-green algae, are 
photosynthetic bacteria whose common ancestor was the first to evolve the capacity to use water as 
a source of electrons in photosynthesis more than 2450 million years ago (Knoll, 2008).  The 
production of free oxygen by these organisms early in the Earth’s history played a vital role in 
shaping evolution and life as it is today (Anderson, 2013).  A diverse group of Cyanobacteria 
remained Earth’s foremost autotrophic organisms until about 543 million years ago when they were 
joined by eukaryotic algae as major primary producers.  Eukaryotic algae first evolved between 
about 1700 and 543 million year ago, and now include a large variety of macro- and microalgae 
(Knoll, 2008).   
 
Macroalgae are plant-like multi-cellular organisms, including kelps and seaweeds.  Microalgae are 
usually single celled microscopic organisms, sometimes occurring in colonies (Graham et al., 2009).  
Algae are highly diverse, spanning a variety of morphologies and ecologies, and producing a wide 




array of carbohydrates, lipids and proteins (Anderson, 2013).  Microalgae, used in this work, can be 
grouped according to morphologies and life-cycles, e.g. dinoflagellates, diatoms and haptophytes, as 
well as the pigments they contain, such as red, brown, gold and green algae.  Green algae, 
Chlorophyta, are a large group that produce abundant quantities of chlorophylls a and b, giving them 
their characteristic green colour (Anderson, 2013; Graham et al., 2009).   
 
One of the most defining features of microalgae is their ability to utilize the sun’s energy for 
photosynthesis.  Photosynthesis is a light-driven reaction in which water and carbon dioxide are 
converted to carbohydrates, and oxygen is released as a by-product.  Photosynthetic pigments 
(chlorophylls, carotenoids and  phycobolins) aid in light harvesting for energy provision, and transfer 
of excitation energy (Masojidek et al., 2013).   
 
1.2.2 Commercial applications of microalgae 
Many species of microalgae show potential as useful bioresources and a number are already used 
commercially in food or nutritional supplements, pharmaceuticals, animal feed, aquaculture, 
wastewater treatment and bioenergy (Cardozo et al., 2007; Castine et al., 2013; Christenson and 
Sims, 2011; Demirbas, 2010; Kuda et al., 2005).  The first attempt to cultivate microalgae in a 
technical environment was in Germany during World War 2.  In war time, microalgae presented an 
inexpensive protein source to replace animal proteins which were difficult to obtain.   In the USA, 
fundamental studies on photosynthesis led to the first large-scale algal culture plant, built in 1948.   
In the 1950s, mass algal culture plants were established for protein production in the US and Japan 
but could not compete with terrestrial crop sources such as soy bean.  Following this, one of the 
earliest commercial applications of algae was in photosynthetic wastewater treatment.  Initially algal 
cultivation was predominantly carried out in outdoor ponds, but, in the 1960s, NASA was interested 
in research on closed culture systems for algal cultivation.  The idea was to use these closed systems 
for oxygen generation during prolonged missions in outer space.  In the 1970s a global oil crisis gave 
rise to research into algae as a biomass feedstock for methane production and a major programme 
on algal cultivation for biofuels (Aquatic Species Program, by the US Department of Energy) 
(Carvalho et al., 2006).   
 
Today, there is continued interest in microalgae for their nutritional value, wastewater treatment 
and their potential role in the current energy crisis.   Additionally, microalgae are used for 




production of fine chemicals and high value secondary metabolites.   Pigments for food colouring, 
cosmetics and textiles, vitamins, antioxidants, antibiotics, and high value oils (e..g omega-3 oil) are 
some examples of algal bioproducts (Harun et al., 2010).  Algae have also been used in 
bioremediation and as nitrogen fixing biofertilizers, and can be used for carbon sequestration to 
counter the greenhouse effect (Chisti, 2007a; Harun et al., 2010).  In the energy sector, many algae 
have high lipid content which can be extracted and used to make biodiesel.  The biomass remaining 
after lipid extraction can then be used to make methane and bioethanol.  Biohydrogen can be 
produced from algae by dark fermentation or pyrolysis (Harun et al., 2010; Pittman et al., 2011; 
Stephens et al., 2010).   
 
The ability of algae to produce multiple commercially interesting products simultaneously, gives 
promise to the algal biorefinery.  A biorefinery processes biomass into various co-products in order 
to improve the cost versus outputs of the process.  Ideally, the biorefinery uses all components of 
the biomass to make the product range.  It can also be designed as a closed system to minimise 
waste by recycling nutrients, water and cell-debris and integrating heat and energy released from 
one process to feed another (Chisti, 2007a; Demirbas and Demirbas, 2010; Singh and Gu, 2010).  
 
1.2.3 Requirements for growth 
There are several important factors for cultivating algae to desired biomass concentrations.  
Photosynthesis requires water, light and carbon dioxide on which algae rely to provide the raw 
materials necessary for growth and reproduction.  In addition to photosynthetic requirements, algal 
growth depends on nutrients such as nitrogen, phosphorous and trace elements.   Temperature, pH, 
salinity and removal of oxygen are also factors to consider for algal cultivation (Grobbelaar, 2000; 
Mata et al., 2010).   
 
Carbon is a major constituent of algal cells (approx. 50% of algal cells by dry weight is carbon), and 
CO2 is often the major or only source of carbon in algal cultivation (Chisti, 2007a).  Algae typically fix 
1.83 kg of CO2 for every kg of algal biomass (Borowitzka and Moheimani, 2013; Chisti, 2007a; Pate et 
al., 2011).  Algae utilize CO2 from the air, but typically supplementary CO2 in intensive cultivation 
systems is essential for commercially viable growth rates and productivities due to the low 
concentrations of atmospheric CO2  (0.036%) (Brennan and Owende, 2010; Pate et al., 2011) and low 
associated mass transfer rates.   




Mixing and provision of interfacial area are essential for the efficient transfer of CO2 to the cells, and 
the removal of O2.  The transport of these gases in and out of solution is known as gas-liquid mass 
transfer, discussed in detail in Section 1.3.2 below.  Mass transfer is enhanced by increasing the CO2 
content of the sparged gas (Chisti and Jauregui-Haza, 2002; Langley, 2010).  The accumulation of 
oxygen during algal cultivation leads to decreased photosynthetic rates, thus its removal is essential 
to maintain growth rates.  Therefore, algal cultivation relies on sufficient mass transfer (Chisti, 
2007a).   
 
Adequate mixing results in the even distribution of nutrients to all cells in the culture medium.  
Distribution of light and cycling of algal cells through the light and dark zones, particularly in dense 
cultures, also relies on sufficient mixing rates (Lehr and Posten, 2009; Pulz and Scheibenbogen, 
1998).  Light-dark cycling enhances photosynthetic rate; where higher frequencies of cycling induce 
higher growth rates (Fraser, 2011; Grobbelaar, 1991; Langley, 2010; Pulz and Scheibenbogen, 1998).  
At low cycling frequencies, algal growth is not inhibited as long as mixing is sufficient so that cells do 
not remain without light for extended periods of time.  Similarly, if cells remain in constant high light 
conditions, photoinhibition is likely to occur, where a cell’s photosynthetic machinery becomes 
damaged (Eilers and Peeters, 1988; Scott et al., 2010). 
 
Algal cultivation therefore relies on a combination of inter-related factors, as illustrated in Figure 1.1.  
A key element in this network is the agitation (e.g. stirring, bubbling, shaking) of the algal culture.  A 
power supply or energy input is required for agitating an algal culture; agitation is important for 
affecting mixing and mass transfer rates, and thus the rate of CO2 provision as well as light and 
nutrient distribution, which are essential for algal growth (Figure 1.1).     
 
 





Figure 1.1  The link between energy input and parameters that are important for growth and 
productivities in algal PBRs.  Commercial algal cultivation will be carried out under natural sunlight, 
and so energy for light intensity can be omitted.   
 
1.3 Bioreactors: Mixing, mass transfer and power input 
 
A bioreactor is a vessel used to cultivate microorganisms under conditions that enhance the 
production of a desired bio-product.  A bioreactor requires energy for mixing, pumping, aerating, 
and temperature control.  A variety of bioreactor configurations exist for providing the desired 
conditions to a biological system.  Bioreactors can be divided into immobilized reactors (e.g. packed 
bed, membrane, biofilm) or suspended (submerged) reactors, which include stirred tank, bubble 
column, loop, airlift reactors and others (Moulijn et al., 2013). 
 
1.3.1 Mixing 
Mixing is a major contributor to energy consumption in bioreactor operation.  Mixing is essential for 
the homogeneous distribution of cells, nutrients, light, gases, temperature and other factors, so that 
reactions can be carried out at similar rates and under similar conditions throughout a bioreactor.  
Limitations on transport of substrates throughout the reactor cause reductions in productivity, and 
so the success of a bioprocess could depend on the extent of mixing in the bioreactor (Ačai and 
Polakovič, 2007).  Insufficient mixing results in local concentration gradients, which become more 
pronounced at large-scale (Ačai and Polakovič, 2007).  The degree of mixing, mixing efficiencies and 
mixing patterns are often modelled mathematically for a better understanding of the micro-




environments and flows within a bioreactor (Ačai and Polakovič, 2007; Bouaifi and Roustan, 2001; 
 ahradn  k et al., 2001). 
 
Hydrodynamics in a bioreactor, as well as the relationship between mixing and the transport of 
substances between phases (mass transfer), can be complex ( ahradn  k et al., 2001).  Mixing time is 
a simple measurement for describing mixing (Regine Eibl et al., 2009; Gavrilescu and Tudose, 1997; 
Harvey et al., 2001; Ni et al., 2003).  Mixing time is the time required to reach a specified degree of 
homogeneity after addition of a tracer (Hadjiev et al., 2006).  Impellers, baffles, stirrers, shaking 
platforms, pumping and sparging (bubbling) contribute to mixing in bioreactors.  It is important 
when studying the hydrodynamics to consider the shear stress imparted by the method of agitation, 
and the sensitivity of the process components (e.g. algal cells) to this stress (Pirouzi et al., 2014; 
Ranade et al., 1991).  It is also important to consider the power input requirements.  Higher power 
input for agitation leads to improved mixing, which in turn facilitates mass transfer in the reactor 
(Chisti and Jauregui-Haza, 2002; Regine Eibl et al., 2009; Harvey et al., 2001; Hewgill et al., 1993; 
Pirouzi et al., 2014).  The energy consumed for liquid circulation and agitation is one of the major 
operational costs for bioreactors requiring aeration, and can be as high as 28% of the energy 
consumption for an algal production system (Ačai and Polakovič, 2007; Chisti, 2008a). 
 
1.3.2 Mass transfer 
Mass transfer is the net movement of a species in a mixture from one location to another, often 
across an interface between two phases (Henley et al., 2011).  A key example of mass transfer in a 
bioreactor is the movement of O2 or CO2 from the gas phase, into solution, and from the liquid phase 
into microbial cells.  In algal systems, adequate supply of CO2 relies on efficient gas-liquid mass 
transfer.  In other words, gas being supplied to the bioreactor must dissolve into solution where it is 
available for reaction or metabolism.  Additionally, gas products, such as O2, must be removed from 
reaction sites by mass transfer to prevent inhibition of the bioprocess.   
 
Gas-liquid mass transfer can be represented adequately by the two-resistance theory where, at the 
interface between gas and liquid, there is a very thin gaseous layer adjacent to a very thin liquid 
layer (Figure 1.2).  The bulk gas and liquid lie adjacent to these thin films and molecules of gas pass 
across the layers by diffusion into the bulk liquid.  The thin films are stagnant areas where there is 
resistance to transfer, while the gas-liquid interface itself offers no resistance based on the 




assumption that the two species at the interphase are in phase equilibrium.  At steady state, the 
concentration gradient across the thin films is linear (Chisti, 2007b; Henley et al., 2011; Treybal, 
1980; Whitman, 1962). 
 
 
Figure 1.2  Steady-state dissolved gas concentration profile in the presence of a gas-liquid interface 
according to the two-resistance theory.  Thin films of gas and liquid on either side of the interface 
have thicknesses labelled     and   , respectively.  Gas and liquid film mass transfer coefficients are 
   and   , respectively, where their reciprocals represent resistance in the gas and liquid phase, 
respectively.   
 
The transport of the gas into the liquid depends on the molecular diffusivity or diffusion coefficient, 
 , of the solute in the liquid.  Gas transport into the liquid varies with temperature, liquid viscosity 
and the concentration of the solute (gas). The ratio of diffusivity and the film thickness, 
 
 
, is known 
as the mass transfer coefficient,  .  The transport flux or rate of transport per unit cross-sectional 
area (  )of a diffusing gas is dependent on the mass transfer coefficient and the concentration 
driving force of the gas,   , according to Equation (1.1) (Bailey, 1986; Chisti, 2007b).   
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According to the two-resistance theory, at steady-state the rate of transport of the diffusing gas is 
the same through the gas and liquid films as follows: 
     (      ) (1.2) 
    (      ) (1.3) 
where    and    are the gas and liquid film mass transfer coefficients, respectively,    is the gas 
partial pressure in the bulk gas,    is the dissolved gas concentration in the bulk liquid, and   denotes 
the concentrations at the gas-liquid interface (Garcia-Ochoa and Gomez, 2009; Treybal, 1980). 
Measurement of concentrations in the bulk phases can be determined experimentally.  However, 
experimental detection of concentrations at the interface is impossible since these concentration 
differences occur over extremely small distances.  Therefore, an overall effect, in terms of the bulk 
concentrations, can be determined by combining Equations (1.2) and (1.3).  Since the interfacial 
concentrations (    and    ) are in equilibrium because the interface offers no resistance to 
transfer, the overall transport rate can be written as follows: 
     ( 
    ) (1.4) 
where    is the overall mass transfer coefficient based on the liquid film.   
   is the saturation 
concentration (the maximum possible value) of the diffusing gas in the bulk liquid, which for gases 
such as CO2 and O2 is related to    by the equilibrium relationship known as Henry’s law: 
      
  (1.5) 
where  is Henry’s constant in Pascals per molar concentration.   
By substituting    in Equation (1.4) with      from Equation (1.5), solving Equations (1.2) and (1.3) 
for    and   , respectively, and subsequently substituting    and    into Equation (1.4) the mass 









   
 
(1.6) 
This shows that the overall mass transfer coefficient takes the form of addition of the liquid and gas 
resistances, as described in the name “two-resistance” theory.  For sparingly soluble gases, such as 
oxygen (used for experimental determination of mass transfer in this work),   is much greater than 
unity.  Additionally,    is usually larger than    because the gas phase diffusivities ( ) are much 




greater than those in liquids.  Therefore, 
 
   










This means that the resistance to mass transfer on the gas side of the interface (   
⁄ ) is minor 
compared to that of the liquid film (   
⁄ ) and thus the overall mass transfer rate is said to be liquid-
phase controlled. 
Since the transport flux equals the rate of transport per unit gas-liquid interfacial area, 
Equation (1.4) can be expressed in terms of rate, as follows: 
 
   
  
     ( 
    ) 
(1.8) 
where    is the dissolved gas concentration at time  , and    is the gas-liquid interfacial area per 
unit volume of the liquid (Bailey, 1986; Chisti, 2007b, 1989; Henley et al., 2011; Treybal, 1980).   
 
In the literature the mass transfer coefficient is often quoted to describe the mass transfer 
performance of a bioreactor.  In light of Equation (1.7), the overall volumetric gas-liquid mass 
transfer coefficient,      is often expressed as      or     (Baird and Garstang, 1972; Chisti and 
Jauregui-Haza, 2002; Guo et al., 1997; Hewgill et al., 1993; Moutafchieva et al., 2013).  The rate of 
supply of a soluble gas in a bioreactor can be determined if the      and the concentration driving 
force (     ) are known (Bailey, 1986; Chisti, 2007b, 1989).   
 
Sparging and agitation in bioreactors increases the gas-liquid interfacial area per unit volume and 
decreases the effective film thickness (), thus improving gas-liquid mass transfer.  A review of the 
relationship between the mass transfer coefficient,     (h
-1) or mixing time,    (s), and the agitator 
power requirements (W m-3) in a range of bioreactors reported in the literature is illustrated in 
Figure 1.3 (See Table A1 in Appendix A for detailed data and references).  Mass transfer and mixing 
improve with increased power for agitation.  From Figure 1.3A, it is seen that the reactors that use a 
combination of mechanical agitation and sparging (e.g. stirred-tank and pulsed baffled) exhibit 
higher     values, and the reactors that used sparging only (e.g. bubble columns and airlift) 
consumed less power.   







Figure 1.3  The relationship between A: mixing time (Tm, s) or B: mass transfer (kLa, h
-1) and power 
input per unit volume (W m-3) for various reactor types, including sparged (blue), mechanically 
agitated with sparging (green), and mechanically agitated with surface aeration (orange). Numbers 
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Figure 1.3 also includes a surface aerated reactor.  Surface aeration occurs when gas moves from the 
headspace in a bioreactor into the liquid.   The rate of surface aeration can be increased if there is 
sufficient renewal of the liquid surface by stirring or shaking.  Surface aeration is not commonly seen 
in bioreactors and very rarely for algal cultivation. It may prove more energy efficient than sparging, 
if the correct configurations are applied (Regine Eibl et al., 2009; Eibl and Eibl, 2006; Lehmann et al., 
2013).   
 
1.4 Photobioreactors for microalgal cultivation 
 
Currently the most prevalent large-scale algal cultivation system is the open pond or raceway.  These 
have several drawbacks including contamination, exposure to weather, temperature fluctuations 
and evaporation.  Closed photobioreactors (PBRs), on the other hand, provide protected 
environments for increased microalgal productivities, but require large amounts of energy for 
mixing, aeration and pumping (Chisti, 2007a; Slade and Bauen, 2013; Tredici, 2010). Other 
drawbacks of PBRs include high capital cost, oxygen build-up and they can be difficult to clean 
(Carvalho et al., 2006). 
 
1.4.1 Open Ponds 
The pioneers of mass algal cultivation in the 1950s used open pond systems which are still the most 
widely applied in commercial scale algal production because they are easy and cheap to construct 
(Carvalho et al., 2006; Pulz, 2001).  Open ponds tend to have lower algal concentrations and 
productivities than other systems, hence the cost of harvesting large volumes of dilute biomass is 
high (Carvalho et al., 2006; Chisti, 2007a; Pulz, 2001).  Open systems are also limited to cultivation of 
robust species that can withstand temperature fluctuations, exposure to weather and outcompete 
contaminants (Chisti, 2007a).   
 
The most common type of open pond is the raceway, which consists of a closed loop circulation 
channel, typically oval, with mixing and circulation carried out by a paddlewheel.  Baffles present in 
the flow channels are necessary for guiding the flow of liquid.  Pond depths are kept low (15 to 
40 cm) to allow light penetration (Hreiz, 2014).   
 




In addition to contamination and evaporation, raceways have poor CO2 utilization efficiency and 
mixing (Chisti, 2007a).  In raceway ponds the paddlewheel provides pumping to develop a defined 
circulation through the pond.  At the paddlewheel, mixing across the depth of the pond may be 
achieved, assisting the mass transfer of CO2 from the surrounding air into solution.  However, the 
mass transfer rates are low in comparison to other algal cultivation systems, and are one of the 
limiting factors of raceways (Brennan and Owende, 2010; Christenson and Sims, 2011; Mata et al., 
2010).  Mixing in raceways, particularly in areas away from the paddlewheel, is such that algae at the 
surface are exposed to higher light and CO2 than the cells at the bottom of the pond (Brennan and 
Owende, 2010; Chisti, 2007a).  Bubbling CO2 into the ponds, via submerged aerators for example, 
increases this mass transfer and improves productivity (Brennan and Owende, 2010). However, with 
the low bubble residence time due to low liquid depth causes much of the CO2 to be lost to the 
atmosphere (Christenson and Sims, 2011; Mata et al., 2010).  Christenson and Sims (2011) suggest 
using gas-liquid contactors, similar to the rotating biological contactors used in wastewater 
treatment, to improve gas transfer rates.   
 
1.4.2 Closed Photobioreactors 
In light of the disadvantages of open ponds, closed PBRs have been developed.  Column (airlift and 
bubble column), tubular (horizontal, helical and alpha-shaped) and flat-panel PBRs are the most 
reported designs, and various adaptions to these have been made (Carvalho et al., 2006; Lehr and 
Posten, 2009).  Closed systems are less exposed to rain, wind and evaporation, and it is possible to 
provide more control over contamination compared to open ponds (Carvalho et al., 2006; Chisti, 
2007a; Pulz, 2001).  Mixing and gas-liquid mass transfer are superior in closed PBRs compared to 
open ponds, surface-area-to-volume ratios are lower, enhancing light provision, and algal 
productivities tend to be higher (Carvalho et al., 2006; Chisti, 2007a).  However, shear stress is 
typically higher in these systems and the cost of construction and operation are often high (Carvalho 
et al., 2006; Pulz, 2001).  The greater productivity in PBRs compared to open ponds has potential to 
reduce the cost per unit product (Chisti, 2007a).  Also, PBRs are useful for cultivation of 
concentrated algal inoculum for large scale open ponds or in hybrid cultivation systems (Adesanya et 
al., 2014; Razon and Tan, 2011). 
 
Airlift and bubble column PBRs are examples of column or vertical tubular reactors which are made 
from polyethylene or glass tubes to allow light to reach the algal cells.  Compressed air is bubbled 
into the bottom of the tube, which enables simultaneous mixing of the culture and gas-liquid mass 




transfer.  In an airlift bioreactor there is a baffle separating the riser from the downcomer.  The 
aerated liquid travels up the riser owing to lower average density.  Following disengagement of the 
gas, the liquid then travels down the downcomer region (Carvalho et al., 2006; Kaewpintong et al., 
2007; Lehr and Posten, 2009). 
 
In a horizontal tubular PBR algal broth is circulated from a reservoir, or degassing column, through 
an array of transparent tubes, called the solar collector, where they are exposed to light before 
being transferred back to the reservoir.  In outdoor facilities, the solar collector is orientated to 
optimise sunlight capture, and tubes are often placed parallel to each other, horizontal to the 
ground.  Air is bubbled into the reservoir where an exhaust removes the accumulated oxygen (Chisti, 
2007a). Tubes can also be placed in coiled, helical, or alpha-shaped arrays (Carvalho et al., 2006). 
 
Flat-panel PBRs are of interest due to the even distribution of light as a result of the large surface-
area to volume ratio (Carvalho et al., 2006; Zittelli et al., 2000).  In dense algal cultures shadowing is 
minimised due to the short light path length.  However, this may lead to heating and so temperature 
control is required for these PBRs (Carvalho et al., 2006; Rodolfi et al., 2009).  Oxygen build up due to 
the high photosynthetic rates and small diameters is a disadvantage of panel PBRs (Carvalho et al., 
2006).  Horizontal circulation within a flat panel, and addition of alveolar plates or baffles can be 
used to increase turbulence and improve mixing and mass transfer (Carvalho et al., 2006; Lehr and 
Posten, 2009; Meiser et al., 2004; Richmond and Cheng-Wu, 2001; Zittelli et al., 2000). 
 
Closed PBRs commonly use gas sparging to provide CO2 (Brennan and Owende, 2010).  Bubbles of 
gas are distributed in the liquid medium, resulting in both CO2 mass transfer and liquid circulation 
(mixing).  CO2 losses from aeration are lower in closed PBRs compared to sparged open systems 
(Mata et al., 2010; Singh et al., 2011).  However, the compression of gas for sparging is energy 
intensive; the feasibility of its use for large-scale algal production needs to be carefully assessed.   
 
Improving reactor design for enhanced efficiency of mixing and gas-liquid mass transfer may reduce 
the energy requirement.  For example, Degen et al. (2001) describe a flat-panel airlift PBR with 
multiple horizontal baffles which induce vortices to improve mixing and mass transfer.  Iqbal et al. 
(1993) describe a V-shaped flat panel reactor with a very high mixing rate.  Carvalho et al. (2006) 




report the use of an open gas exchange unit at the bottom of a flat panel reactor for gas-liquid mass 
transfer.  However, this increases risk of contamination.  Carvalho et al. (2006) and Ferreira et al. 
(1998) describe membrane aeration in which CO2 diffuses through a silicone or hollow-fibre 
membrane tubing.  This prevents CO2 losses that occur with bubbling, and also allows for accurate 
control of transfer rates and the use of pure CO2 which would otherwise be damaging to the culture.  
However, large membrane surface areas are required which contribute to the cost of cultivation.  
High salt media, as used with marine algae, limit the diffusion across the membrane, and bacterial 
cells can foul the silicone membrane pores (Carvalho et al., 2006).  A venturi aerator consists of a 
nozzle with a narrow throat.  Water is circulated through the reactor via the venturi and the 
pressure difference in the nozzle causes air to be sucked in from the atmosphere to aerate the 
reactor (Jackson, 1964; Rodriguez et al., 2012).  This results in good mass transfer and does not rely 
on delivery of compressed CO2 from tanks.  However, the venturi device has not been used for algal 
cultivation.  Low atmospheric CO2 concentrations and high shear rates may limit its applicability and 
require investigation.    
 
To avoid the limitations of energy intensive CO2 mass transfer, carbon can be supplied to algal 
cultures in the form of bicarbonate.  Sea salts precipitate at high pH, so this method cannot be 
applied to marine algal species or species that cannot survive the highly alkaline conditions (Brennan 
and Owende, 2010; Chisti, 2013). Microalgae may also be grown heterotrophically, providing an 
organic source of carbon, such as glucose or acetate.  Reports have shown very high biomass and 
lipid production with heterotrophic cultivation (Chisti, 2013; Rosenberg et al., 2008).  However, 
organic carbon is costly and is derived from agricultural plants and so has implications on land and 
water usage.  Further, the competition by heterotrophic bacteria and fungi in these systems is much 
greater.  Agro-industrial waste could be used as a carbon source, but this is a limited resource for 
large-scale algal cultivation (Chisti, 2013).   
 
1.5 Microalgal lipids and biodiesel 
 
The looming energy crisis and global warming have sparked research into alternate sources of 
energy.  A key candidate is energy derived from biological sources.  A large portion of the research 
into microalgae has been focused on bio-energy.   Microalgae are of particular interest as they are 
able to produce a range of bioenergy products, including biodiesel, algal oil, methane, hydrogen and 




ethanol.  Many algal species are rich in lipids (some with oil content up to 80% of their dry weight) 
which can be converted to biodiesel and used as a fossil-fuel replacement (Chisti, 2007a).   After 
extraction of lipids, the algal biomass can be fermented to bioethanol, or fed into an anaerobic 
digester for methane production.  Algae can be used to produce biohydrogen in a dark-fermentation 
(anaerobic) process where carbohydrates are converted to hydrogen.  Algae subjected to pyrolysis 
and steam gasification produce a hydrogen-rich gas and bio-oil (Demirbas and Demirbas, 2010). 
Production of hydrogen from algae is costly and in early stages of research, and algae is one of many 
possible feedstocks for ethanol and methane production.  The production of biodiesel from algae, 
however, is receiving much attention as algae are lipid-rich biological material, well suited for 
biodiesel production with many advantages over other sources (Demirbas and Demirbas, 2010). 
While biodiesel is increasingly not considered as the long term alternative for the automotive 
industry, it is highly advantageous as it can be implemented using the current infrastructure.  In 
addition, it is the most promising renewable jet fuel for aviation (Louw et al., 2016). 
 
1.5.1 Algal lipids 
Lipids consist of a glycerol molecule attached via ester bonds to three fatty acids (tri-acyl glycerides, 
TAG’s), or to two fatty acids and a phosphate (phospholipids) or carbohydrate (glycolipids).  All 
cellular organisms produce fatty acids and lipids for their cell membranes and for signalling 
molecules.  In some microorganisms, known as oleaginous species, the system of fatty acid and lipid 
biosynthesis is used for the overproduction of lipids which then serve as carbon and energy storage 
for the microbial cell (Griffiths and Harrison, 2009; Wynn and Ratledge, 2005).  Oleaginous species 
accumulate lipids to more than 20% of their biomass and some species can accumulate lipids to 70% 
(Karatay and Dönmez, 2010; Kitcha and Cheirsilp, 2011).  Among the oleaginous species are several 
strains of macro- and microalgae (Wynn and Ratledge, 2005).  In a comparison of various marine and 
freshwater microalgal species, Scenedesmus sp. was found to have high lipid productivity (Griffiths 
and Harrison, 2009).   
 
Lipid accumulation in oleaginous species is initiated by nutrient limitation or exhaustion, in the 
presence of excess carbon (Lin, 2011).  Studies have shown that under nutrient stress, particularly 
under nitrogen limited conditions, microbial cells accumulate larger amounts of lipids (Bondioli et 
al., 2012; Griffiths et al., 2014a, 2014b; Lardon et al., 2009; Lin, 2011; Rodolfi et al., 2009).  However, 
under these conditions algal growth rates will drop.  This means that, although cells have higher lipid 
content, there will be fewer cells at the low growth rates thus limiting the total lipid concentration 




produced by the culture (Griffiths et al., 2014a, 2014b).  In order to obtain maximal lipid 
productivities the trade-off between cell growth and lipid content must be fully quantified. Griffiths 
et al. (2014a) demonstrated that there is an optimal nitrogen concentration at which biomass 
growth is not severely inhibited, and lipid production is high.  Studies show that accumulation of 
lipid, as well as the fatty acid profile (and hence commercial application) are dependent on the 
choice of carbon source, pH and temperature (Fei et al., 2011; Rupčid et al., 1996). 
 
Microalgal lipids can be used in a variety of applications, in addition to biodiesel, including 
biosurfactants, nutritional supplements, infant formula, aquaculture and pharmaceuticals (Harwood, 
2009; Karatay and Dönmez, 2010; Kitcha and Cheirsilp, 2011; Mukherjee et al., 2006).  Compared to 
plant oils, using microalgae for oil production has several advantages in terms of cost and 
sustainability, including shorter production times, ease of scale-up, smaller land requirements, 
improved water efficiency and less dependence on season and climate (Chisti, 2007a; Griffiths and 
Harrison, 2009; Kitcha and Cheirsilp, 2011). 
 
1.5.2 Algal biodiesel 
Triacylglycerols (TAG) are storage lipids produced by algae in particularly high quantities during 
stress conditions.  These are the most suitable lipids for conversion to biodiesel.  Transesterification 
of TAG yields fatty acid methyl esters, or biodiesel.  The transesterification reaction requires 
methanol (or an alternative alcohol) and a catalyst, producing biodiesel and glycerine.  The heating 
value of biodiesel is 41 MJ kg-1, compared to the 42.7 MJ kg-1 of petroleum diesel  (Demirbas and 
Demirbas, 2010).   
 
Algal biodiesel is considered a third generation biofuel, which has several advantages over first and 
second generation energy products.  First generation biofuels are those produced from sugar, 
starch, vegetable oils and animal fats and thus rely on agricultural land and are often in direct 
competition with food sources.  Second generation biofuels are those produced from non-food 
crops and agricultural waste.  Their oil content is lower than in microalgae, availability of waste is 
limited, and crops require more land per unit of oil production compared to microalgae.  Waste oil 
can be used to make biodiesel, but this is severely limited by available quantities (Demirbas and 
Demirbas, 2010).   




Algae contain more lipids than crop sources, have much faster growth rates, can be cultivated on 
smaller areas of land, including marginal land, and do not impact food supplies or other agricultural 
products (Chisti, 2008a; Demirbas and Demirbas, 2010; Tredici, 2010).  The areal yield of algal oil is 
estimated to be between 4.7 and 14 L m-2 year-1 (Sheehan et al., 1998), compared to 0.54 (palm oil) 
(Mata et al., 2010), 0.19 (Jatropha), 0.12 (Rapeseed), 0.09 (sunflower) and 0.04 (soy) L m-2 year-1 
(Sazdanoff, 2006).  The higher photoconversion efficiency of algae compared to plants means that 
algal biodiesel productivities are superior to those of terrestrial sources (Chisti, 2008b, 2007a).  
Algae can be grown in water that is not suitable for human consumption, and many algal species can 
be grown in salt water (Lehr and Posten, 2009; Mata et al., 2010; Tredici, 2010).  Algae can also be 
used for the production of a variety of co-products which improves the economics and sustainability 
of an algal biodiesel process plant (Mata et al., 2010; Richardson, 2011). 
 
Microalgal biodiesel has the potential to form part of the future energy landscape.   It must first be 
assessed for feasibility and must be cost competitive with petroleum diesel and other biofuels.  Two 
areas of concern for the feasibility of microalgal biodiesel are the supply of CO2 and the process 
energy demand.  Other major challenges include areal productivity, nutrient cost (phosphorous and 
nitrogen), water usage and biodiesel quality (dependent on fatty acid profile) (Louw et al., 2016). 
 
Supplementary CO2 for algal cultures is essential for commercial scale productivities.  However, pure 
CO2 can cost as much as 40 US$ per ton, contributing between 3 and 10% of overall running costs of 
algal production (Nagarajan et al., 2012; Richardson et al., 2014).  Many studies consider industrial 
waste, such as flue gas, as a cheaper source of concentrated CO2 (up to 20%) for algal cultivation 
(Brennan and Owende, 2010).  The use of CO2 emissions in algal culture may earn carbon credit.  
However, the drawbacks of using CO2 from flue gases include location limitations, presence of 
potentially growth-limiting nitrogen and sulphur oxides, and limited industrial CO2 point sources 
(Chisti, 2013; Pate et al., 2011).  In light of these limitations, efficient mass transfer of the supplied 
CO2 to the algal cells becomes vital to reduce CO2 losses.  However, even with effective mass 
transfer, the production of biodiesel from algae will be limited by CO2 supply.  
 
The availability of CO2 from point sources seems to be a serious constraint and will limit the amount 
of fossil fuel replaced by algal biodiesel.  As we aim to increase production of energy from renewable 
sources, CO2 point sources such as coal burning power stations will decrease, further limiting CO2 




availability (Chisti, 2013).  On the other hand, flue gas will become available from increasing 
numbers of other sources such as anaerobic digesters and bio-ethanol production plants (Takeshita, 
2011).  In an evaluation by Takeshita (2011), if all potential point sources of CO2 are considered, the 
ratio of CO2 required for algal biodiesel to available CO2 emissions will be between 18.4 and 52.9 % 
in 2100, at biodiesel production accounting for 8 to 11 % of the global liquid fuel demand.  Based on 
this information, algal biodiesel cannot replace all fossil based liquid fuels but can fill a niche market, 
such as aviation fuel, for which it is well suited.  Aviation fuel consumption in the US in 2008 
accounted for about 8% of the total liquid fuel consumption (Pate et al., 2011).  Using conservative 
estimates of CO2 availability at point sources from (Pate et al., 2011), 40 million litres of biodiesel can 
be produced from algae per year.  This accounts for 2 – 3% of total liquid fuels but 45% of the 
aviation fuel demand.  Algal biodiesel are superior to first generation biofuels for aviation fuel due to 
their high energy density and low freezing points (Brennan and Owende, 2010) .   
 
Energy usage is another essential consideration for the feasible production of an energy product 
such as algal biodiesel.  The energy used to cultivate algae and produce the biodiesel must be 
significantly lower than the energy that can be harnessed from the resulting biodiesel.  If fossil fuel 
energy is used in the process, the environmental impacts of this must be weighed against the 
benefits of the resulting algal biodiesel.  The cost of algal biodiesel will also be significantly affected 
by the energy input requirement for its production.   
 
Following review of studies on algal biodiesel sustainability, major contributing factors to energy 
intensity were shown to include PBR, nutrient source, dewatering and biomass drying, and lipid 
extraction (Lam and Lee, 2012).  Of these, the most energy intensive are the algal cultivation (for 
pumping, circulating and aerating) and biomass drying stages (Harun et al., 2010; Richardson, 2011; 
Slade and Bauen, 2013; Stephenson et al., 2010).  Biomass drying can be avoided by choosing 
appropriate downstream processing methods (Griffiths et al., 2010; Lam and Lee, 2012), leaving 
energy intensity of algal cultivation as a problem yet to be solved.   
 
Many studies have assessed the Net Energy Ratios (NERs) of algal production processes. NER is the 
ratio of the energy output to the energy input.  Several of these studies indicate that raceway ponds 
have substantially lower energy requirements than tubular PBRs, the latter having a NER above 1 
(more energy is being used to produce the algae than can be harvested from the biodiesel) (Lam and 




Lee, 2012; Rawat et al., 2013; Slade and Bauen, 2013; Stephenson et al., 2010).  Algal cultivation for 
energy products is not feasible unless the NER can be reduced.  This may be possible by reducing the 
energy for mixing and CO2 mass transfer in PBRs, while ensuring productivities that support a high 
NER.   
 
1.6 Environmental impacts and Life Cycle Analysis 
 
Development of bioprocesses has various social, economic and environmental impacts.  In addition 
to assessing the feasibility and economics of a potential or existing process or product, there is a 
need to assess its environmental impacts and sustainability.  Sustainable development has become a 
widely used term and will increasingly be considered in industrial, economic and political decisions 
(Gavrilescu and Chisti, 2005).  It is understood that sustainable development aims to meet present 
needs without compromising the needs of future generations and to reconcile the economy, society 
and the environment (the three pillars of sustainability).  One concept of sustainability states that 
sustainable development is only possible if the economy and society are viewed as entities within 
the carrying capacity of the supporting environments (Adams, 2006; Ott, 2003).  If the three pillars of 
sustainability are considered separately then it becomes easy for economic and social sustainability 
to be more highly weighted than the environment, and it is important to remember that the 
“bottom line of sustainability is that the biosphere is limited” (Adams, 2006).  Gavrilescu and Chisti 
(2005) explain that a challenge in the field of sustainability is to change the mind-set that prosperity 
is always at the cost of environmental degradation.  With innovation and rigorous assessment it is 
possible that technological, economic and social development can continue within the bounds of our 
environmental constraints.   
 
Life Cycle Analysis (LCA) is the most widely used and accepted method for assessing the 
environmental burdens associated with a product, process or service (Chen and Patel, 2012; Clarens 
et al., 2010; Harding et al., 2008; Lardon et al., 2009; Richardson, 2011; Stephenson et al., 2010).  It 
includes a complete inventory of material and energy flows, and the environmental impact of these 
through impact categories.  An advantage of LCA is that it includes the entire life cycle from raw 
materials to product, including the processing of waste and product disposal.  LCA has been 
standardised by the International Standards Organisation (ISO) in the ISO-14040 series (International 
Standards Organisation, 2006).  In the context of sustainability, LCA is usually associated with 




assessment of environmental impacts only. For assessment of economic and social considerations 
Life Cycle Cost Analysis (LCCA) and Social LCA (SLCA) are used (Campbell et al., 2011; Čuček et al., 
2012; Jørgensen et al., 2007; Nguyen et al., 2008).   Energy balancing, including measurement of 
NERs, is also a commonly used method for assessing sustainability.  This method can form part of an 
LCA, or can be used without the completion of a detailed LCA.  Energy balancing is a particularly 
useful tool for assessing the feasibility of energy products, such as biofuels (Jorquera et al., 2010; 
Ruggeri et al., 2010; Stephenson et al., 2010).   
 
Risk Assessment, Environmental Impact Assessment, Environmental Auditing, Ecological Footprint, 
Environmental Sustainability Index, Product Material Flow Analysis, Process Energy Analysis  and 
Design for Environment are other methods used in sustainability assessments (Čuček et al., 2012; 
Finnveden, 2000; Hertwich et al., 1997; Ness et al., 2007).  Čuček et al. (2012) review indices relating 
to environmental, social and economic footprints, including definitions and methods for measuring 
carbon footprint and energy footprint.  In an extensive review of sustainability assessment methods 
Singh et al. (2009) categorises indices across a wide range applications, including product-based 
sustainability indices and environmental indices used in industry (often used in LCAs).   
Environmental assessment using LCA is recognised as the most suitable for product-based 
assessments, such as assessments for biofuels and bioproducts (Ness et al., 2007; Singh et al., 2009).  
Additionally, the methodology and indices used in LCA have been clearly defined, and there is a wide 
literature base of LCAs from which comparisons can be drawn (Chen and Patel, 2012; International 
Standards Organisation, 2006; Richardson, 2011; Ruggeri et al., 2010).   
 
Despite the advantages of LCA and its appropriateness for assessing the environmental impacts of a 
bioprocess, there are a number of limitations to the method.  For example, LCA does not usually 
include the number of products used in society, rather describes environmental impacts based on a 
given quantity (the functional unit) (Finnveden, 2000). Also, there is often a lack of reproducibility 
and disagreement between LCAs of comparative products, due to the complexity of an LCA.  
Differences in the choice of functional unit, scope of impacts, inventory collation, methodology and 
other factors affect the LCA results ad comparability (Bicalho et al., 2012; Finnveden, 2000; Reap et 
al., 2008).  Also, LCAs are generally based on simulated models, with uncertainty when translated 
into real world scenarios (Finnveden, 2000; Guldbrandsson and Bergmark, 2012).  However, to 
assess the sustainability of a product, it is usually necessary to consider its entire life-cycle, and so 




LCA is an essential tool (Finnveden, 2000).  Additionally, with the availability of comprehensive 
databases that improve regularly, LCAs provide inclusive descriptions of environmental burdens that 
can be globally appropriate or region-specific.  Although LCAs do not always provide the type of 
comparable data from which decisions can be directly made, they are most useful for highlighting 
aspects or areas in a production process that require attention in terms of sustainability and 
possibilities for reduced burdens (Finnveden, 2000).  Efforts continue to improve the applicability 
and reproducibility of LCAs by standardising methods and structuring definitions for functional units 
and scope (Cluzel et al., 2013; Guldbrandsson and Bergmark, 2012). 
 
The LCAs performed on algal bioprocesses to date are predominantly for algal biodiesel.  Although 
microalgae and algal lipids are used for a variety of commercial applications, the significance of 
finding a sustainable energy source drives the demand for life cycle analyses for algal biodiesel.  A 
review of algal biodiesel LCAs is presented in Chapter 7.1.   
 
Greenhouse gas emissions, global warming potential and abiotic (fossil-based) depletion are 
important and frequently documented categories in life cycle analyses on algal biodiesel (Azadi et 
al., 2014; Campbell et al., 2011; Sander and Murthy, 2010; Stephenson et al., 2010).  They are strong 
indicators for the feasibility of replacing fossil derived fuel with algal fuel, and the environmental 
impacts of algal fuel in comparison to other biofuels.  For example, the energy used for algal 
production will contribute to abiotic depletion and greenhouse gas emissions, depending on the 
source of energy.  In South Africa, most electricity comes from coal-fired power stations, having 
considerable greenhouse gas emissions.  It is important for the burdens associated with electricity 
consumption for algal biodiesel production to be outweighed by the reduced emissions when the 
biodiesel replaces liquid fossil fuel.   
 
The nutrients required for algal cultivation, particularly nitrogen and phosphorous, also play a major 
role in the burdens associated with biodiesel production.  In several LCAs nitrogen and phosphorous 
inputs have been reported to have significant effects on the global  warming potential and abiotic 
depletion (Azadi et al., 2014; Collet et al., 2014; Lardon et al., 2009; Stephenson et al., 2010; Yang et 
al., 2011).  This is due the large quantities of these fertilizers that must be produced and transported 
to the algal cultivation facility.  In addition to the energy-associated burdens with these nutrients, 
their release affects the surrounding environment.  Eutrophication and acidification potentials are 




impact categories commonly discussed in LCAs of biodiesel (Clarens et al., 2010; Resurreccion et al., 
2012).  Eutrophication occurs when nitrogen or phosphate based fertilizers are released into the 
environment, changing the natural concentrations of nutrients in surrounding rivers and lakes which 
threatens the ecosystems.  Acidification occurs when sulphur and nitrogen oxides (air pollutants) 
transform into their respective acids, lowering the pH of rainwater and causing damage to soil, 
aquatic ecosystems and to buildings.    
 
Another major concern regarding large-scale algal cultivation is the water footprint.  Large volumes 
of water are required to fill the PBRs and to replenish after evaporation.  Fresh water has become a 
scarce commodity, and overuse has serious environmental and social sustainability issues.  Inclusion 
of a water footprint analysis in biodiesel LCAs is less common than energy and nutrient-related 
burdens, because reports usually opt for a salt-water or wastewater usage which reduces the water 
requirement by as much as 90% (Clarens et al., 2010; Subhadra and Edwards, 2011; Yang et al., 
2011).  Also, for a bioenergy product, the LCAs usually focus on energy balances and global warming 
impacts to motivate for the feasibility of the bioenergy product. 
 
1.7 Areas highlighted for further study 
 
Review of the literature, as discussed in the sections above, revealed that although microalgae have 
potential as sources of bioproducts, there are key areas in algal bioprocessing where further 
improvement is required.  The key issues highlighted for the context of this work are as follows:   
1. Cultivation of microalgae accounts for a significant portion of the environmental burdens of 
microalgal bioprocesses. 
2. Photobioreactors have significant power requirements for mixing and mass transfer which 
lead to high running cost and environmental burdens. 
3. Sparging is a commonly used, but energy intensive method for mixing and mass transfer. 
4. In algal biodiesel production the energy input for algal cultivation is currently one of the 
factors limiting its feasibility and reducing its NER. 
5. Substantial energy consumption leads to increased fossil fuel requirement, global warming 
impact and cost of a bioprocess.   
 




The issues listed above formed the basis and reasoning behind this work, from which the aims 
and objectives, key questions and hypotheses were formulated.  In light of these areas 
highlighted by the literature review, it follows that further innovation for improving mixing and 
mass transfer efficiency in algal cultivation systems would benefit the feasibility of large-scale 
algal bioprocesses.  In this work we propose the use of surface aeration as an alternative to 
sparging in PBRs with the aim of reducing the power requirements associated with compressed 
gas, and improving mixing and mass transfer rates.  A wave bioreactor (WR) and an oscillatory 
baffled reactor (OBR), described in Chapter 2.3, were chosen as surface aerated reactors, novel 
to algal cultivation.  These were compared with a conventional airlift bioreactor (ALR).  We 
investigated these PBRs for cultivation of Scenedesmus sp., a high lipid producing species of 
freshwater microalgae.  Lipids can be used for a range of products including biodiesel, as 
discussed in Section 1.5.1, and so lipid production was monitored in addition to algal growth.  
Reductions in the power requirements associated with mixing and mass transfer were 
incorporated into a simulated biodiesel production process as an example of improvements that 
can be made toward sustainable algal bioprocesses.   
 
1.8 Aims and objectives 
 
The following aims and objectives have been addressed through the study: 
1. This work aimed to identify surface aerated PBRs that can produce mass transfer coefficients 
(   ) and mixing times (  ) equivalent to sparged reactors at lower power requirements.  
This aim was accomplished by completing the following objectives: 
a. Investigating the relationship between power input,    and     in airlift reactors 
(ALR) as the base case, at different aeration rates. 
b.  Comparing this to the same parameters in wave (WR) and oscillatory baffled (OBR) 









2. A second aim was to define the     at which algal growth and productivity becomes limited, 
so as not to spend excess energy on mixing and aeration.  This aim was accomplished by 
completing the following objectives:  
a. Cultivating Scenedesmus sp. in each PBR (ALR, OBR and WR) at varying     and     
b. Comparing biomass and lipid productivities across the PBRs at given     and     
c. Calculating energy efficiency (biomass and lipid productivity per unit power) and Net 
Energy Ratios (NER) for biomass and lipid production in each PBR. 
 
 
3. The third aim was to conduct a life cycle analysis of an algal biodiesel production process, 
substituting the airlift and wave PBRs in the cultivation stage of the process, in order to 
address process feasibility and key operations for improved feasibility.  This aim was carried 
out by completing the following objectives:  
a. Incorporation of the ALR and WR in a simulated algal biodiesel flow-sheet model. 
b. Identification of areas with the highest environmental burdens, particularly with 
those associated with energy demand. 
c. Comparison of environmental impacts when changes to the reactor stage of the 




Three hypotheses are put forward to address the above aims and objectives: 
1. Surface aeration in the wave and oscillatory baffled photobioreactors results in mass 
transfer that supports algal growth at lower energy consumption than conventional sparging 
(airlift photobioreactor). 
2. A critical minimum power input for mixing and mass transfer exists below which algal 
growth and lipid productivity is significantly reduced and above which completing limitations 
may control productivity. 
3. Reduced energy consumption for mixing and mass transfer in algal photobioreactors leads to 
reduced environmental burdens in an algal biodiesel production process. 
 




1.10 Key Questions 
 
 What are the power input,      and    ranges of a sparged bioreactor (ALR), and two 
surface aerated bioreactors (OBR and WR)? 
 What are the lower limits of     and    for acceptable biomass and lipid productivities in 
each PBR (ALR, OBR and WR)?  
 What mixing and aeration rates are required for comparable    ,    and productivities 
(biomass and lipid) in each PBR? 
 How do the power input,     and    compare across the sparged (ALR) and surface aerated 
(OBR and WR) bioreactors? 
 How do energy efficiency (productivity per unit power) and net energy ratios (for biomass 
and lipid) compare across the sparged (ALR) and surface aerated (OBR and WR) bioreactors? 
 Do the novel strategies for mixing and mass transfer in algal PBRs translate to altered 
environmental burdens of a simulated bioprocess? 
 
1.11 Thesis overview 
 
In answering the key questions stated above, the materials and methods presented in Chapter 2 
were used.  This chapter describes methods common to all sections of this thesis.  Section-specific 
methods are described in their corresponding chapters. 
In addressing the aims and objectives of this work, the results were divided into five sections.   The 
first results are presented in Chapters 3, 4 and 5, in which investigations of the ALR, OBR and WR, 
respectively, are described.  The aim in these chapters was to find the mixing and mass transfer rates 
with the highest energy efficiency with respect to algal productivity in each biroeactor.  These 
chapters include design and optimisation of the three PBRs for algal cultivation and lipid production.  
In Chapter 6 the mixing, mass transfer, power input, biomass and lipid productivity are compared 
across the three PBRs operated under the most appropriate conditions determined in Chapters 3 to 
5.  This chapter also investigates the differences in net energy ratios across the three reactors and 
the implications of this for algal bioprocesses. 
Chapter 7 describes a simulated algal biodiesel production process and life cycle analysis of the 
process.  The environmental burdens for three scenarios are compared, where the bioreactor stage 




of the simulated process is altered: ALR at high gas velocity at 2 bar inlet gas pressure, ALR at 
optimised gas velocity and 2 bar inlet pressure, and WR at optimised agitation rate.  
Finally, in Chapter 8, the hypotheses of the work are examined in light of the results presented and 
the final conclusions and future recommendations are made.   








This chapter describes the microorganisms, media, culture conditions, reactor design, analytical 
methods and calculations used in this research.  Further details on specific experiments are 
described in the subsequent chapters.   
 
2.2 Microalgae cultivation and maintenance 
 
A species of Scenedesmus was isolated from Upington, South Africa.  Long-term stock cultures were 
maintained in 200 mL glass bottles, grown in 3N Bold’s Basal Medium (BBM) (Bold, 1949), sparged 
with filtered (0.45 µm syringe filter, Membrane Solutions) air and illuminated by two cool white 
18 W fluorescent bulbs (120 µmol m-2 s-1) (Osram).     
 
Short-term stock cultures were prepared by inoculating the long-term stock culture into 500 mL 3N 
BBM growth media in glass bottles to an optical density at 750 nm of 0.1 (OD 750 = 0.1). These were 
maintained in the same way as the long-term stock culture for a period of 7 to 10 days before 
inoculation into PBRs. 
 
An adapted BBM, containing 150 mg L-1 NO3 for increased lipid content, was used for cultivation in 
PBRs, based on results from nitrate optimisation in Chapter 3.3.1.  Scenedesmus sp. from 500 mL 
stock cultures was inoculated into PBRs to an OD of 0.1 at 750 nm (approximately 0.05 g L-1).   
 
The 3N BBM medium was composed of the nutrients listed in Table 2.1.   
 
 




Table 2.1  Composition of 3N BBM medium for algal cultivation, where 6 mL L-1 of PIV metal solution 
was added, which was composed of the metals in the lower section of the table.   















2.3 Reactor design and operation 
 
2.3.1 Airlift photobioreactor 
Airlift photobioreactors (ALR) (Figure 2.1 and Figure 2.2) consisted of a glass cylinder (600 mm 
height; 100 mm external diameter), with a working volume of 3.2 L, containing an inner glass column 
or draft tube (475 mm height; 50 mm external diameter) to separate the riser (inner tube) and 
downcomer regions (outer annulus) (Langley et al., 2012).  Airlifts were sparged with CO2 enriched 
air through a 2 µm stainless steel HPLC inlet filter at the base of the draft tube.  Desired flowrates of 
air and CO2 were controlled by a Brookes 5850S Thermal Mass Flow Controller and the two gas 
streams sent through an inline mixer and fed at a desired flowrate to the ALRs.  Constant light was 
provided using cool white 18 W fluorescent bulbs (Osram) placed behind each airlift column (Section 
2.3.4).  All reactors and media were sterilized by autoclaving prior to use.  Approximately 100 mL of 
sterile, distilled water was added daily to replace that lost by evaporation.  To reduce foaming, 20 µL 
of antifoam (Merck) was added.     

















Figure 2.2  Diagram of airlift photobioreactor (Langley, 2010). 




2.3.2 Oscillatory baffled photobioreactor 
An oscillatory baffled PBR (OBR) was designed based on previously described oscillatory baffled and 
oscillatory flow columns (Ni et al., 1998; Stonestreet and Harvey, 2002), and adapted for unsparged 
algal cultivation.  The OBR consisted of a 600 mm glass column, 100 mm in diameter and with 5 mm 
thick walls, supported by three steel rods and a square plate at each end of the column (Figure 2.3 
and Figure 2.4).  The horizontal column was attached to a 0.18 kW 380 V 4P B14 VF44A/V motor 
with a gear ratio of 46:1 (Bonfiglioli South Africa (Pty) Ltd).   A piston connected the motor to baffles 
located inside the glass column.  The rotation of the motor caused the piston to move the baffles 
back and forth inside the column.  A 0.18 kW 220 V inverter (Bonfiglioli South Africa (Pty) Ltd) 
allowed variation in the motor speed, and thus the oscillating frequency.  The working volume of the 
reactor was 2 L, so that the liquid height (45 mm) was just above half of the reactor diameter, 
leaving a headspace of gas in the upper portion of the column.   
The following three baffle configurations were tested, results presented in Chapter 4: 
1. Donut baffles:  four donut baffles, 90 mm in diameter, with a 30 mm baffle free area, made from 
3 mm thick Teflon, and spaced 140 mm apart. 
2. Half-moon baffles:  six half-moon baffles, 90 mm in diameter, 45 mm height, made from 7 mm 
thick polypropylene, and spaced 78 mm apart. 
3. Perforated half-moon:  six half-moon baffles as above, four of which contain 9 holes, 10 mm in 
diameter and spaced 10 mm apart.  The two outer baffles contained no holes.  
Air enriched with 1% CO2 filled the headspace and was continuously replenished at 0.2 L min
-1. 
Flowrates of air and CO2 were controlled by a Brookes 5850S Thermal Mass Flow Controller and the 
two gas streams sent through an inline mixer before reaching the gas inlet port.  A gas outlet was 
left open to allow replacement of the gas headspace.  Constant light was provided using three cool 
white 18 W fluorescent bulbs (Osram) placed above the column (Section 2.3.4).   The reactor was 
sterilized prior to use by washing with 20 ppm chlorine dioxide followed by sterile, distilled water.   
 







Figure 2.3  Photographs of the oscillatory baffled photobioreactor with (A) motor and inverter, (B) 
fluorescent lights and (C) three baffle types:  donut, half-moon and perforated half-moon (from left 
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Figure 2.4 Diagram of oscillatory baffled photobioreactor.   




2.3.3 Wave photobioreactor 
The wave photobioreactor (WR) consisted of a WAVE Bioreactor® 20/50 (GE Healthcare) with a 10 L 
CellBag® (part no. CB0010L10-13).  This unit consists of a rocking platform supported by a base unit 
(Figure 2.5 and Figure 2.6).  The EVA/LDPE (ethylene-vinylacetate and low density polyethylene 
copolymers) cellbag, placed on top of the rocking platform, contained gas inlet and outlet, sampling, 
inoculation and probe ports.  The cellbag (liquid working volume 2 L) was inflated with 1% CO2 
enriched air; the headspace was continuously replenished at 0.2 L min-1.  Flowrates of air and CO2 
were controlled by a Brookes 5850S Thermal Mass Flow Controller and the two gas streams were 
sent through an inline mixer before reaching the gas inlet port.  A gas outlet was open to the 
atmosphere. The rocking speed and rocking angle were adjusted according to the experimental 
requirements, in the ranges 10 to 40 rpm and 2 to 10 degrees, respectively.  A bank of lights was 
built above the wave PBR consisting of eight cool white 18 W fluorescent bulbs (Osram) to provide 
constant light (Section 2.3.4).  The reactor was sterilized prior to use by washing with 20 ppm 
chlorine dioxide followed by sterile, distilled water.   
 
 
















Figure 2.6  Photographs of the wave photobioreactor housed in the frame supporting the 
fluorescent lights.   
 
2.3.4 Light provision 
In order to compare the effects of mixing and mass transfer on algal cultivation and lipid production 
across the three PBRs, it was necessary to provide equivalent light to each.  The light intensity to 
each PBR was measured at a number of points in a grid across the area of each reactor using a light 
meter (LI-250 photometer, Li-Cor, USA).  The values at each point in the grid were averaged to give 
the average light intensity reaching the reactor.  The readings were taken close to the light source 
A 
B 




and at the surface of the reactor furthest from the light sources (i.e. through the airlift or oscillatory 
glass column, or underneath the wave cellbag).   
 
For the ALRs, light was provided at 200 – 300 µmol m-2 s-1 at the reactor surface closest to the lights, 
resulting in 180 µmol m-2 s-1 measured at the central region of the reactor surface furthest from the 
lights (through the glass column).  At the top and bottom ends of the ALRs the light intensity from 
the fluorescent bulbs was lower (98 - 100 µmol m-2 s-1).  This resulted in an average light intensity 
across the height of the ALRs of 148 µmol m-2 s-1 (Table 2.2).  The averaged light intensities of the 
OBR and WR at the surface furthest from the light source are also shown in Table 2.2.   
 
The total amount of light reaching each PBR was then calculated based on the surface area of the 
reactor exposed to light (not taking into account the light deflected due to the curve of the reactor 
surface).  The surface area of the ALR and OBR reactors were the same, and so at equal light 
intensity (148 – 150 µmol m-2 s-1), these reactors received the same amount of total light.  A section 
of the wave cellbag was covered with tinfoil to reduce the surface area exposed to light so that the 
total light matched that of the ALR and OBR reactors.  For the ALR and WR a second set of 
fluorescent bulbs were available for studies at double the light intensity.  
 
Table 2.2  Light provision to PBR under various configurations, based on light intensity reaching the 
reactor contents, the surface area of the reactor exposed to light and the reactor working volume.   
Reactor 
Surface Area  
(m2) 
Sets of lights 
switched on 
Light intensity 
(µmoles m-2 s-1) 
Total light 
(µmoles s-1) 
ALR 0.060 1 148 9 
ALR 0.060 2 300 18 
OBR 0.060 1 150 9 
WR 0.166 1 79 13 
WR 0.166 2 162 26 
WR (partially 
covered) 
0.113 1 79 9 
WR (partially 
covered) 
0.113 2 162 18 




2.4 Analytical methods 
 
2.4.1 Mixing 
Mixing times in each PBR were measured using the phenolphthalein and conductivity methods for 
visualisation of fluid flow and accurate measurement of circulation time, respectively. 
The phenolphthalein method involved adding 2 mL of Phenolphthalein Indicator Solution (Merck) to 
the working volume (distilled water) of each reactor, followed by 1 mL of 1 M NaOH which coloured 
the liquid bright pink.  On the addition of 1 mL of 1M HCl, the time taken for the pink colour to 
disappear was measured and the mixing pattern recorded to video. This was repeated at a range of 
agitation rates in each reactor: 0.02 to 0.2 m s-1 gas velocity (ALR); 0.1 to 0.7 Hz oscillating frequency 
(OBR); 10 to 40 rpm rocking rate (WR). 
The conductivity method involved filling each reactor to its working volume with distilled water and 
adding 1 mL of a 5 M NaCl tracer.  A conductivity probe connected to an AZ 86555 bench-top multi-
meter (AZ Instruments) was used to measure the change after addition of the tracer.  Conductivity 
was logged to computer using data logging software (HandHeld Version 3.00).  The time taken to 
reach 95% homogeneity was calculated as follows: 
   






where   is homogeneity,    is the instantaneous tracer concentration and    is the final tracer 
concentration (Merchuk et al., 1998). The response time of the conductivity probe was measured by 
moving the probe from a beaker of distilled water to a beaker of 0.125 M NaCl.  An average response 
time of 3.3 seconds was recorded.  
 
2.4.2 Mass transfer coefficient (       
) 
The gassing-in method was used to measure the O2 mass transfer coefficient,      .  Dissolved 
oxygen was displaced by introducing nitrogen into the reactor.  The air input was then switched on.  
A dissolved oxygen monitor and optical oxygen measurement probe were used to measure the 
increase in dissolved oxygen at 5 s time intervals (ALR:  M300, Mettler Toledo, response time 15 s; 
OBR and WR: DOOPT20, GE Healthcare, response time 3.4 ± 1 s).  The gassing-in method is used to 
calculate      according to Equation (2.2): 
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(2.2) 
where    is the saturation concentration of dissolved oxygen and    is the oxygen concentration at 
time   (Chisti, 2007b).  However, this equation does not take into the account the delay caused by 
the probe response time.   
The response time of the oxygen probe was measured by moving the probe from oxygen saturated 
to oxygen deplete solutions (Mueller et al., 1967).  The response time was the time taken to reach 
63% of the final value, and must be less than 
 
   
 for accurate measurements.  The response time 
was modelled as first order according to Equation (2.3): 
 
   
  
 




where    is the concentration displayed on the DO meter,    is the actual concentration of oxygen 
in the liquid phase and    is the response time of the probe.   Solving Equation (2.3) and substituting 
the expression for    into Equation (2.2) gives Equation (2.4), which accounts for the delay in the DO 
probe response and gives more accurate values for kLa (Garcia-Ochoa and Gomez, 2009; Gupta and 
Rao, 2003). 
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The kLa measured for oxygen was converted to the kLa for carbon dioxide (      ) using the relative 
diffusivities of these gases and Equation (2.5) (Molina Grima et al., 1999; Rubio et al., 1999; Talbot et 
al., 1991):  
              [
    
   
]
   
 
(2.5) 
where the diffusivity for oxygen (   ) and carbon dioxide (    ) (Talbot et al., 1991) were taken to 










2.4.3 CO2 transfer rate 
The carbon dioxide transfer rate (   ) can be described by Equation (2.6): 
     
     
  
         (               ) 
(2.6) 
where        is the residual dissolved CO2 in the bulk liquid and          is the saturation solubility of 
CO2 at a given partial pressure, temperature and ionic strength of the growth media.           was 
calculated for each CO2 partial pressure used in these studies by thermodynamic modelling using 
Visual MINTEQ software version 3.0, developed by Gustafsson (2012).  The     was then calculated 
using the         (Section 2.4.2).  In this work we calculated the maximum     obtainable when the 
CO2 is completely depleted from solution and so the        term was excluded.   
 
2.4.4 Carbon uptake 
The amount of carbon fixed into saponifiable lipid was calculated using Equation (2.7): 
                  (2.7) 
where         is the number of moles of carbon used to produce saponifiable lipids in a given 
experiment,   is the number of moles of lipid produced, and        is the average number of moles 
of carbon in a mole of lipid.  Values for        were estimated based on the fatty acid profile of 
Scenedesmus sp. cultivated under nitrogen limitation, yielding 46.2% oleic acid (C18:1), 24.3% 
palmitic acid (C16:0) and 15.9% linoleic acid (C18:2) (Griffiths et al., 2012).  Saponifiable lipids are 
those that can be hydrolysed under basic conditions and were thus detected using the method 
described in Section 2.4.7 
 
2.4.5 CO2 supply rate 
The CO2 supply rate (   ) was calculated according to Equation (2.8): 
             (2.8) 
where     is the rate at which CO2 is supplied to the reactor, given as the superficial CO2 velocity in 
m s-1,    is the superficial gas velocity of the inlet gas (calculated according to Section 3.2.2 for the 
ALR), and      is the percentage CO2 in the inlet gas.      is thus the velocity per cross-sectional 
area of the PBR in m2. 
 
 




2.4.6 Biomass concentration 
Biomass concentration of the starter cultures was measured by optical density at 750 nm (Griffiths, 
2011) using a Helios α spectrophotometer (Thermo Scientific).  Samples were diluted to an OD below 
0.1, to fall within the linear range of measurement.   
 
The biomass concentration in the PBRs was quantified throughout the growth cycle by measuring 
the dry weight.  Samples (5 – 20 mL) were filtered through pre-weighed 0.45 µm cellulose nitrate 
filters (Sartorius Stedim) and dried at 80°C for 48 hours before being weighed.   
 
2.4.7 Lipid concentration 
In this work the total lipid content was measured as the total fatty acid content by the direct 
transesterification method followed by gas chromatography (Griffiths et al., 2010).  This method 
gives a reasonable indication of the lipid production by Scenesdmus sp., and is particularly relevant 
for biodiesel production as biodiesel is produced from fatty acids.   
 
Throughout the growth curve, 15 mL microalgal culture samples were taken for lipid analysis.  These 
samples were centrifuged at 1520 g for 10 minutes (U320 Centrifuge, BOECO, Germany), and the 
supernatant discarded.  The cellular pellets were stored at -20°C until analysis.  Transesterification 
required the addition of 500 µL of toluene to defrosted cellular pellets, followed by 0.1 mg of 
glyceryl triheptadecanoate internal standard (C17-TAG; Sigma), and 1 mL of 0.5 M NaOH (basic 
catalyst) in methanol (alkylating agent).  This solution was mixed by vortexing and incubated at 80 C 
for 20 minutes in a shaking incubator (300 rpm).  Samples were cooled for 5 minutes at room 
temperature before addition of 1 mL of 5% HCl (acid catalyst) in methanol and a second incubation 
as before.  After cooling to room temperature, the transesterification reaction was stopped by 
adding 400 µL of water.  Finally, 400 µL hexane and 0.1 mg methyl nonadecanoate internal standard 
(C19-ME; Fluka analytical) were added and mixed by vortexing.  Tubes were centrifuged at 1520 g 
for 1 minute to separate the hexane-toluene layer containing the fatty acid methyl esters (FAME) 
which were then transferred to GC viles for analysis.   
 
A Varian 3900 GC equipped with a flame ionisation detector and ZB-WAXplus column (30 m (length) 
x 0.25 mm (ID) x 0.25 µm (df, film thickness); Zebron, South Africa) was used to analyse the FAME 




samples.  Standard split/splitless injection was used with a split of 90% and an injector temperature 
of 270°C.  The column temperature was increased from 180 to 250°C at 2°C min-1.  Nitrogen (25 mL 
min-1) was used as the carrier gas and the detector temperature was 260°C.  Supelco 37 Component 
FAME and C14:0 to C22:0 FAME standard mixtures were used to identify chromatogram peaks.  The 
sum of the areas of chromatogram peaks was used to quantify the total fatty acid concentration.   
 
2.5 Power input 
 
2.5.1 Calculations for the airlift reactor 
Two methods for calculating the power input to the ALRs, and other sparged reactors, are discussed 
in Chapter 6.3.1: the ‘minimum aeration power’ and ‘total aeration power’.  The approach to these 
calculations is specified here. 
 
2.5.1.1 Minimum Aeration Power 
The power input to pneumatically-agitated (sparged) reactors, like the ALR, originates from the 
isothermal expansion of gas as it moves up the reactor and the kinetic energy of the gas injected into 
the reactor.  According to Chisti (1989), the kinetic energy does not contribute more than 1.5% of 
the total power input in airlift reactors and so can be ignored.  By considering the isothermal 











where    is the power for aeration (W),    is the liquid volume (m
3),    is the liquid density (kg m
-3), 
  is the gravitational acceleration (m s-2),    is the superficial gas velocity (m s
-1),    is the cross-
sectional area of the downcomer (m2), and    is the cross-sectional area of the riser (m
2) (Chisti, 
1989).   
This equation describes the power to compress gas to the pressure at which it leaves the sparger, 
beneath the head of liquid at the bottom of the ALR.  It does not take into account the pressure of 
the gas entering the sparger from the pipe by which it is delivered to the ALR.   
 




2.5.1.2 Total Aeration Power 
Using isothermal expansion of gas and taking into account the inlet pressure of gas in the pipe, as it 
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)    
(2.10) 
where    is the power for aeration (W),    is the liquid volume (m
3),    and   are gas pressures at 
atmospheric pressure and at the reactor inlet (Pascals), respectively, and   is the volumetric gas 
flowrate (m3 s-1). 
Equation 2.10 describes the power to compress gas to the pressure at which it enters the reactor, 
and thus represents the total power required to compress gas for sparging.  It gives a realistic value 
for aeration power input.  In the experiments described in this dissertation the inlet gas pressure 
was 2 bar, the pressure at which air is distributed in the laboratory.  In Chapter 6.3.1, the effect of 
the compression pressure on the power requirement is also discussed and compared. 
 
Equation (2.10) was derived using the ideal gas law.  To compress 1 mole of gas, the energy (E) 
required can be calculated using Equation (2.11):   






where R and T are the ideal gas constant (Pa m3 mol-1 K-1) and temperature (K), respectively.  The 
power input for aeration would, therefore, be a function of the molar flowrate (n, mol s-1), according 
to Equation (2.12): 
        
(2.12) 
 
The ideal gas law states that molar flowrate is a function of the volumetric flowrate (F, m3 s-1) and 
the inlet gas pressure, according to Equation (2.13): 
   
    




Substituting n and E (Equations (2.12) and (2.13)) into Equation (2.11), gives Equation (2.10).   
 
 




2.5.2 Calorimetric experiments for the oscillatory baffled and wave reactors 
Power input in the OBR and WR was measured using the calorimetric method according to previous 
studies (Kato et al., 2004; Raval et al., 2007).  Raval et al. (2007) showed that the energy 
consumption measured using the calorimetric method was comparable (to within 30%) of that 
measured by the torque method when investigating the power requirements of shaker vessels. The 
method is used to infer the heat generated in the reactor due to viscous dissipation of mechanical 
energy by measuring the heat flow out of the reactor. According to Raval et al. (2007) the heat 
balance for an agitated vessel with no other heat sources is given by Equation (2.14). : 
 
    
   
  
    (     )    
(2.14) 
where    and    are the temperatures of the fluid inside the vessel and the surrounding air, 
respectively. The rate of change of the total energy of liquid in the vessel (gas-phase energy is 
considered negligible), is given by    
   
  
, while  (     ) denotes the heat loss to the 
surroundings, and   is the heat generated by viscous dissipation.  
The calorimetric method requires measurement of the temperatures    and    over time. Constant 
values for the total heat transfer coefficient   and the heat generation   were guessed, and the 
equation was solved numerically for   ( ) with experimental measurements of   ( ) used as an 
input. The theoretical predictions and experimental measurements of   ( ) were compared, and   
and   were varied until the difference was minimized.  
 
The validity of the calorimetric method was evaluated by measuring the energy consumption in a 
stirred tank reactor, and comparing the measured power to a well-established empirical correlation 
(Abbott et al., 2014; Holland and Chapman, 1966), given by Equation (2.15): 
  
 




   
(2.15) 
where   is the power number specific to the stirrer geometry,   is the liquid density,    and    are 
the stirrer- and vessel- diameter, respectively,   is the liquid level, and   is the rotational velocity in 
revolutions per second. The validation reactor consisted of a 175 cm diameter vessel with 6 cm 
diameter Rushton impellers (power number 5.8). The vessel was filled to a height of 20 cm and the 
impeller operated at a speed of 500 rpm. 
 




To measure energy consumption in the OBR and WR, the reactors were insulated by wrapping in 
sheets of cotton wool wadding.  This decreased the heat transfer coefficient,  , thereby ensuring 
the heat generation  , was the dominant term in Equation (2.15).  Temperature probes were placed 
inside and outside the reactor column (OBR) and cellbag (WR).  A working volume of water (2 L), 
heated to 34°C, was added to the reactors at the start of each experiment.  The temperature inside 
and outside each reactor was logged to a computer from the moment the rocking platform was 
switched on until the water temperature reached steady state.  This was repeated at various mixing 
rates.   
 
2.6 Net Energy Ratio 
 
The Net Energy Ratio (   ) is the fraction of energy that can be harnessed from either the algal 
lipid or the whole cell, based on calorific values, divided by the energy that was consumed to agitate 
and aerate the PBR during the course of cultivation.  The     at each time point during the algal 
growth curves was calculated according to Equation (2.16) and maximum    identified. 
     
    
   
 
(2.16) 
where       is the energy that could be obtained from resulting biomass or lipid (kJ), and     is the 
energy required to agitate the reactors by sparging or mechanical mixing (kJ).   
Values for      were calculated based on the calorific values of the resulting biomass (whole cell) or 
lipid (2.17): 
                (2.17) 
where    is the biomass or lipid concentration (g L
-1),    is the reactor volume (L) and     is the 
calorific value of biomass or lipid (kJg-1).  The calorific values of high-lipid Scenedesmus sp. cultures 
grown at high (10 400 ppm) and low (3 900 ppm) CO2 were measured using bomb calorimetry 
(Appendix B), and the calorific value of lipid was taken from estimates by Lardon et al. (2009).   
Values for     were calculated according to the power used for mixing and aeration (Section 2.5) 
and the cultivation time as follows: 
          (2.18) 
 




2.7 Overview of experimental approach 
 
Chapters 3 to 5 are divided into experimental work performed on each PBR independently (ALR, OBR 
and WR, respectively), followed by a comparison of these reactors in Chapter 6 and finally an LCA, in 
Chapter 7, incorporating the best algal cultivation conditions gleaned from the experimental work.   
 
Algal cultivation in the ALR was carried out at a range of initial nitrate concentrations in the growth 
media (150 – 700 mg L-1 nitrate), to investigate the effects on lipid production.  Experiments across a 
range of superficial gas velocities (0.002 – 0.02 m s-1) and CO2 concentrations (400 – 10 400 ppm) 
were also carried out in the ALR.  Mixing, mass transfer, power input, biomass and lipid 
concentrations were measured during algal cultivation under each set of conditions.  Mixing and 
mass transfer were measured in the OBR using three baffle designs between 10 and 70 Hz oscillating 
frequency.  The most promising baffle design was used for algal cultivation experiments. Mixing, 
mass transfer and power input were measured in the WR at a range rocking rates (10 – 40 rpm) and 
rocking angles (2 - 10°).  Scenedesmus sp. was subsequently cultivated at 25 rpm 10°, 15 rpm 8° and 
15 rpm 4°.   
 
The ALR, OBR and WR were compared based on their mixing and mass transfer capabilities as well 
biomass and lipid productivity.  The energy efficiencies, expressed as the biomass and lipid 
productivity per unit power, of the three reactors were also compared.  Mass transfer rates in the 
ALR that corresponded to a standard sparging velocity and critical minimum sparging velocity were 
used to inform the choice of agitation rates in the OBR and WR for algal cultivation.  The NERs at 
these ‘high’ and ‘low’ agitation rates, corresponding to ‘high’ and ‘low’ energy consumption, were 
compared across the reactor types. 
 
The experimental results from the ALR and WR were used in a biodiesel production simulation to 
obtain data for an LCA of the theoretical process.  Differences in environmental burdens were 
compared when using the ALR or WR in the algal cultivation stage of the process.   
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3 Airlift Photobioreactor:  Optimisation for energy efficient 




Mixing, gas-liquid mass transfer, nutrient supply and light distribution are all vital factors for 
achieving desired algal growth rates and productivities.  Optimisation of algal cultivation requires 
consideration of all these interrelated factors, illustrated in Figure 1.1 (Chapter 1.2.3).  This research 
project focuses on the production of lipids from microalgae that can be used in high-value industries 
such as cosmetics and pharmaceuticals, or for biodiesel production.  As discussed in Chapter 1.5, 
lipid accumulation in microalgae can be increased under nitrogen limited conditions.  However, 
there is a trade-off between biomass production and lipid accumulation, and so it is necessary to 
find the conditions which promote optimal overall lipid productivity as a function of cellular lipid 
accumulation and biomass yield.  In this work, preliminary experiments were carried out in airlift 
PBRs (ALR) to determine which nitrate concentrations promoted the highest lipid production in 
Scenedesmus sp.  This species was chosen due to its high lipid accumulation ability and its ease of 
use in the laboratory (Griffiths et al., 2012).   
 
The second and major section in this chapter consists of the optimisation of mixing and gas-liquid 
mass transfer in ALRs for cultivation of Scenedesmus sp.  Pneumatically agitated reactors, such as 
airlifts and bubble columns, are commonly used in bioprocess engineering and are popular for algal 
cultivation.  The airlift concept comprises gas sparged from the base of the reactor, rising up in a 
discrete region (the riser) and down in a separate region (the downcomer) (Carvalho et al., 2006; 
Singh and Sharma, 2012).  This concept has been used successfully for microalgal cultivation in both 
flat plate and tubular reactors (Chisti, 2007a; Griffiths et al., 2012; Langley et al., 2012; Sánchez 
Mirón et al., 2002; Sasi, 2011; Yuan et al., 2011).  In reactors driven by the airlift concept, mixing and 
gas-liquid mass transfer both occur by sparging gas (aeration).  Airlift reactors are known to have 
good gas-liquid mass transfer capabilities (Carvalho et al., 2006; Chisti, 2007a; Gavrilescu and 
Tudose, 1997).  Studies have reported factors influencing improved mixing and mass transfer in 
airlifts to include geometric design, presence of stirrer, sparger type and bubble size (Chisti and 
Jauregui-Haza, 2002; Kilonzo et al., 2007; Merchuk et al., 1998; Zimmerman et al., 2011).  However, 
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this work is the first to report optimisation of mass transfer and mixing explicitly as a function of 
energy input (Jones and Harrison, 2014).  The results described in this chapter therefore provide 
useful information regarding the optimisation of energy usage in airlift PBRs.   
 
In addition to nitrate optimisation and the optimisation of power input with regard to mixing and 
mass transfer, this chapter will include a brief study on the effects of increasing the light intensity 
provided to the ALRs.  All experiments in this work were carried out under laboratory conditions, i.e. 
artificial lighting.  This means that light played a considerable role in the rates of production in these 
experiments, as artificial light is varies considerably compared to sunlight.  Outdoor algal cultivation 
is preferred at commercial scale to reduce energy inputs and light limitations.  The primary focus of 
this research project was optimisation of mixing and mass transfer, and so light was kept constant 
across all experiments, except those in which the effects of light were considered (Section 3.3.3).   
 
3.2 Materials and Methods 
 
Scenedesmus sp. stock cultures and experimental cultures were grown according to the methods 
described in Chapter 2.2, with adjustments described below.  All experiments were carried out in the 
ALRs described in Section 2.3.1.  Mixing times (  ), CO2 mass transfer coefficient (      ), CO2 
transfer rate (   ), CO2 uptake rate (  ) and CO2 supply rate (   ) were measured according to 
Sections 2.4.1, 2.4.2, 2.4.3and 2.4.4, respectively.  The power in the ALR was measured according to 
the calculations for ‘total aeration power’ (Equation (2.9), Section 2.5.1).  Algal growth experiments 
were analysed according to Section 2.4.6 (biomass) and 2.4.7 (lipid).  Methods related to this chapter 
are described in detail in the following sections. 
 
3.2.1 Nitrate optimisation for increased lipid production 
Airlift PBRs were used to cultivate Scenedesmus sp. under various nitrate concentrations.  Bold’s 
Basal Media was adjusted to contain nitrate concentrations of 150, 300, 450 and 700 mg L-1.  The 
ALRs were operated at a gas flowrate of 2 L min-1 (0.02 m s-1 superficial gas velocity) at 1% CO2.  
Constant light was provided by 18 W cool white fluorescent bulbs at 200 – 300 µmol m-2 s-1, giving an 
average light intensity across the height of the ALRs, on the surface furthest from the light source, of 
148 µmol m-2 s-1 (Section 2.3.4).  Daily samples were analysed for biomass and lipid concentration. 
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The total pigment content was measured regularly during the growth curves by extraction with 
dimethylsulphoxide (DMSO) and spectrophotometric analysis, according to Wellburn (1994).   In this 
method a 2 mL sample was centrifuged at 16 000 g for 3 minutes, and 2 mL DMSO (99% Saarchem) 
at 60°C added to the cell pellet.  The cells were resuspended in DMSO by vortexing, followed by 
incubation at 60°C for 10 minutes, with occasional shaking.  To separate the cells from the extracted 
pigment, the mixture was centrifuged at 16 000 g for 3 minutes.  The supernatant was diluted with 
DMSO and optical densities at 480, 649 and 665 nm were measured on a spectrophotometer.  The 
following calculations were used to determine the pigment content: 
               (    ) (      )       (     )      (     ) (3.1) 
               (    )(      )       (     )     (     ) (3.2) 
                   (      )  (    (     )      (    )       (    ))     (3.3) 
                                     (3.4) 
 
3.2.2 Height averaged superficial gas velocity 
Superficial gas velocity is a function of the gas flowrate and the pressure of the gas entering the 
sparger.  A superficial gas velocity averaged across the height of the airlift was calculated according 
to Chisti (1989), as follows: 
       




where     is the height averaged superficial gas velocity in the riser;    and    are the cross 
sectional areas of the riser and downcomer, respectively; and   , the height averaged superficial gas 
velocity of a reactor, can be calculated as follows: 
     
     
    





where   is the cross sectional area of the airlift,   is the gas constant (8314 J K-1 kmole-1),   is the 
temperature in K,    is the gas pressure at the top of the airlift (atmospheric pressure in Pa),   is the 
gas pressure leaving the sparger (given the inlet pressure and the pressure drop across the sparger 
(Green and Perry, 2007)) and   is the molar gas flowrate.    can be calculated as follows: 
   
    
   
 
(3.7) 
where    is the pressure of gas at the bottom of the ALR (inlet pressure, Pa), and   is the gas 
flowrate (m3 s-1).  All superficial gas velocities quoted in this work are for    , the height averaged 
velocity in the riser.   
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3.2.3 Optimisation of gas velocity and CO2 concentration 
‘Standard conditions’ in the ALRs were set as a 2 L min-1 gas flowrate (0.02 m s-1 superficial gas 
velocity) at 1% CO2.  Following establishment of the performance of Scendesmus sp. under standard 
conditions, its performance was studied under a range of superficial gas velocities (0.0022, 0.0054, 
0.011 and 0.022 m s-1, equivalent to air flowrates of 0.2, 0.5, 1 and 2 L min-1).   At each superficial gas 
velocity, Scenedesmus sp. was cultivated at four CO2 concentrations (400, 1 400, 5 400 and 
10 400 ppm) such that the effect of CO2 mass transfer and energy supply could be considered 
separately.  For each set of experiments, a positive control was run under the ‘standard condition’ to 
check consistency and provide data on reproducibility.  Repeats under standard conditions were 
used to calculate the standard deviation, where variation between these was used to represent the 
standard deviations across all experimental data.  In addition to biomass and lipid concentration 
measurements, the CO2 transfer rate, carbon uptake to lipids and CO2 supply rate were calculated.  
 
3.2.4 Comparison at double light intensity 
Scenedesmus sp. growth curves were measured in ALRs under constant gas velocity and CO2 
concentration.  Light was provided using light banks, consisting of three cool white 18 W fluorescent 
bulbs (Osram).  One light bank was placed behind the glass column and, in the case of experiments 
at double light, an additional light bank was placed in front of the glass column.  Each light bank 
provided light at 200 – 300 µmol m-2 s-1, giving an average light intensity across the height of the 
ALRs, on the surface furthest from the light source, of 148 µmol m-2 s-1.  This equated to 9 µmol s-1 of 
total light, given the surface area of the airlift reactors (Section 2.3.4).  With two light banks in place, 
the average light intensity was 300 µmol m-2 s-1, giving 18 µmol s-1 of total light (double the light 
intensity and total light).  
 
3.3 Results and Discussion 
 
3.3.1 Nitrate optimisation for increased lipid production 
Scenedesmus sp. was grown in four ALRs in BBM medium containing 150, 300, 450 and 700 mg L-1 
nitrate, respectively (Figure 3.1).  Light, sparging velocity, temperature and CO2 concentrations were 
kept constant across the four ALRs.  The maximum biomass and lipid concentrations, and correlating 
biomass and lipid productivities from growth curves in each ALR are shown in Figure 3.2.   
 






Figure 3.1  (A) Biomass and (B) Lipid concentration during Scenedesmus sp. growth curves in Bold’s 








































150 mg/L 300 mg/L 450 mg/L 700 mg/LB 






Figure 3.2  (A) Maximum biomass concentration and productivity; (B) maximum lipid concentration 
and productivity; and (C) cellular lipid content as a % of biomass concentration and total pigment 
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The results in Figure 3.2 indicate an increase in biomass and a decrease in lipid concentration with 
increasing initial nitrate concentration in the growth media.  At 150 mg L-1 nitrate, Scenedesmus sp. 
had the highest maximum lipid concentration (0.66 g L-1) and lipid productivity (0.056 g L-1 d-1). The 
cellular lipid content at this nitrate concentration was sufficiently high (39% of biomass) to maintain 
high overall lipid production even with the lowered biomass concentration (1.89 g L-1).  The 
photosynthetic pigments in microalgae require nitrogen for their production, and so are reduced 
under limited nitrate conditions, in contrast to increased cellular lipid content.   
 
These results correlate to those published previously that describe enhanced lipid production from 
microalgae under nitrogen stressed conditions (Griffiths et al., 2014a, 2014b; Griffiths and Harrison, 
2009; Lardon et al., 2009; Lin, 2011; Rodolfi et al., 2009).  Under nutrient stress, the microalgae 
begin to store energy in the form of lipids; the available carbon is used for these energy stores in 
place of cellular growth.  Thus, lipid accumulation continues to increase as cellular growth moves 
into an early stationary phase (Figure 3.1).  Reduced nitrogen for protein formation, reduction of 
photosynthetic pigments and favouring of energy storage over biomass production all contribute to 
the reduction in the maximum biomass concentration under nitrate limited growth conditions.  For 
the purposes of this work, the best lipid concentration was obtained at 150 mg L-1 nitrate, despite a 
reduction in biomass.  Therefore, in all subsequent experiments a BBM medium containing 
150 mg L-1 nitrate was used.   
 
3.3.2 Optimisation of gas velocity and CO2 concentration 
3.3.2.1 Mixing and mass transfer 
The mixing time (  ) and CO2 mass transfer coefficient (       ) were measured with increasing 
superficial gas velocity (   ) in an airlift reactor containing cell-free BBM media (Figure 3.3).  These 
parameters improved (i.e.    decreased and         increased) with increasing aeration, as 
expected.   
 
Similar data are found in the literature, however,     and mixing time vary according to the type of 
sparger used, the liquid viscosity and the airlift dimensions (Kilonzo et al., 2007; Luo et al., 2011; 
Moo-Young and Blanch, 1981).  According to previous studies, mixing times in airlift reactors range 
from 20 to 150 s at a UGr of 0.021 m s
-1 (Chisti and Jauregui-Haza, 2002; Merchuk et al., 1998; Molina 
Grima et al., 1999; Sánchez Mirón et al., 2004a).  The reactor dimensions and sparger described in 
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this work resulted in a mixing time of 39.5 s at 0.022 m s-1 (Figure 3.3), i.e. at the lower (faster) end 
of the range found in the literature, indicating good mixing.    Chisti (1989), Chisti and Jauregui-Haza 
(2002) and Pirouzi et al. (2014) report     in airlift reactors in the range 9 to 54 h
-1, which correlates 
to the range reported here (2 – 40 h-1).   
 
  
Figure 3.3  Mixing time and CO2 mass transfer coefficient at increasing superficial gas velocity in an 
airlift photobioreactor.  Error bars indicate the standard deviation of n = 3 replicates.   
 
Visualisation of mixing and fluid flow in the ALR was performed using phenolphthalein indicator 
solution, as described in Section 2.4.1.  Figure 3.4 shows the mixing patterns at a gas flowrate of 
2 L min-1 (0.02 m s-1).  The HCl tracer changes the solution from pink to colourless as it circulates in a 
plug-flow manner from the downcomer, up the riser and down again.  The conductivity raw data 
(Figure C.1, Appendix C) shows that the liquid circulates 5 to 6 times before the solution reaches 95% 
homogeneity (considered mixed).  At lower gas flowrates (0.2 and 0.5 L min-1) a deadzone appears at 
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Figure 3.4  Mixing in the airlift PBR at a gas flowrate of (A) 2 L min-1 (0.02 m s-1) and (B) 0.2 L min-1 
(0.002 m s-1) visualised using phenolphthalein indicator solution in alkali solution (pink) and a 1 M 
HCl tracer (colourless).  After 96 s at 0.2 L min-1 (B) the contents were mixed except for a deadzone 
near the sparger. 
 
The power input was calculated at each superficial gas velocity based on the isothermal compression 
of gas, according to Section 2.5.1.2.  Carbon dioxide transfer rates (CTR) were calculated with 
respect to the saturation solubility of CO2 at various partial pressures (400 to 10 400 ppm) and the 
        at superficial gas velocities of 0.002, 0.005, 0.01 and 0.02 m s
-1 (Section 2.4.3).   These 
indicated the amount of carbon available to algal cells.  Figure 3.5 shows CTRs at increasing power 
input for aeration at the given velocities (Figure 3.4A) and at increasing CO2 supply rates (CSR; a 
function of superficial gas velocity and CO2 concentration, Figure 3.4B).  This figure demonstrates the 
importance of high CO2 concentrations for good CTR.  The CTR increased with increased power for 
aeration at each CO2 concentration, and dropped substantially with reduced CO2 concentration. The 
CTR correlated well with CO2 supply rate (superficial CO2 velocity) across changes in both superficial 










Figure 3.5  CO2 transfer rates (a function of CO2 saturation solubilities and       ) with respect to 
(A) power input, and (B) CO2 supply rate at various CO2 partial pressures and superficial aeration 
velocities.   Note: the deeper the shade of the point, the higher the UGr; where the black points 
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Hall et al. (2003), Jian (2006), Linek et al. (1987), Moo-Young and Blanch (1981), Sierra et al. (2008) 
and others describe the increase in     with increased power input in different reactor types 
(Chapter 1.3, Figure 1.2).  These are in accordance with the results in Figure 3.5 for the ALR, which 
highlight the dependence of carbon availability on the energy provided to the reactor for algal 
cultivation.   
 
3.3.2.2 Biomass and lipid production 
Figure 3.6 shows the algal growth and lipid production with respect to time under ‘standard 
cultivation conditions’ (10 400 ppm CO2; 0.02 m s
-1 superficial gas velocity).  Maximum 
concentrations of 2.15 g L-1 biomass and 0.589 g L-1 lipid were measured.  A maximum lipid content 
of 32.1% biomass, and maximum instantaneous biomass and lipid productivities of 0.306 and 
0.081 g L-1 d-1, respectively, were obtained under ‘standard conditions’.    Subsequent experiments 
assessed the effect of reduced power input for aeration on maintaining these concentrations.  An 
ALR under ‘standard conditions’ was run in parallel to each set of subsequent experiments.  
Standard deviations were calculated based on variation across these 5 repeats at ‘standard 
conditions’ (0.144 g L-1 biomass; 0.029 g L-1 lipid).   
 
 
Figure 3.6  Growth curve of Scendesmus sp. under ‘standard conditions’ (10 400 ppm CO2; UGr of 
0.02 m s-1) showing biomass and lipid production.  Error bars show the standard deviation calculated 
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The maximum biomass and lipid concentrations in Figure 3.6 correlate with previous results from 
the growth of Scenedesmus sp. under nitrogen limited conditions (Griffiths et al., 2012).  Griffiths 
and Harrison (2009) reviewed the maximum lipid content, biomass and lipid productivity of a wide 
variety of algal species.  Biomass productivities were reported to range from 0.03 to 0.59 g L-1 d-1 
with biomass productivity obtained in this work well within this range (0.306 g L-1 d-1).  Griffiths and 
Harrison (2009) reported lipid content to range from 5 to 64% biomass under nitrogen deficient 
conditions, and lipid productivity from 0.017 to 0.164 g L-1 d-1.  Scenedesmus sp.  cultivated in this 
work reported towards the upper end of these ranges, demonstrating its potential as a lipid 
producer.  Scenedesmus sp.  also had higher biomass and lipid productivities under standard 
conditions compared to a number of freshwater algal species reviewed by Rodolfi et al. (2009) (0.17 
– 0.28 g L-1 d-1 biomass and 0.03 – 0.05 g L-1 d-1 lipid).   
 
Growth experiments at superficial gas velocity and CO2 concentration lower than the ‘standard 
conditions’ were conducted, and biomass growth and lipid production were monitored.  The 
superficial CO2 velocity or CO2 supply rate (CSR) was calculated as the product of the percentage CO2 
sparged into the reactor (400, 1 400, 5 400 and 10 400 ppm) at the four superficial gas velocities 
(0.002, 0.005, 0.01 and 0.02 m s-1).  Figure 3.7A shows the increased maximum biomass 
concentration with increased CSR to a maximum of 2.27 g L-1.  Above the critical CSR of 2.7×10-5 m s-1 
(equivalent to a superficial gas velocity of 0.005 m s-1 and CO2 concentration of 5 400 ppm), further 
increase in either CO2 concentration or superficial gas velocity did not increase biomass production 
significantly.  This is a significant consideration for energy input. While differences in the maximum 
biomass concentrations obtained may also be influenced by limitation of other nutrients, these 
concentrations were not altered in this study.  The rate of growth during the linear phase, 
representing biomass productivity, is a better indication of the influence of CO2 limitation 
independently of other nutrients.  This productivity, given as overall and instantaneous productivity 
in Figure 3.7B and C respectively,  follows similar trends to the maximum biomass concentration 
given in Figure 3.7A, where a critical CO2 supply rate can be reached at low superficial gas velocity 
(0.005 m s-1) and high CO2 concentration (10 400 ppm).   
 
 






Figure 3.7  (A) Maximum biomass concentration, (B) overall biomass productivity (based on days to 
reach maximum biomass conc.) and (C) instantaneous biomass productivity in relation to the    .  
The deeper the shade of points, the higher the UGr; where black points = UGr 0.02 m s
-1.  Dashed line 
indicates the critical minimum    .  Error bars show the standard deviation calculated from n = 5 
repeats under ‘standard conditions’ (0.144 g L-1 biomass; 0.011 g L-1 d-1 biomass productivity; 0.030 g L-1 d-1 
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Figure 3.8A illustrates the maximum biomass concentration attained as a function of CO2 transfer 
rate (CTR). The same trend is seen as in Figure 3.7, with a critical CTR (0.00185 mol L-1 hr-1) above 
which no further increase in biomass concentration is observed.  Figure 3.7 and Figure 3.8 
demonstrate that at 400 and 1 400 ppm CO2, the standard superficial gas velocity of 0.02 m s
-1; 
(shown as black points on the graphs) is required to maintain maximum biomass concentrations of 
≥ 2 g L-1; whereas at 5 400 and 10 400 ppm CO2, the superficial gas velocities could be reduced to 
0.005 m s-1 without sacrificing biomass concentration or productivity.  According to Figure 3.5A, this 
equates to a 75% reduction in the power input required for aeration.   
 
Figure 3.8A shows that, at lower superficial gas velocities, the maximum biomass concentration is 
not achieved despite the critical CTR being met.  This suggests that superficial gas velocity influences 
a second factor (in addition to carbon limitation) required for growth.  This highlights the complexity 
of algal cultivation systems, with interdependent parameters.  In an airlift reactor, gas sparging is 
responsible for CO2 provision and for mixing.  Mixing is important for distribution of nutrients 
(carbon, nitrogen, phosphorous, and other nutrients), removal of oxygen produced by the algae and 
access of algal cells to sufficient light for photosynthesis.  Therefore, the reduction in growth at low 
superficial gas velocity under non-limiting CTR suggests mixing or light limitation.    The latter is 
shown by Gani (2013).  Figure 3.8B shows the decrease in biomass with decreased superficial gas 
velocity, which affects both CO2 provision and mixing.  The rate at which biomass increased with 
increased CO2 concentration is higher at the lower gas velocities, indicating the degree of carbon 
limitation.  Also, at higher CO2 there is a smaller difference in biomass across superficial gas 
velocities.   
 
The time taken for the algal culture to reach maximum biomass influences the energy input 
requirement.  Productivity is therefore an important consideration.  The data in Figure 3.7B is 
displayed in a bar graph separating the CSR into CO2 concentration and gas velocity (Figure 3.9).  
Once again, at 10 400 and 5 400 ppm CO2, the superficial gas velocity could be reduced from 0.02 to 
0.005 m s-1 without a significant decrease in biomass productivity (Figure 3.9).  This graph also clearly 
shows the low productivity as a result of low CO2 concentration (400 – 1400 ppm), even at increased 
gas velocity.   
 
 






Figure 3.8  (A) Maximum biomass concentration with respect to CO2 transfer rate (a function of CO2 
concentration and        ).  Note: the deeper the shade of the point, the higher the UGr; the 
horizontal line indicates the drop from the maximum biomass, where mixing or light could be 
limiting.  (B)  Maximum biomass obtained with respect to CO2 concentration in the sparge gas at 
each of the superficial gas velocities independently.  Error bars show the standard deviation 
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Typical CO2 concentrations used in previous algal cultivation studies range from 10 400 to 
150 400 ppm (Kaewpintong et al., 2007; Rodolfi et al., 2009; Sasi, 2011).  In support of this study, 
results from Sasi (2011) showed that air enriched with CO2 above 50 000 ppm does not lead to 
further increase in growth rate of Chlorella vulgaris; and similarly Langley et al. (2012) show a 
minimum threshold of 1 200 ppm CO2 to maintain algal biomass productivity of C. vulgaris.  
Kaewpintong et al. (2007) investigated the effect of superficial gas velocity on the growth of 
Haematococcus pluvialis and demonstrated an increase in growth with increased velocity up to 
0.04 m s-1, above which no further increase occurred.  These results support the claim that a critical 
CO2 availability or sparging rate exists.   However, the literature reports investigate either CO2 
concentration or superficial gas velocity independently, and data represented by varying only one of 
these factors are system-specific and of limited value to generalised application.  This work is the 
first to report the combined effect of both CO2 concentration and superficial gas velocity, 
represented as a critical CO2 supply rate or CO2 transfer rate. 
 
 
Figure 3.9  Superficial gas velocity and CO2 concentration with respect to biomass productivity, 
calculated according to the number of days required to reach maximum biomass concentration.  
Error bars indicate standard deviation calculated from n = 5 repeats under ‘standard conditions’ 
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Lipid production data showed a critical CSR at 1.4×10-5 m s-1 (0.02 m s-1 superficial gas velocity and 
1 400 ppm CO2) with lipid content as a percentage of the biomass reaching 38.3% (Figure 3.10A).  
Interestingly, the lipid content peaked between 1.4×10-5 and 2.1×10-5 m s-1 and then dropped with 
further increase in CSR before rising again to 36.3%.  This perhaps indicates that at lower CSR 
(around 1.4×10-5 m s-1) the algae favour lipid storage over cellular replication, and above this CSR the 
algae return to favouring cellular replication and use up the lipid stores for growth, thus leading to a 
reduction in the cellular lipid content.  The lipid content increased again when there was excess 
carbon available for growth and lipid storage.  A similar trend was seen in Figure 3.10B and Figure 
3.10C, for volumetric lipid production (g L-1) and lipid productivity (g L-1 d-1), respectively.  However, 
these graphs indicate that the drop in lipid production and productivity coincides with lower 
superficial gas velocity.  This suggests a second factor, other than carbon limitation, such as mixing 
rates (affecting light regimes, and distribution of media components, as discussed earlier), which 
influences the lipid production and productivity despite the CSRs.  This trend was also seen in Figure 
3.11, where the moles of carbon fixed into lipid increased to a peak at a lower CSR (0.01 moles at 
2.8×10-5 m s-1), then decreased, and finally reached a maximum at high CSR (0.13 moles at 1.1×10-4 
m s-1), when superficial gas velocity is high.  The graph of biomass productivity with respect to 
carbon transfer rate (Figure 3.8A) also pointed to limitations caused by reduced mixing.  The trend 
was more pronounced with the lipid data, however, suggesting the sensitivity of lipid production to a 
factor other than CO2 supply.   
 
Previous studies have highlighted the link between nutrient availability and lipid production, but 
most of these studies have focused on nitrogen, phosphorous and silicon (Christenson and Sims, 
2011; Clarens et al., 2010; Demirbas, 2010; Griffiths and Harrison, 2009).  The findings in this work 
are important to begin understanding the relationship between carbon availability and lipid 
production by algae.  A study by Chiu et al. (2009) reported similar results to this work, where 
Nannochloropsis oculata had biomass and lipid productivities that were poor at 400 ppm CO2 (air), 
reached maximum at 20 400 ppm (0.145 g L-1 d-1 lipid), and decreased again between 50 400 to 











Figure 3.10  CO2 supply rate in relation to (A) the maximum lipid content (as % of biomass) and (B) 
the maximum lipid concentration obtained during two weeks cultivation; (C) lipid productivity 
calculated according to the time taken to reach maximum lipid concentration. The deeper the shade 
of points, the higher the UGr.  Error bars indicate the standard deviation calculated from n = 5 repeats 
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Figure 3.11   Carbon uptake, or the total number of moles of carbon fixed into lipids (calculated 
based on the moles of lipid produced, and the average number of moles of carbon in a mole of lipid), 
with respect to the CO2 supplied to the reactor.  Note: the deeper the shade of the point, the higher 
the UGr.  Error bars indicate the standard deviation calculated from n = 5 repeats under ‘standard 
conditions’ (0.008 moles).   
 
In order to examine the energy efficiency of the ALR at the various gas velocities and CO2 
concentrations, the biomass and lipid productivity per unit power were calculated.  These were 
based on the power input for aeration only and were calculated using ‘total aeration power’ 
equations (Section 2.5.1.2).  At the ‘standard’ superficial gas velocity (0.02 m s-1,) the energy required 
for aeration outweighed the biomass productivity and so productivity per unit power was low 
(Figure 3.12).  For 0.002, 0.005 and 0.01 m s-1, the biomass productivity per unit power was higher at 
5 400 and 10 400 ppm CO2 and dropped significantly at lower CO2 concentrations.  A maximum 
biomass productivity per unit power of 0.876 g W-1 d-1 was obtained at 0.002 m s-1 and 5 400 ppm 
CO2, however, under these conditions the biomass concentration was only 1.49 g L
-1 (compared to 
2.15 g L-1 under ‘standard conditions’, Figure 3.6).  A lower biomass concentration could lead to 
increased energy input required for harvesting and downstream processing, as well as a greater 
reactor volume required to yield the same amount of product. At 0.005 m s-1 and 5 400 ppm, on the 
other hand, the biomass productivity per unit power was 0.489 g W-1 d-1 and the biomass 
concentration was 2.08 g L-1, indicating an improved power input and minor reduction in biomass 
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lipid productivity per unit power, but all these values were significantly lower than for biomass 
productivity, in the range 0.005 – 0.190 g W-1 d-1 (Figure 3.12B).   
 
Figure 3.12 indicates that the energy efficiency of algal production can be optimised in sparged PBRs 
by considering the combined effects of sparging velocity and CO2 concentration.  Ketheesan and 
Nirmalakhandan (2012) investigated the biomass productivity of an airlift driven raceway in 
comparison to bubble columns, airlift and tubular PBRs reviewed from literature.  Their study 
reports productivities in the range 0.1 to 0.7 g W-1 d-1 for these bioreactors, using power calculations 
that include light provision (not included in this work), and do not take into account the inlet 
pressure of gas in the pipe to the sparger (included in this work).  Assuming an inlet gas pressure of 
2 bar and disregarding energy for light provision, the productivity per unit power of the airlift driven 
raceway from Ketheesan and Nirmalakhandan (2012), recalculated using ‘total aeration power’ 
(Section 2.5.1.2), would be 0.8 g W-1 d-1, comparable to the 0.876 g W-1 d-1 obtained in this work.  
Jorquera et al. (2010) review power (Sierra et al., 2008) and volumetric biomass productivities 
(Cheng-Wu et al., 2001) for a flat-panel reactor that give productivities per unit power of 0.1 – 
0.5 g W-1 d-1, assuming an inlet gas pressure of 2 bar and disregarding energy for light provision.  
These ranges, re-calculated from literature data, are within the range found for the ALR in this work 
(Figure 3.12).  Due to differences in power calculations, choice of inlet gas pressure and sparger 
type, it is difficult to compare energy efficiencies across reported studies directly.  This is will be 
discussed in detail in Chapter 6.3.1.     
 
 





Figure 3.12  (A) Biomass and (B) lipid productivity per unit power (g W-1 d-1) at increasing superficial 
gas velocity and CO2 concentration.  Error bars indicate the standard deviation calculated from n = 5 
repeats under ‘standard conditions’ (0.07 g W-1 d-1 biomass productivity; 0.002 g W-1 d-1 lipid 
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3.3.3 Comparison at double light 
All previous experiments in ALRs were performed at an average light intensity at the far side of the 
reactor of 148 µmol m-2 s-1, totalling 9 µmol s-1 given the surface area of the ALRs.  To investigate the 
effects of increased light on algal growth and lipid production, a second set of lights was added 
giving an average light intensity of 300 µmol m-2 s-1, and a total light of 18 µmol s-1.  At double light 
there was an increase in the biomass productivity (Figure 3.13A).  At 0.02 m s-1 the biomass 
productivity increased 1.4 times with double light.  This is in accordance with studies by Bezerra et 
al. (2012) who report a 1.2 times increase in Arthrospira platensis biomass productivity at double the 
light intensity in a tubular PBR.  These results suggest that the data shown in Section 3.3.2.2 at 
0.02 m s-1 were light limited and further improvements to algal production efficiencies can be 
achieved at higher light.  Commercial algal cultivation would be best outdoors under natural light, 
where light limitation would be considerably reduced.   
 
Airlifts aerated at 0.005 and 0.01 m s-1 did not exhibit significant increases in productivity at double 
light (Figure 3.13).  This may be due to the culture becoming carbon limited at increased light.  
Under increased light, growth rate increases leading to an increase in the carbon required by the 
culture for growth and lipid synthesis.  This means that at higher light, the critical minimum CSR 
changes (Figure 3.14).  At double light the CRS for biomass increased from 2.7×10-5 m s-1 (at 9 µmol s-
1 light) to 1.0×10-4 m s-1 (18 µmol s-1).  However, at double light the maximum biomass concentration 
could still be reached at 0.01 m s-1 (half of the ‘standard’ gas velocity), indicating possible reductions 
in energy consumption with respect to carbon supply even under higher light intensities.    
 
At 0.002 m s-1, an increase in biomass productivity at double light suggests that the slow mixing at 
this gas velocity aggravated a light limitation, which was reduced when more light was provided.  
Similarly, lipid productivity increased at double light only at a sparging velocity of 0.002 m s-1 (Figure 
3.13B).  At sufficient CSR, as discussed in Section 3.3.2.2, low gas velocity resulted in a small dip in 
biomass and lipid concentration (Figure 3.7, Figure 3.8 and Figure 3.10), possibly caused by reduced 
mixing which lowers light distribution.  At 0.002 m s-1 the doubled light intensity reduced this effect.  
This result is supported by a study in which Scendesmus sp. growth was modelled according to light 
path history in an ALR (Jones et al., In review).  
 





Figure 3.13  (A) Biomass and (B) lipid productivities of Scendesmus sp. grown in arlift 
photobioreactors at 10 400 ppm CO2 and a total light of 9 or 18 umol s
-1.  Error bars indicate the 
standard deviation calculated from n = 5 repeats under ‘standard conditions’ at 9 µmole s-1 (0.01 g L-
1 d-1 biomass; 0.0035 g L-1 d-1 lipid) and n = 2 repeats at 18 µmole s-1 (0.015 g L-1 d-1 biomass; 
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Figure 3.14  Maximum biomass concentration reached with respect to CO2 supply rate (CSR) at 
increasing UGr and CO2 concentrations in the sparged gas; a comparison at 9 and 18 umol s
-1 total 
light.  Dashed lines represent the critical minimum CSR at 9 (black) and 18 (blue) umol s-1 total light.  
Error bars indicate the standard deviation calculated from n = 5 repeats under ‘standard conditions’ 
at 9 µmole s-1 (0.144 g L-1) and n = 2 repeats at 18 µmole s-1 (0.134 g L-1). 
 
Assuming that algal cultivation at large-scale will be outdoors and will rely on sunlight, power input 
was calculated according to gas velocity only.  Therefore, increased productivity with increased light, 
led to increased productivity per unit power (Figure 3.15).  Increased biomass and lipid productivity 
per unit power with double light was most pronounced at 0.002 m s-1, where power input was 
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Figure 3.15  (A) Biomass and (B) lipid productivities per unit power for aeration of Scendesmus sp. 
grown in arlift photobioreactors at 10 400 ppm CO2 and a total light of 9 or 18 umol s
-1.  Error bars 
indicate the standard deviation calculated from n = 5 repeats under ‘standard conditions’ at 9 µmole 
s-1 (0.07 g W-1 d-1 biomass; 0.002 g W-1 d-1 lipid) and n = 2 repeats at 18 µmole s-1 (0.011 g W-1 d-1 
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Previous studies have shown improved lipid accumulation in microalgae at reduced nitrate 
concentration in algal growth media.  This work demonstrated that a starting nitrate concentration 
of 150 mg L-1 resulted in the highest lipid accumulation, total lipid concentration and lipid 
productivities by Scenedesmus sp., of the nitrate concentrations tested (150 – 700 mg.L-1).  Further 
reduction in nitrate concentration could result in additional cellular lipid accumulation, but at the 
risk of substantially lowering biomass productivities, and thus total lipid yield (Griffiths et al., 2014a).  
Therefore BBM containing 150 mg L-1 nitrate was used for all subsequent experiments, in order to 
promote lipid production.   
 
Energy efficiency is an important consideration for algal bioprocesses, particularly for the effective 
production of algal bioenergy.  This study sought to improve the energy efficiency of algal biomass 
and lipid production in the ALR by optimising superficial gas velocity and CO2 concentration.   At high 
CO2 concentration in the gas phase (5400 – 10 400 ppm), the superficial gas velocity could be 
reduced fourfold (0.02 to 0.005 m s-1) without substantial decrease in biomass concentration or 
productivity.  This relates to a 75% reduction in power input, highlighting the importance of 
optimising aeration rate and CO2 provision.  On further reduction of superficial gas velocity (0.002 m 
s-1) decreased biomass formation was observed. This could be attributed to compromised mixing.  
On sparging with gases of lower CO2 concentration (400 – 1400 ppm), loss of productivity was 
observed with decreasing superficial gas velocity. This indicated CO2 limitation, increasing in severity 
at lower gas velocities.   
 
Aeration rate and CO2 concentration were considered using the combined term, carbon supply rate 
(CSR, also termed CO2 superficial velocity).  A critical value for the CSR was found which, if exceeded, 
had no further benefit to productivity; this has not been reported previously.  The power input for 
aeration could thus be optimised with respect to CO2 concentration and gas velocity.  By considering 
this approach, the biomass productivity per unit power could be increased by 1.8 times at 
appropriate biomass concentrations and 6.7 times at reduced biomass concentrations. The lipid 
productivity per unit power also increased at lower superficial gas velocity. Lipid productivity per 
unit power was considerably lower (in the range 0.005 – 0.19 g W-1 d-1) than that of biomass (0.04 – 
0.88 g W-1 d-1) due to a lipid content of approximately 30% of the Scenedesmus sp. biomass.  It 
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follows that it would be more energy efficient to use the whole biomass (lipid and remaining 
biomass) for bioenergy production, underpinning the growing interest in hydrothermal liquefaction. 
 
When the light intensity was doubled, increases were observed in algal biomass productivity, 
indicating that light was a limiting factor in the initial experiments.  This is an indication that under 
cultivation in an outdoor algal facility, where sunlight intensities far exceed those of artificial lighting 
under laboratory conditions, the algal biomass productivities, and thus energy efficiency with 
respect to sparging power may increase further.  Cultivation of Scenedesmus sp. in ALRs outdoors 
would be an interesting additional study to show the magnitude of increased productivity, and the 
effects on the energy efficiency of the reactor.  
 
This chapter demonstrates that airlift bioreactors can optimised according to their mixing and mass 
transfer rates for improved energy efficiency of algal biomass and lipid production.  In Chapter 4 and 
5, surface aerated PBRs are explored as potential alternatives to the ALR. 
 




4 Oscillatory Baffled Photobioreactor:  Design and optimisation for 
cultivation of Scenedesmus sp.  
 
4.1 Introduction and Literature Review 
 
 The previous chapter (Chapter 3) describes the airlift photobioreactor, a common reactor for algal 
cultivation that relies on gas sparging for mixing and mass transfer.  This chapter is the first of three 
(Chapters 4 to 6) to explore alternative approaches to providing mixing and mass transfer to an algal 
culture using surface aeration.  This chapter focuses on the design, investigation and optimisation of 
an oscillatory baffled photobioreactor (OBR) for algal cultivation.   
 
Oscillatory flow has been presented as an interesting method for enhancing mixing and mass 
transfer for a variety of applications in the chemical and bioprocess industries (Ghazi et al., 2008; 
Melendi et al., 2012; Ni et al., 2003, 2002, 1995; Stonestreet and Harvey, 2002).  Oscillating reactors 
include tube/column reactors containing fixed baffles with liquid pulsed through the tube; or baffles 
connected to an oscillating piston (Ni et al., 2003, 1998).  In both cases, the oscillating motion causes 
vortices to form between each baffle so that radial mixing is superimposed onto axial flow through 
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Figure 4.1  (A) Diagram of radial mixing (blue arrows) and axial flow (green arrows) in an oscillatory 
flow reactor containing donut baffles (black); (B) Photograph of flow pattern captured in an 
oscillatory baffled column showing axial flow (in directions of arrow) and radial mixing (spirals or 
eddies) (Ni et al., 2003). 
 
4.1.1 History of oscillatory flow and oscillating reactors 
The earliest reported applications of oscillatory flow were in the 1950s for enhanced solvent 
extraction in pulsed packed columns.  The fluid was pulsed through a column, containing fixed plates 
or packings, either by the action of a piston or by an alternating supply and exhaust of air (Ni et al., 
2003, 1998).  The first reciprocating plate column was developed in the 1950s, also for enhanced 
solvent extraction (Karr, 1959).  The plates consisted of a large number of closely spaced holes.  The 
movement of these plates resulted in small-scale eddies to drive mixing, rather than the defined 
vortices produced in the more recent pulsed baffled and oscillatory baffled columns which contain 
annular (donut) baffles (Ni et al., 2003).  
 
Oscillatory flow was first used for the enhancement of gas-liquid mass transfer when Baird and 
Garstang (1972) applied pulsation to a bubble column containing baffle plates.  Bellhouse (1973) 
used oscillatory flow in furrowed channels for enhanced blood oxygenation.  Studies on oscillatory 
flow for a wider variety of applications started in the 1980s (Mackley and Ni, 1991; Ni et al., 2003).  
Hewgill et al. (1993) reported a six-fold increase in the     for the mass transfer of oxygen into 
water in the presence of baffles and oscillations in a vertical tubular reactor.  Hewgill’s energy 
calculations suggest that the oscillatory flow column operates more efficiently than a conventional 
stirred tank reactor (Hewgill et al., 1993).  Table 4.1 shows other applications of oscillatory flow from 









Table 4.1  Chronological list of applications of oscillatory flow, including maximum     values for reactors in which this was measured (blue highlighted), and those reactors 
used for biological processes (green highlighted), and those in a horizontal configuration (purple highlighted) (adapted from Ni et al. (2003)).  
Reactor type Year Application Description     (h
-1) Freq.; ampl.; UG Power Reference 
Open reciprocating-plate 
extraction column 
1959 Solvent Extraction Oscillating baffles    Karr (1959) 
Air-pulsed water column 1967 Improved gas hold-up and 
power dissipation  
Vertical, fixed baffle plates or 
rings 
   Baird and 
Garstang (1967) 
Pulsed bubble column 1972 Enhanced gas-liquid mass 
transfer 
Vertical, batch, fixed baffles, 
sparged 
540 Freq: 1.09 – 1.35 Hz 
Amp: 0 – 94 mm 
UG: 0.026 m s
-1 




1973 Enhanced gas-liquid mass 
transfer 
Furrowed channel    Bellhouse 
(1973) 
Furrowed Channel 1985 Enhanced mixing (dispersion) Furrowed channel    Sobey (1985) 
Baffled U-shaped duct 1989 Enhanced mixing and 
observation of flow patterns 
U-shaped, sharp edges and 
baffles 
   Brunold et al. 
(1989) 
Baffled tubes 1989 Enhanced mixing and residence 
time distribution  
Horizontal, batch, fixed 
triangular baffles 
   Dickens et al. 
(1989) 
Pulsed baffled tube 1991 Mixing and dispersion Fixed baffles, horizontal and 
vertical tubes 
   Mackley and Ni 
(1991) 
Pulsatile flow bioreactor 1992 Bacterial cultivation Vertical, fixed baffles, pulsed 
liquid 
   Harrison and 
Mackley (1992) 
Oscillatory baffled tube 1993 Enhanced gas-liquid mass 
transfer 
Vertical, 3 baffle types (orifice, 
central, helical), oscillating 
baffles 
108 Freq: 0 – 8 Hz 
Amp: 0-6 mm 
UG: 0.00042 – 0.0024 
m s-1  
600 W m-3 
(Osc and 
aeration) 
Hewgill et al. 
(1993) 
Baffled tube arrays 1993 Enhanced mixing Array of vertical tubes, fixed 
baffles 
   Mackley and Ni 
(1993) 
Pulsed baffled bioreactor 1995 
 
Mass transfer in yeast Vertical, batch, sparged, fixed 
baffles 
450 Freq: 9 Hz; Amp: 10 
mm; Aeration: 0.5 vvm 
7700 W m-3 
(Osc only) 
Ni et al. (1995) 




Reactor type Year Application Description     (h
-1) Freq.; ampl.; UG Power Reference 
Baffled tube 1995 Heat transfer Horizontal heat exchanger, 
oscillating baffles, no aeration 
 Freq: 2.5 Hz 
Amp:  2.1mm 
90 W m-3 Mackley and 
Stonestreet 
(1995) 
Pulsed baffled reactor 1996 Scale-up, mass transfer Vertical, batch, sparged, fixed 
baffles, 50 mm diameter 
column vrs 100 mm 
324 Freq: 3 – 8 Hz 
Amp: 4, 8, 12 mm 
UG: 0.0021 – 0.0085 m 
s-1 




1998 Enhanced mixing (wrt baffles 
free area, baffle thickness, 
baffle spacing) 
Fixed baffles and oscillating 
baffles; vertical 
   Ni et al. (1998) 
Baffled tube reactors 1999 Enhanced mixing and residence 
time distribution 
Vertical, U-bend, no air, fixed 
baffles 
   Stonestreet and 









2001 Droplet size for suspension 
polymerisation 
Continuous, fixed baffles, 
sequence of vertical tubes 




2001 Production of sterols from an 
ester saponification reaction 
Continuous, fixed baffles, two 
tubes connected with U-bend 
   Harvey et al. 
(2001) 
oscillatory baffled reactor 2002 Polymer product engineering Batch, vertical, fixed baffles    Ni et al. (2002) 
Oscillatory flow reactor 2002 Scale-up (polymer / sterol 
production) 
Horizontal, not aerated, 
continuous 




2003 Biodiesel production from 
rapeseed oil (process 
intensification) 
Continuous, two vertical tubes 
connected with U-tube 




2003 Degradation of the pollutant, 
salicylic acid by photocatalytic 
oxidation 
Fixed baffles    Gao et al. (2003) 




Reactor type Year Application Description     (h
-1) Freq.; ampl.; UG Power Reference 
Pulsed sieve plate 
column 
2003 Emulsion polymerisation Continuous, fixed baffles 
containing many closely 
spaced holes 




2005 Biopolymer production 
(pullalan) 
Oscillating baffles, vertical 
column, batch 




2005 Heat transfer enhancement Helical oscillating baffles,     Solano et al. 
(2012) 
Oscillatory flow meso 
reactor 
2007 Biodiesel production 
(transesterification reaction) 
Batch vs continuous, vertical, 
smooth periodic constriction 
tube (inner tube) 








Flotation kinetics Oscillating grid baffles    Changunda et 
al. (2008); 




2010 Cyclopentane hydrate 
production 
Fixed orifice baffles, vertical, 
batch 






For laboratory use, and 
designed for direct scale-up 
Integral, helical or axial 
circular baffles (fixed), 
sequence of vertical tubes, 
continuous 
   Phan and 
Harvey (2010, 
2012) 
Oscillatory flow reactor 2015 Algal lipid production Horizontal tubular reactor, 
oscillating baffles 
17 Freq: 0.7 Hz 
UG: 0.01 m s
-1 
552 W m-3 THIS WORK 
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4.1.2 Key improvements to oscillatory flow reactors with regards to mixing and mass 
transfer 
Many of the earlier studies on oscillatory flow, as well as some current studies, described reactors 
fitted with fixed baffles with oscillation or pulsation of the fluid through the baffles driven externally 
(Baird and Garstang, 1972; Brown and Ni, 2010; Hewgill et al., 1993; Ni et al., 2002, 1995).  However, 
some recent designs for the oscillatory baffled rectors achieved oscillatory flow through oscillating 
baffles attached to a rod-shaped piston(s) (Changunda et al., 2008; Gaidhani et al., 2005; Ni et al., 
1998; Solano et al., 2012). 
 
Hewgill et al. (1993) compared the mass transfer of oxygen into water for a vertical tubular reactor 
containing three different baffle types: orifice (wall), central and helical (Figure 4.2).  The results 
from this study showed that the orifice baffles gave the highest oxygen uptake rates (Hewgill et al., 
1993).  Mackay et al. (1991) supported this conclusion, and many subsequent studies on oscillatory 
flow used orifice (donut) shaped baffles (Gaidhani et al., 2005; Harvey et al., 2003; Ni et al., 1998, 
1995; Ni and Gao, 1996; Stonestreet and Van Der Veeken, 1999).   
 
 
Figure 4.2  Diagrams of central, helical and orifice baffles from Hewgill et al. (1993). 
 
Ni et al. (1998) reported a comprehensive study on the effects of baffle thickness, baffle free area 
and baffle spacing on the mixing time achieved in a vertical oscillatory baffled column.  They 
concluded that a reactor containing oscillating baffles (as opposed to pulsed fluid) has optimum 
Central  Baffle Helical  Baffle Orifice (wall) Baffle 
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mixing with a baffle thickness of 2-3 mm, a diameter of the baffle free area 20-22% of the diameter 
of the column, and a baffle spacing of 2 times the diameter of the column.   
 
Ni et al. (2003) reviewed the mixing enhancements achieved though oscillatory flow for a variety of 
applications, and described studies that show improved heat and mass transfer, residence time 
distributions and shear rates using oscillatory flow compared to conventional reactors.  A number of 
studies reported that scale-up of oscillatory flow reactors is linear and predictable (Jian and Ni, 2005; 
Ni et al., 2003; Ni and Gao, 1996).  Ni and Gao (1996) reported improved mass transfer in large 
diameter reactor (100 mm) compared to a small diameter (50 mm) and that the scale-up correlation 
for mass transfer in pulsed baffled reactors was linear.  Jian and Ni (2005) demonstrated that 
scale-up of the mixing properties and fluid velocities in oscillatory baffled columns can be achieved 
by scaling the diameter of the column.   
 
Recently, two laboratories re-examined helical baffles (Phan and Harvey, 2010, 2012; Solano et al., 
2012).  It was reported that helical baffles and integral baffles, consisting of smooth periodic 
constrictions, (shown in Figure 4.3) were more practical at scale-up and more easily manufactured 
than the sharp periodic baffles of conventional oscillatory flow reactors.  Reactors containing 
smooth baffles (helical or integral) have been developed for the production of biodiesel from oil via 
the transesterification reaction (Phan and Harvey, 2010; Zheng et al., 2007). Most recently, a paper 
describing tri-orifice baffles, and the computational modelling of the oscillatory flow when these 
were applied to a reactor, has been published. The report showed that tri-orifice baffles resulted in 
the same shear rates and mixing intensities in larger diameter tubes and so are useful for scale-up 
(Nogueira et al., 2013). 
 




Figure 4.3  (A)  Orifice baffled tube (Zheng et al., 2007); (B) integral baffles (Zheng et al., 2007); C:  
helical baffles (Phan and Harvey, 2010). 
 
4.1.3 Novelty of this work 
The oscillatory flow reactor described in this work is novel because it is the only oscillating-type 
reactor reported in the literature that is horizontal and aerated via a gas headspace (surface 
aeration).  Oscillatory flow reactors are predominantly in the vertical orientation.  All horizontal 
reactors in the literature are designed for chemical reactions that do not require gas, hence the 
tubes are completely filled with liquid (Table 4.1).  The reactors in literature that are aerated, are all 
in the vertical orientation and aeration is via sparging (Table 4.1).  This research project aimed to 
investigate surface aeration in comparison to sparging.  The reason for choosing a horizontal 
configuration for the surface aerated oscillatory baffled reactor (OBR) is to increase the gas-liquid 
mass transfer via a headspace of gas that occupies the top third of the reactor tube.  The novelty of 
this configuration means that although mass transfer, mixing intensities, shear rates and residence 
time have all been reported previously for oscillating-type reactors, none can be directly compared 
with the data obtained from this OBR.   
 
Another significant feature of the literature is that, to our knowledge, there are only two reported 
uses of an oscillatory reactor for the growth of a microorganism: Ni et al. (1995) describe a vertical, 
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Mackley (1992) describe a vertical, pulsatile flow bioreactor with fixed baffles for growth of 
Alcaligenes eutrophus H16.  There are no reports on the use of oscillating-type reactors for the 
culturing of algal species, as yet.   
 
4.2 Materials and Methods 
 
The OBR was designed as described in Section 2.3.2, consisting of a horizontal glass column held 
between two Teflon plates and containing baffles attached to an oscillating piston.   
 
The mixing time (  ) (Section 2.4.1), mass transfer coefficient (      ) (Section 2.4.2) and power 
input (Section 2.5.2) were determined for a range of oscillating frequencies (0 to 0.7 Hz) at a 
constant centre-to-peak oscillation amplitude of 59 mm using three baffle types (donut, half-moon 
and perforated half-moon).  This amplitude is defined as the distance moved by the baffles from 
their starting location to the furthest distance from the starting point.    
 
Scenedesmus sp. were cultivated from 7 day-old stock cultures in the OBR using donut baffles at 0.2, 
0.4 and 0.7 Hz.  Air enriched with 1% CO2 was continuously replenished in the headspace of the PBR 
at 0.2 L min-1.  Biomass and lipid concentrations were monitored throughout the 14 day growth 
cycles by measuring dry weight (Section 2.4.6) and total fatty acid content (Section 2.4.7).   
 
4.3 Results and Discussion 
 
4.3.1 Mixing 
The mixing time (time taken to reach 95% homogeneity) in the OBR was measured by addition of a 
5M NaCl tracer at various oscillation frequencies with each of the three baffle types, with 
subsequent determination of conductivity (AZ 86555 bench-top meter) (Figure 4.5).  The 
conductivity probe was placed at the same end of the reactor as the tracer injection point, 
approximately 70 mm from the left side of the reactor (Figure 4.4).  Mixing times were expected to 
improve (decrease) with increased agitation (oscillating frequency) (Ni et al., 1998), contrary to the 
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results in Figure 4.5.   These results display relatively constant mixing times in the range 10 – 25 
seconds for oscillation frequencies between 0.1 and 0.4 Hz for each baffle type.  Half-moon and 
perforated half-moon baffles had higher mixing times (32 – 45 seconds) at higher frequencies (0.45 - 
0.7 Hz), denoting a reduction in mixing.  With donut shaped baffles the mixing time remained in the 
range 13 to 22 seconds at all oscillation frequencies.  The best mixing time with donut baffles (13.3 
seconds) was achieved at 0.3 Hz, above and below which mixing time increased slightly.   
 
 
Figure 4.4  Oscillatory baffled photobioreactor containing donut baffles with probe inserted on the 
left side of the reactor, reaching 70 mm into the reactor. 
 
 
Figure 4.5  Mixing time at increasing oscillation frequency in an oscillatory baffled photobioreactor 
containing donut, half-moon or perforated half-moon baffles.  Error bars indicate the standard 



















Oscillation Frequency (Hz) 
Donut Half-moon Perforated half-moon
Probe 
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Phenolphthalein indicator solution was used to visualise mixing patterns in the OBR.  Slower mixing 
occurs with half-moon and perforated half-moon baffles at higher oscillation frequencies (seen in 
Figure 4.5) because the wave, created by baffle oscillation, collides with the returning wave.  This 
resulted in poor transfer across the length of the reactor, affected by oscillation frequency, despite 
some individual inter-baffle compartments of the reactor being well mixed.  Hence the tracer does 
not necessarily reach the section of the reactor furthest from the tracer injection point, and at high 
oscillation frequency the overall dispersion of the tracer in the reactor was reduced.  This was 




Figure 4.6  Time lapse photographs of the oscillatory baffled photobioreactor with half-moon baffles 
at (A) 0.2 Hz and (B) 0.7 Hz containing an alkaline solution and phenolphthalein indicator (pink) after 
addition of strong acid (colourless).   
 
Figure 4.6A shows that at 0.2 Hz with half-moon baffles, complete mixing was achieved in 
40 seconds, and 95% homogeneity was reached in under 30 seconds (in accordance with the 
conductivity tracer experiments).  Figure 4.6B shows that at 0.7 Hz the alkaline solution (pink) 
remained in the far right of the reactor after 60 seconds, and 95% homogeneity was reached after 
A 
B 
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30 seconds (in agreement with NaCl tracer experiments).  At 0.2 Hz (Figure 4.6A), and up to 0.4 Hz, 
the rapid tumbling of liquid over each consecutive baffle was noted, creating uniform eddies in each 
inter-baffle section.  At these lower frequencies a wave of liquid moves back and forth in the reactor 
column in one direction at a time.  At 0.7 Hz (Figure 4.6B), and all frequencies above 0.4 Hz, 
tumultuous mixing was noted, with two consecutive waves forming from each end plate of the 
reactor column that collide with each other, preventing transfer to the area furthest from the 
injection point.   
 
Table 4.2 compares the mixing times across various reactor types, including those typically used for 
algal cultivation and a vertical oscillatory baffled column.  The OBR described in this work has a 
range of mixing times lower (indicating faster mixing) than the majority of reactors in Table 4.1, 
comparable to the stirred tank reactor described by Camacho et al. (2011).  This has significant 
advantages for the application of this reactor to algal cultivation and other bioprocess systems, as it 
results in homogenous suspensions where cells are well distributed and thus evenly exposed to 
nutrients and light. 
 
Table 4.2  Comparison of mixing times across various reactor types, including photobioreactors 
(PBR) for algal cultivation.   
Reactor type Configuration Mixing time Reference 
Oscillatory baffled 
PBR 
Horizontal; 59 mm amplitude; 
0.2 – 0.7 Hz frequency 
12 – 45 s This work 
Oscillatory baffled 
column 
Vertical; 0.02 m amplitude; 1 Hz 
frequency 
50 – 100 s Ni et al. (1998) 
Stirred tank PBR  5 – 30 s Camacho et al. (2011) 
Bubble column PBR  50 – 120 s Sánchez Mirón et al. 
(2004) 
Airlift PBR  30 – 80 s Jones and Harrison 
(2014) 
Flat-panel PBR  80 – 200 s Sierra et al. (2008) 
Raceway   1.4 – 6 h Mendoza et al. (2013) 
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4.3.2 Mass transfer 
The mass transfer coefficient was measured in the OBR using the gassing-in method and corrected 
for the probe response time by using the equations described in Section 2.4.2.  Increasing the 
oscillation frequency caused an increase in the mass transfer coefficient (Figure 4.7).  Results 
showed that donut baffles provided superior mass transfer compared with half-moon baffles (Table 
4.3 and Figure 4.7).  The addition of perforations on half-moon baffles improved the mass transfer 
1.5 times (5.9 to 9.5 h-1), but remained 1.8 times lower than donut baffles (17.2 h-1) at a frequency of 
0.7 Hz (Table 4.3).  Oscillating half-moon baffles caused a rippling or rolling wave over the top of the 
baffles that did not result in sufficient entrainment of gas (Figure 4.8A), which is necessary for 
gas-liquid mass transfer.  Donut baffles moving through the column of liquid and gas allowed the 
liquid to pour through each baffle in turn (Figure 4.8B), providing more contact between gas and 
liquid, thus improving gas-liquid mass transfer.  Likewise, Hewgill et al. (1993) and Mackay et al. 
(1991) found that donut baffles provided higher gas-liquid mass transfer than helical or wall baffles.  
Thus, the rolling wave with half-moon baffles in the OBR provided good liquid mixing but did not 
enhance the transfer of gas from the head space into solution.   
 
 
Figure 4.7  Mass transfer coefficient (      ) on the oscillatory baffled photobioreactor at 
increasing oscillation frequency with donut, half-moon and perforated half-moon baffles.  Error bars 



















Oscillation Frequency (Hz) 
Donut Half-moon Perforated half-moon
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Table 4.3  The CO2 mass transfer coefficient,       , obtained at the highest oscillation frequency 
(0.7 Hz) across three baffle types.   
Baffle type Maximum        (h
-1) Oscillation frequency (Hz) 
Donut 17.2 0.7 
Half-moon 5.9 0.7 




Figure 4.8  Oscillatory baffled PBR with donut baffles and half-moon baffles at 0.7 Hz.  The outlined 
sections show the liquid rolling over the (A) half-moon baffles, or (B) pouring through the baffle free 
area of the donut baffles. 
 
The power consumed by the OBR was measured using calorimetry (Section 2.5.2).  Power input 
increased with oscillation frequency.   In Figure 4.9 the increase in the mass transfer coefficient 
(      ) with increased power input is shown, in agreement with previous studies (where power 
input were calculated theoretically) (Hewgill et al., 1993; Ni et al., 2003, 1995).  This means that 








Figure 4.9  The relationship between volumetric power input and CO2 mass transfer coefficient for 
the oscillatory baffled PBR with donut baffles at increasing oscillation frequency.  Error bars indicate 
the standard deviation of n = 3 replicates.   
 
Mass transfer coefficients reported in the literature are usually for oxygen, and so the       for the 
OBR was used for comparison to literature data.  These values are slightly higher (4.9 – 17.2 h-1) than 
       (5.3 – 19.5 h
-1). The mass transfer in the horizontal OBR was lower than other oscillatory 
type reactors described in the literature (Table 4.4).  Many previously reported oscillatory reactors 
were operated at frequencies above 1 Hz, amplitudes below 10 mm, and several include gas 
sparging (Hewgill et al., 1993; Ni et al., 2003, 1995; Ni and Gao, 1996).  Furthermore, to date, all 
mass transfer studies are reported for vertical oscillatory reactors.   
 
Increasing the oscillation frequency above 0.7 Hz and providing sparging to the OBR in this work 
could improve mass transfer, but at the cost of increased power input.  Based on the information in 
Table 4.4, decreasing the oscillation amplitude at high oscillating frequency has the potential to 
provide higher mass transfer at comparable power input.  For example, given a power input of 
200 W m-3, at approximately one tenth of the amplitude, and ten times the frequency used in this 
work, Ni et al. (1995) obtained a     12-times higher (75.6 h
-1) than those reported here for the OBR 
(6.3 h -1) (Table 4.4).  However, the mass transfer behaviour in the vertical, sparged columns 
reported in literature will be considerably different to that of the horizontal, surface aerated OBR in 
this work.  Increasing the oscillation frequency was shown to have little effect on mixing (Figure 4.5), 


















Power (W m-3) 
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Photobioreactors with     as low as 1.8 to 21.6 h
-1 have been reported to support algal cultivation 
(Brindley Alías et al., 2004; Sierra et al., 2008).  To determine whether the OBR in this work can 
provide sufficient mass transfer for cultivation of Scenendesmus sp., this species was grown at three 
oscillation frequencies and the biomass and lipid concentrations recorded with time (Section 4.3.3).  
 
Table 4.4  Reported power density and       in a variety of reactors and algal photobioreactors.  
Numbers in italics indicate the estimated       at 200 W m
-3 extrapolated from reported graphs. 




Horizontal; no sparging;  
59 mm amp.;  
0.25 - 0.6 Hz freq. 
216 – 461  
(200) 





Vertical; sparged1;  
4 – 14 mm amp.;  
2 – 12 Hz freq. 
200 – 6500 
(200) 
75.6 – 310 
(75.6)  
Ni et al. (1995) 
Oscillatory flow 
reactor 
Vertical; sparged;  
≤ 6 mm amp.;  
≤ 8 Hz freq. 
100 – 500 
(200) 
64.8 – 108 
(79.2) 
Hewgill et al. 
(1993) 
Stirred tank Conventional; sparged 50 – 600 
(200) 
18 – 70.2 
(36) 
Hewgill et al. 
(1993) 
Airlift Conventional; algal 
cultivation 
6 – 82  25.2 – 39.6  Jones and 
Harrison (2014) 
Flat-panel PBR Sparged; algal 
cultivation 
5 – 55 1.8 – 21.6 Sierra et al. 
(2008) 
Bubble column Conventional; algal 
cultivation 
25 – 500  14.4 – 151 Sánchez Mirón 
et al. (2004) 
1 Aeration power not included.   
 
4.3.3 Biomass and lipid production 
Donut baffles provided higher mass transfer rates than the half-moon and perforated half-moon 
baffles, and so were chosen for algal cultivation.  Scenedesmus sp. was grown in the OBR at three 
oscillating frequencies (0.25 Hz, 0.4 Hz and 0.7 Hz) to investigate the relationship between power 
input, mass transfer and algal productivity.  These oscillation frequencies correspond to        of 
4.9, 8.8 and 17.2 h-1, respectively.  Growth curves and lipid production under these conditions are 
shown in Figure 4.10 and Figure 4.11, respectively.   
 




Figure 4.10  Growth curves of Scenedesmus sp. cultivated in the oscillatory baffled PBR with donut 
baffles at 0.25, 0.4 and 0.7 Hz (       4.9, 8.8 and 17.2 h
-1, respectively), 59 mm amplitude.  Error 
bars indicate the standard deviation of n = 2 replicate dry weight samples. 
 
 
Figure 4.11  Lipid production by Scenedesmus sp. cultivated in the oscillatory baffled PBR at 0.25, 0.4 
and 0.7 Hz (       4.9, 8.8 and 17.2 h
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At 0.7 Hz, the culture was in exponential phase for the first three days, after which it entered linear 
growth until day 7 or 8 (Figure 4.10).  The maximum biomass concentration reached at 0.7 Hz was 
1.07 g L-1, giving a biomass productivity of 0.11 g L-1 d-1.  At 0.7 Hz the lipid reaches a maximum of 
0.31 g L-1 at 14 days, giving a lipid productivity of 21.9 mg L-1 d-1 (Figure 4.11).  These values are 
within the range reported in an extensive review of biomass and lipid productivities for various 
species of Scenedesmus  averaged across the literature (Table 4.5, Griffiths and Harrison (2009)).  
However, biomass and lipid productivities are lower in the OBR (0.11 and 0.02 g L-1 d-1, respectively) 
than those reported in the ALR (0.17 and 0.03 g L-1 d-1, respectively) and an airlift driven raceway 
pond (0.19 and 0.04 g L-1 d-1, respectively) (Table 4.5).  Although mixing times in the OBR were 
superior to a number of PBR configurations in the literature (Table 4.2), low mass transfer could be 
reducing the amount of CO2 reaching the algal cells, and thus limiting biomass and lipid 
productivities.  In sparged oscillatory flow reactors, radial mixing between baffles enhances gas-
liquid mass transfer.  However, in the surface aerated OBR, when the liquid was well mixed, there 
was little gas entrainment. Furthermore, the      values measured here represented the inter-baffle 
mass transfer closest to the air inlet (where the probe was placed), and may inconsistent across the 
length of the reactor.   
 
The most commonly used method for increasing mass transfer in a reactor is to introduce sparged 
gas, which is energy intensive.  Table 4.5 compares the biomass productivities per unit power in an 
airlift, airlift driven raceway, and the unsparged OBR.  The OBR had comparable productivity per unit 
power (0.20 – 0.37 g W-1 d-1) compared to the airlift (0.13 – 0.56 g W-1 d-1) but lower than the airlift-
driven raceway (0.8 g W-1 d-1).  However, the lower productivity per unit volume of the OBR 
compared to these reactors means that more materials, land area and capital cost would be 
required at large-scale.  The energy efficiency of the OBR in comparison to other bioreactor types is 
discussed in detail in Chapter 6.   
 
Previous reports discuss improved biomass production with increased CO2 concentrations in the gas 
fed to the algal PBR, as high as 10% CO2 (de Morais and Costa, 2007; Tang et al., 2011).  Increasing 
the CO2 concentration in the headspace of the OBR could be a low energy solution to improving CO2 
mass transfer without sparging.  In this way the biomass and lipid production would increase with no 
increase in power input for sparging, resulting in further improvements to productivity per unit 
power. 
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Table 4.5  Volumetric biomass and lipid productivities, and biomass productivities per unit power, 
for various Scenedesmus species cultivated in a variety of photobioreactors.  Power input for the 
airlift driven raceway were recalculated using ‘total aeration power’ (Section 2.5.1.2), for 
comparison with the reactors in this work.   
Species Reactor Biomass 
(g L-1 d-1) 
Lipid      




(g W-1 d-1) 
Lipid       
(g L-1 d-1) 
Reference 
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The novel unsparged, horizontal oscillatory baffled photobioreactor (OBR) designed and tested in 
this work had good inter-baffle mixing in comparison to vertical oscillatory flow reactors as well as a 
variety of commonly used PBRs.  An area of poor mixing was seen at the far end of the OBR, 
indicating poor transfer between baffle compartments, particularly at high oscillation frequency.  
Mass transfer was low in comparison to other reactors and could have been overestimated as the 
measurements were only taken at the end of the reactor closest to the gas inlet, and may not be 
consistent across the reactor.  Mass transfer improved with increased frequency and thus increased 
power input.  Comparison with previous reports on oscillatory flow reactors revealed that mass 
transfer could be further improved by, decreasing oscillation amplitude at high frequency, or 
addition of gas sparging.  However, these reports describe vertical oscillatory flow reactors in 
contrast to the horizontal OBR.  An alternative possibility for increased mass transfer in the OBR is by 
increasing the CO2 concentration in the gas headspace. 
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Donut baffles provided higher mass transfer than half-moon and perforated half-moon baffles, due 
to higher contact between liquid and gas, and supported algal growth to 1.07 g L-1.  The algal 
productivity per unit power was higher at low oscillation frequency due to small differences in 
volumetric productivity and large differences in power input when the oscillation frequency was 
reduced.  The algal productivity per unit power in the unsparged OBR (0.20 – 0.37 g W-1 d-1) may be 
improved by increasing the CO2 mass transfer rate, and thus CO2 availability to the algal culture.  
Therefore, the OBR offers a novel approach to mixing and mass transfer that supports algal growth 
and lipid production to an acceptable standard.  However, the design provided low CO2 mass 
transfer which led to reduced algal biomass and lipid productivity compared to previously reported 
sparged reactor, and thus limited the energy efficiency of the OBR.   
 
Re-design of the length to width ratio of the OBR, continuous versus batch cultivation, or 
recirculation of the liquid from the far end, back to the inlet might eliminate the poorly mixed area 
at the far end of the column and improve mass transfer.  Also, increasing the surface area to volume 
ratio and adding a gas outlet port at the opposite end to the gas inlet may improve mass transfer, 
specifically.  The gas outlet should be a vertical exhaust vent in the glass column to prevent loss of 
liquid.  Testing a wider range of baffle designs could also result in further enhancements to mixing 
and mass transfer rates.  Mixing, mass transfer and algal growth studies at approximately one tenth 
of the oscillation amplitude and ten times the oscillation frequency would be valuable and may 
result in still higher algal productivities per unit power.  Furthermore, there are multiple possible 
configurations for surface aerated reactors.  In the Chapter 5 a second surface aerated PBR, the 
wave bioreactor, is discussed.   




5 Wave Photobioreactor:  Application of surface aeration by wave 
motion for energy efficient cultivation of Scenedesmus sp. 
 
5.1 Introduction and Literature Review 
 
The previous chapters describe an airlift reactor (Chapter 3), widely used for algal cultivation, and a 
novel, surface aerated reactor, the oscillatory baffled reactor (Chapter 4).  In this chapter a wave 
photobioreactor (WR) will be described and investigated as a second novel, surface-aerated PBR for 
energy efficient algal cultivation.   
 
The Wave Bioreactor® is relatively new compared to the airlift concept and oscillatory flow-type 
reactors.  A bioreactor using wave agitation was invented in 1996 by Vijay Singh (Singh, 2005) who 
first published its description, mass transfer capabilities and application to animal and plant cell 
culture in 1999 (Singh, 1999).  The Wave Bioreactor® was then patented for animal cell culture in 
February 2001, extended in 2003 (Singh, 2003), and is now sold as a commercial bioreactor by GE 
Healthcare and previously by Wave Biotech (Singh, 2005).  The invention was in response to the 
unsuitable existing technologies for animal cell culture which used mechanical stirring and bubbling 
for aeration, both of which cause shear stress to the fragile cell cultures.  The technologies at the 
time were also arduous to sterilise, resulting in weeks of downtime before the vessels were 
prepared for cell culture.  Stirred tank reactors adapted for animal cell culture showed promise, but 
were either difficult to scale-up without losses in mass transfer capability or were complex and 
difficult to operate.  The Wave Bioreactor® offered a vessel with low shear, which was disposable, 
easy to operate and produced good mass transfer without bubbling (Singh, 2005, 1999).  More 
recently, similar wave-generating bioreactors have been developed including the BioWAVE®, 
BIOSTAT®, AppliFlex and CELLtainer® (Eibl et al., 2009; Lehmann et al., 2013; Westbrook et al., 2014).   
 
A Wave Bioreactor® consists of a plastic, disposable, Cellbag® sitting atop a rocking platform.  The 
Cellbag® is inflated with gas (air) and partly filled with liquid growth medium.  The rocking motion 
creates a wave, allowing gas transfer across the large liquid surface without the need for gas 
sparging.  The wave also promotes bulk mixing (Eibl et al., 2009; Kadwell and Hardwicke, 2007; 
Singh, 1999).  Singh (1999) reported mixing times as rapid as 5 to 10 seconds and     between 2 and 
4 h-1 for a 10 L liquid volume in the original Wave Biroeactor® design.  Wave Bioreactors® are 




typically 2, 5, 10 or 20 L volumes, but have been scaled-up to a working volume of 500 L (Junne et 
al., 2013; Singh, 2005).  The BioWAVE®, BIOSTAT®, AppliFlex and CELLtainer® bioreactors also consist 
of bags made from biologically inert polymers, placed on top of rocking platforms.  The CELLtainer® 
differs from the others in that it rocks in a 2 dimensional fashion.  This means in addition to rocking 
back and forth it moves horizontally around the axis of rotation, resulting in both horizontal and 
vertical displacement of the liquid wave, as in Figure 5.1 (Westbrook et al., 2014).  The one 
dimensional wave bioreactors differ in the range of sizes, and thus possible culturing volumes, 
available from the manufacturers, where the AppliFlex is limited to lab-scale culturing, and the 
others can be up-scaled to 100 – 500 L ( Eibl et al., 2009). 
 
Since their development and commercial availability, the wave-generating bioreactors have become 
popular for animal, insect and plant cell cultures (Eibl and Eibl, 2006; Kadarusman et al., 2005; 
Kadwell and Hardwicke, 2007; Slivac et al., 2006; Tang et al., 2007; Weber et al., 2002).  The Wave 
Bioreactor® was also the first of a number of other disposable reactor types which became widely 
used, particularly in the growth of microorganisms for production of biopharmaceuticals (Junne et 
al., 2013; Westbrook et al., 2014).  Westbrook et al. (2014) cultivated E. coli in a rocking wave 
reactor for the production of recombinant proteins.  The study showed     of 150 h
-1 at 40 rpm, 
increasing to 250 h-1 in a CELLTainer®.   
 
 
Figure 5.1  Diagram of a 1 dimensional wave bioreactor (A), and a 2 dimensional CELLTainer® (B).  
The 1D reactor tilts along a central pivot causing vertical displacement; the 2D reactor moves around 
the axis of rotation (Westbrook et al., 2014). 




To our knowledge there are currently few reported applications of wave-generating bioreactors in 
microbial cultivation.  The first of these studies was for the cultivation of aerobic yeast at high 
oxygen transfer rates in the Wave Bioreactor® (Mikola, 2007).  In this study the     were between 1 
and 9 h-1 at rocking rates up to 40 rpm for both the standard 10 L CellBag® and a novel cellbag which 
included an oxygen sparger.  If headspace exchange is applied to the system, the     increases to 
38 h-1 at 40 rpm (Mikola, 2007).  The highest yeast cell dry weight obtained was 9.1 g L-1 in a 5 L 
CellBag® (0.364 g L-1 h-1), and 6.9 g L-1 in a 10 L CellBag® (0.276 g L-1 h-1).  Other reports describe the 
successful growth of E. coli (0.8 – 1.1 g L-1 h-1) and Corynebacterium diphtheria in wave-generating 
bioreactors (Glazyrina et al., 2010; Junne et al., 2013; Werner et al., 2010; Westbrook et al., 2014).   
 
A study by Dreesen et al. (2010) is the first, to our knowledge, to describe the cultivation of algae in 
a Wave Bioreactor® at a rocking rate of 30 rpm, rocking angle of 6° and headspace aeration of 
0.45 L min-1 (air, 400 ppm CO2).  They reported the successful cultivation of Chlamydomonas 
reinhardtii for the stable expression of antigens against Staphylococcus aureus as an oral vaccine for 
mice.  The algal biomass reached 1.2 g L-1 and both biomass and antigen production yields were 20% 
higher than those in shake-flask cultures (Dreesen et al., 2010).  Lehmann et al. (2013) compared the 
cultivation of the diatom Phaeodactylum tricornutum in an orbital shaker and two rocking wave-type 
reactors:  a 2 L BioSTAT at 35 rpm, 10°, 0.5 vvm air at 5% CO2; and a 10 L AppliFex at 20 rpm, 10°, 0.5 
vvm air at 5% CO2.  In the wave-type reactors biomass concentrations reached 0.4 g L
-1.  Cirés et al. 
(2015) cultivated a cyanobacterium, Anabaena siamensis, diazotrophically in a wave bioreactor.  This 
report showed significantly increased CO2 fixation rates, biomass productivities (0.06 g L
-1 d-1) and 
bioproduct productivities (phycocyanin pigment and steriodonic acid) compared to cultivation in a 
conventional bubbled suspension.  These are currently the only publicly reported studies of algal 
cultivation in wave bioreactors.  The current work is the first to culture Scenedesmus sp. in a wave 
bioreactor, and the first to investigate the relationships between mixing, mass transfer and algal 
biomass and lipid production in relation to power input in a wave bioreactor.   
 
The aim of this chapter was to investigate the potential of using wave induced mixing and mass 
transfer for application in algal PBRs.  Lights were placed above a Wave Bioreactor® to convert it into 
a photobioreactor for algal cultivation.  Mixing and mass transfer rates were investigated in terms of 
power input for wave generation.  Promising rocking rates and angles were chosen for cultivation of 
Scenedesmus sp. for lipid production.    




5.2 Materials and Methods 
 
A set of fluorescent lights in a wooden frame was used to house a Wave Bioreactor® so that the 
CellBag® was illuminated from above, as described in Sections 2.3.3 and 2.3.4.  Dissolved oxygen and 
conductivity probes placed in the bottom-right port in the cellbag were used to measure the mixing 
time (  ) and the CO2 mass transfer coefficient (      ), as described in Sections 2.4.1 and 2.4.2, 
respectively.  Video footage of mixing patterns using phenolphthalein indicator solution (Section 
2.4.1) was converted to photographs and used to verify conductivity results.  The power input for 
agitation (rocking motion) in the wave photobioreactor was calculated from the temperature 
method, described in Section 2.5.2.  Based on studies in the airlift reactor (Chapter 3), rocking rates 
and angles were chosen that resulted in        supportive of algal growth at high and low energy 
input.  Under these conditions, the biomass and lipid concentrations were measured during 
cultivation of Scenedesmus sp. in the wave photobioreactor (Sections 2.4.6 and 2.4.7, respectively).   
 
5.3 Results and Discussion 
 
5.3.1 Mixing 
Mixing times were measured using a conductivity probe (response time 3.3 seconds), and monitored 
visually using phenolphthalein indicator solution.  Figure 5.2 shows that after inoculation in the top 
right corner of the reactor, the tracer spread across the width of the cellbag as a vertical band 
moving back and forth along the length of the bag, aided by the rocking motion of the platform.  The 
platform rocks up and down along the length of the reactor (Figure 5.2). The mixing times were 
estimated from these colour change experiments and compared to mixing times using a conductivity 
probe and salt tracer.  There was no significant difference in the results from each method (Figure 
5.3).  Mixing times (from the conductivity method) decreased from 70.5 to 18.3 seconds between 10 
and 40 rpm, but were not substantially affected by rocking angle at 30 and 40 rpm, e.g. ranging 
between 14.5 and 21.2 seconds for angles between 2 and 10° at 30 rpm (Figure 5.3).   
 







Figure 5.2  (A) Mixing pattern in the wave photobioreactor at a rocking rate of 30 rpm and rocking 
angle of 10° at regular time intervals shown in seconds (0 – 17 s) using phenolphthalein indicator 
solution in alkaline solution and a 1 M HCl tracer.  (B) A simplified representation of the path 
travelled by the HCl tracer as the reactor rocks back and forth.  The platform rocks around the 
horizontal axis as indicated by the green arrow.   
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Figure 5.3  Mixing times measured using a conductivity probe and 1M NaCl tracer (Cond.), or visually 
using phenolphthalein indicator solution in alkaline solution and a 1 M HCl tracer (Phenolph.) at 
various (A) rocking rates (rpm) and (B) rocking angles (° = degrees).  Error bars indicate the standard 
deviation of n = 3 replicates.   
 
Typical values for mixing times found in the literature range from 16 to 5 seconds at a 10° rocking 
angle and rate of 30 to 40 rpm, as shown in Table 5.1 (Junne et al., 2013; Singh, 1999; Westbrook et 
al., 2014).  The mixing times between 30 and 40 rpm in this study are slightly slower (22 – 18 
seconds).  The faster mixing times quoted by Junne et al. (2013) could be due to the two dimensional 
rocking of the CellTainer.  Additionally, differences could be attributed to different cellbag 
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et al. (2009), Eibl and Eibl (2006) and Westbrook et al. (2014) report reduced mixing efficiency at 
increased working volume (as % of cellbag volume).  Eibl et al. (2009) also report more efficient 
mixing in a smaller (2 L) cellbag compared to a 20 L cellbag.  In this study a 10 L cellbag was filled to 
2 L, giving a 20% working volume.  The smaller cellbag used by Singh (1999) (2 L) may account for 
lower mixing times compared to this work.  Westbrook et al. (2014) showed a mixing time of 
14 seconds at 40 rpm with a working volume of 25% (20 L reactor), comparable to the 18 ± 4.5 
seconds for this study.  Eibl et al. (2009) report values between 100 and 20 seconds at a 10° rocking 
angle and 15 – 25 rpm in a 2 L cellbag (50% working volume), compared to the 50.2 and 29.5 
seconds reported in Figure 5.3 for 15 and 25 rpm, respectively.  The mixing times in Table 5.1 
indicated that wave reactors have potential for processes requiring rapid mixing.   
 
Table 5.1  Review of wave bioreactor investigations reporting oxygen mass transfer (      ), mixing 
time (  ) and specific power input, where Rvol is reactor volume, Fvol is working volume, and rocking 
rate and rocking angle are expressed in rpm and degrees (°), respectively. 
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5.3.2 Mass transfer 
The carbon dioxide mass transfer coefficient (      ) was calculated from      , measured using 
the dynamic gassing in method and a dissolved oxygen probe (Section 2.4.2).  Equation (2.4) in 
Section 2.4.2 was used to adjust the results to account for the probe response time.  Figure 5.4 
shows that at low        there was no significant difference between values measured directly and 
those adjusted for the probe response time.  At higher        the values adjusted for probe 
response time are up to 14% higher than those measured directly.  This demonstrates the 
importance of including the probe response time in analysis of data from the gassing-in method.  All 
previous and subsequent        data reported in this work were adjusted to account for the delay 
caused by probe response time.   
 
 
Figure 5.4  Carbon dioxide mass transfer in the wave photobioreactor at a 10° rocking angle and 
increasing rocking rates.  Values measured directly, and adjusted for delay caused by the probe 
response time.  Error bars indicate the standard deviation of n = 2 replicates.   
 
The mass transfer coefficient increased exponentially with increasing rocking rate (Figure 5.4), as did 
the mixing efficiency (Figure 5.3A), showing the exponential relationship between mixing and mass 
transfer (kLa = 4.03e
65(1/Tm)).  In Figure 5.5 mass transfer is plotted against rocking angle for select 
rocking rates.  Mass transfer increased mildly with increased rocking angle at low rocking rate (15 
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with increased rocking angle (Figure 5.3B), implying that increased mass transfer with increased 
angle at 30 and 35 rpm was independent of mixing (Figure 5.5).  This may be due to the splashing 
wave at high rocking rates and angles which increased the liquid surface area exposed to gas, and 
thus increased mass transfer independent of liquid mixing.   
 
 
Figure 5.5  Carbon dioxide mass transfer in the wave photobioreactor at increasing rocking angle at 
select rocking rates.  Error bars indicate the standard deviation of n = 2 replicates.   
 
Mass transfer coefficients reported in the literature are usually for oxygen, and so the       for the 
WR was used for comparison to literature data.  The       values from this study are slightly higher 
(9.5 – 164.4 h-1) than        (8.8 – 151.7 h
-1), due to the higher diffusivity of O2 in water.  Literature 
values of       for the wave reactor (Table 5.1) vary over a wide range between 1 and 300 h
-1.  
Mikola (2007) demonstrated an increase from 9 to 38 h-1 at 40 rpm and 10° if the nitrogen in the gas 
headspace was exchanged prior to the start of measurement of    .  Therefore, the method of 
measurement significantly affects the comparability of literature values.   Additionally, Eibl et al. 
(2009) and Westbrook et al. (2014) showed an increase in     at lower working volumes.  The 
majority of     values shown in Table 5.1 were at higher working volumes (50%) than in this work 
(20%) and have substantially lower    .  At a comparable 25% working volume, Westbrook et al. 
(2014) reported a     of 25 h
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the     for the rocking bioreactor was 150 h
-1 (Westbrook et al., 2014) which again matched the 
164 h-1 reported for 40 rpm in this work.  Lower working volumes in rocking bioreactors have the 
additional advantage of requiring less power to move the liquid on the platform.  Mass transfer in 
relation to specific power input is discussed in Section 5.3.3 below.   
 
5.3.3 Power input 
Power input by the wave photobioreactor was measured using the calorimetric method as described 
in Section 2.5.2.  This is the energy dissipated in mixing the volume of water by the wave motion 
caused by rocking.  The mechanical energy dissipated by friction as the rocking platform is raised and 
lowered was not confirmed by a direct measurement in this work due to the difficulty in applying a 
torque meter or power meter to the complex electronic base of the wave bioreactor.  Additionally, a 
wave motion for mixing can be generated in a variety of ways other than a rocking platform thus 
altering the power input requirement (discussed further in Section 5.3.4).  Power input per unit 
volume (P/V) increased from 131 to 634 W m-3 with an increase in rocking rate from 10 to 40 rpm at 
a 10° angle, and from 50.8 to 482 W m-3 with an increase in rocking angle from 2 to 10° at a rocking 
rate of 30 rpm (Figure 5.6).  Eibl et al. (2009) calculated specific power in a wave reactor using a 
‘static model’ in which the fluid in the cellbag was assumed to display static behaviour.  By 
determining the cellbag’s point of gravity and the fluid surface area, the distribution of fluid was 
analysed using computer-aided design and the resulting momentums, and thus work done, was 
calculated.  Using this method, Eibl et al. (2009) report a P/V of 210 – 560 W m-3 for a 2 L wave 
bioreactor at 50% working volume, 10° and 12 – 30 rpm. The values measured using the calorimetric 
method of this work were comparable to Eibl et al. (2009), with a P/V of between 480 and 503 W m-3 
at 30 rpm and 10 ° (Figure 5.6).  This is the only publically available study on power input to a wave 
bioreactor, to our knowledge, demonstrating the importance of this work in further investigating 
this reactor type in terms of energy consumption.  
 
A plot of     versus P/V (Figure 5.7) shows that     increased exponentially with increased power 
input. At lower P/Vs, the wave formed inside the cellbag was a gentle rolling wave.  At higher power 
inputs, corresponding to greater liquid motion, the wave became a more pronounced curved, 
crashing wave. The greater surface area of the latter type of wave, in contact with the gas 
headspace, may have contributed to the sharp increase in     after 422 W m
-3 (Figure 5.7).  At the 
most vigorous mixing rate, the wave splashed the roof of the cellbag creating a thin liquid film, 
shown in Figure 5.8, further enhancing gas-liquid mass transfer (Maier et al., 2004).   








Figure 5.6  Power input (W m-3) in the wave photobioreactor at increasing (A) rocking rate at 10° and 
(B) rocking angle at 30 rpm.   
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Figure 5.7  Carbon dioxide mass transfer with increasing power input in the wave photobioreactor.  
Error bars indicate the standard deviation of n = 2 replicates.   
 
 
Figure 5.8  Photograph of thin liquid film on roof of wave cellbag caused by splashing wave at 
40 rpm and 10°.   
 
5.3.4 Algal biomass and lipid production 
Scenedesmus sp. was grown in the wave photobioreactor using BB media and inoculum as described 
in Section 2.2.  The OD at 750 nm was measured as an indication of the biomass concentration in 
two trial experiments in which a comparison was made between daily exchange of the gas 
headspace and constant replenishing of the headspace at 0.2 L min-1.  The culture grown with daily 
headspace exchange grew slowly to a maximum OD of 1.1 in one week at a maximum productivity of 
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constant exchange of gas the culture grew to a maximum OD of 2.29 in one week at a maximum 
productivity of 0.70 and overall productivity of 0.48 absorbance units (750 nm) per day (Figure 5.9).  
This comparison revealed that, for best growth, it was necessary to use a constant flow of gas into 
and out of the cellbag to introduce fresh CO2, and remove O2 that can cause photo-inhibition at high 
concentrations.  All subsequent experiments were performed using a 0.2 L m-1 gas flowrate through 
the headspace with the gas outlet port open.   
 
 
Figure 5.9  Scenedesmus sp. cultivation in the wave photobioreactor at 30 rpm, 10° with daily 
headspace exchange compared to constant gas flow in and out of the headspace.   
 
In Table 5.2 the conditions under which Scenedesmus sp. was cultivated in the WR are summarised.  
Algal growth was monitored under three rocking conditions in the WR:  25 rpm at 10°, 15 rpm at 8° 
and 15 rpm at 4°.  These were chosen as they provided        comparable to the ‘standard’ and 
reduced power input conditions in the ALR (Chapter 3.3.2).  The light intensity was maintained to 
give a total light of 9 µmol s-1 over the reactor area (Table 5.2), equal to the total light received by 
the ALR and OBR (Section 2.3.4).  Scenedesmus sp. grew at similar rates and to similar maximum 
biomass concentrations under each of these conditions (Figure 5.10), despite a reduction in        
from 38 to 8.5 h-1.  This suggests that the rocking rate could be reduced considerably before the 
culture became carbon limited.  However, growth was linear between days 2 and 8 in each case, 
showing that the culture was limited by some other factor, perhaps light.  Scenedesmus sp. was also 
cultivated at 26 µmol s-1 light, 25 rpm and 10° (Table 5.2).  Figure 5.10 shows that the culture grew 
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indicated that the linear growth seen at 9 µmol s-1 was due to light limitation.  A repeat of the 
cultivation at 26 µmol s-1 light was shown to demonstrate the reproducibility of these experiments.  
Similar results were obtained for lipid production, where lipid production was similar in all 
experiments at a light provision of 9 µmol s-1, across the rocking rates and angles, and increased with 
increased light (Figure 5.10B).  Power input for mass transfer can thus be reduced to 85 W m-3 
(corresponding to a        of 8.5 h
-1) without significantly affecting algal biomass and lipid 
production.  In outdoor cultivation, where the total light exceeds 26 µmol s-1, there may be further 
reduction in light limitation and thus the potential for further improvements to biomass and lipid 
production without increasing power input.  However, at higher light the increased growth rates 
may result in increased need for carbon.  Experiments at high light (26 µmol s-1 or outdoors) and 
various        are required to investigate at what rocking rates and angles carbon limitation occurs 
at these higher growth rates.   
 
Table 5.2  Conditions chosen for cultivation of Scenedesmus sp. in the wave photobioreactor. 
Light (µmol s-1) Angle (°) Rate (rpm)        (h
-1)    (s) Power (W m
-3) 
9  10 25 38.4 29.5 422 
9  8 15 18.1 ±19.6 201 
9 4 15 8.5 ±19.6 85 
26 10 25 38.4 29.5 422 
 
The overall biomass and lipid productivities were calculated from Figure 5.10 for each of the chosen 
cultivation conditions (based on the time taken to reach maximum biomass or lipid concentration).  
Figure 5.11  represents these productivities at increasing        and CO2 transfer rate (a function of 
       and CO2 saturation concentration at 10 400 ppm in BB media, Section 2.4.3).  This shows 
that with increased availability of CO2 in this range, there was slight increase in biomass productivity 
but no increase in lipid productivity.  With increased light, the biomass productivity increased, but 
there was no significant increase in lipid productivity.   
 







Figure 5.10  Scenedesmus sp. cultivation in the wave photobioreactor at various rocking rates, 
rocking angles and total light provision.  (A) biomass growth curve (g L-1), (B) lipid production (g L-1). 
Error bars indicate the standard deviation of n = 2 replicate dry weight samples.  The total light 
indicated is equivalent to light intensities of 79 µmol m-2 s-1 (giving 9 µmol s-1 at 0.13 m-2) and 162 
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Figure 5.11  Biomass and lipid productivity (g L-1 d-1) at increasing         and CO2 transfer rate 
(CTR) in the wave photobioreactor at 15 rpm 4° (blue), 15 rpm 8° (red), 25 rpm 10° (green) at 9 µmol 
s-1 light; and 25 rpm 10°  at 26 µmol s-1  (orange).  Error bars indicate the standard deviation from n = 
2 replicate dry weight samples (biomass) and n = 2 replicates at 25 rpm 10° at 26 µmol s-1 (lipid). 
 
Comparisons were made across the cultivation conditions in Table 5.2 with regards to volumetric 
biomass and lipid productivity.  Biomass productivity decreased slightly at a        of 8.5 h
-1 (15 
rpm and 4°) compared to 18 h-1 (15 rpm and 8°) and 38 h-1 (25 rpm and 10°) (Figure 5.12A).  The 
increased biomass productivity at 26 µmol s-1 light again illustrated that when carbon was not 
limiting, light was the limiting factor.  There was no significant difference in lipid productivity across 
the reactor conditions, suggesting that both carbon and light were at the minimum required for the 
cellular machinery to produce lipids, or another limitation (such as another nutrient) constrained 
lipid productivity.   
 
Productivity on a basis of power input per unit volume was compared under each cultivation 
condition in the wave photobioreactor (Figure 5.12B).  Since the biomass and lipid productivities did 
not vary greatly across the reactor conditions investigate, the biomass and lipid productivity per unit 
power increased substantially with lower rocking rate and rocking angle.  Hence the lowest rocking 
rate (15 rpm, 4°) provided the most energy efficient cultivation conditions, with a maximum of 
2.07 g W-1 d-1 (biomass) and 0.567 g W-1 d-1 (lipid).  These productivities could be increased further in 
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an outdoor cultivation facility, with reduced light limitation.  Comparison of these results with algal 




Figure 5.12  (A) Volumetric biomass and lipid productivity (g L-1 d-1), and (B) productivity per unit 
power (g W-1 d-1) under four cultivation conditions in the wave photobioreactor (25 rpm 10°; 15 rpm 
8°; 15 rpm 4° and 25 rom 10° at 26 µmol s-1 light).  X-axis is labelled with        and total light.  
Error bars indicate the standard deviation from n = 2 replicate dry weight samples (biomass) and n = 

















































The results presented above show that the WR has excellent potential for algal cultivation, providing 
sufficient mixing and mass transfer even at relatively low rocking rates.  The next consideration is the 
scale-up of this surface aerated bioreactor.   Eibl et al. (2009) calculated that the power input per 
unit volume relative to     of a rocking wave-type reactor is comparable to that of a stirred tank 
reactor (Chapter 1.3.2, Figure 1.2A).  A significant drawback to wave reactors that sit on rocking 
platforms is the energy demand that will incur, particularly with scale-up, with the weight of large 
volumes of liquid.  However, there are alternative ways to generate a wave, and still benefit from 
the high mixing and mass transfer seen in the Wave Bioreactor®.  A unique Biowave™ reactor was 
developed soon after the Wave Bioreactor®, and first published in 1998 by John Hobson.  
Hobson (1998) used this wave-generating bioreactor to treat wastewater.  The Biowave™ included a 
spherical wave generator, originally designed for swimming pools (WOW Technology, Belgium), 
placed in the middle of the treatment tank.  The wave generator contained a motor attached to an 
oscillating weight on a vertical shaft.  As the weight moves up and down the shaft, the sphere moves 
in and out the water, resulting in displacement, and generates a resonant wave motion that requires 
very little energy expenditure (Hobson, 1998).  Similarly, a wave bioreactor designed by Terrier et al. 
(2007) consists of a cellbag on top of a horizontal platform, one or both ends of which are 
periodically raised to generate a wave.  This results in lower energy demand in comparison to a 
rocking platform.  Other technologies used to generate waves in aqua-parks and oceanography 
experiments include the use of forced air and inclined sections (Bastenhof, 1983; Idbeis, 1996).  In 
the current study, the Wave Bioreactor® was used as a test system to investigate the conditions 
necessary for cultivation of Scenedesmus sp. using wave motion.  After lab-scale assessment of this 
system, scale-up will be considered in an alternative wave-generating reactor more suitable for low 




Wave bioreactors display high mixing rates with low shear forces, and provide gas-liquid mass 
transfer without sparging.  Comparison across the literature, including the data presented in this 
work, showed that mixing times in wave reactors are influenced by rocking rate, rocking angle, 
cellbag size and working volume.  Lower cellbag size and smaller working volume results in more 
efficient mixing (lower mixing time).  Similarly, mass transfer increased with increased rocking rate 
and decreased working volume.  To achieve the wave motion, power input per unit volume 
increased with increasing rocking rate and rocking angle.  A rocking rate of 25 rpm and rocking angle 




of 10°, required 422 Wm-3 to provide a         of 38.4 h
-1, and a 29.5 s mixing time.  Scenedesmus 
sp. reached a maximum concentration of 2.25 g L-1 at a biomass productivity of 0.187 g L-1 d-1 with a 
lipid concentration of 0.633 g L-1 (lipid productivity of 0.045 g L-1 d-1) at these conditions.  At one fifth 
of the power input for wave motion (85 W m-3), the mixing time and mass transfer (19.6 s, 8.5 h-1) 
were still sufficient to support algal biomass and lipid production at comparable productivities (0.176 
and 0.056 g L-1 d-1,for biomass and lipid respectively) and maximum concentrations (2.25 and 0.724 g 
L-1, for biomass and lipid, respectively).  By reducing the rocking rate from 25 to 15 rpm, and the 
angle from 10 to 4°, the energy efficiency of the wave photobioreactor was 5 times higher, 
increasing from 0.443 to 2.07 g W-1 d-1.  Increasing the light from 9 µmol s-1 to 26 µmol s-1 revealed 
that growth, although not carbon limited at 9 µmol s-1, was light limited.  Further experiments at low 
rocking rates and angles and high (or unlimited) light would reveal the maximum obtainable 
productivities per unit power.   
 
The results in this chapter demonstrated that Scenedesmus sp. can be successfully cultivated in a 
wave photobioreactor, and the energy efficiency of cultivation can be optimised with regard to 
mixing and mass transfer.  This is the first study to include rigorous measurement of power input 
into a wave generating bioreactor.  The calorimetric method used here gave power inputs that 
correlated well with those calculated previously (Eibl et al., 2009).  The data presented here shows 
the excellent potential of the WR as an alternative to sparged bioreactors.  The next stage is to 
explore scale-up strategies drawing on the work reported here.  The following chapter (Chapter 6) 
compares the WR and the OBR with the conventional, sparged ALR. 
 








Chapters 3, 4 and 5 show the optimisation of airlift (ALR), oscillatory baffled (OBR) and wave (WR) 
photobioreactors for cultivation of Scenedesmus sp. and lipid production at reduced power input for 
mixing and mass transfer.  By reducing the gas velocity in the airlift reactor to a critical minimum 
value, a 75% reduction in power input, from ‘standard conditions’, was obtained without significant 
losses in biomass and lipid productivities.  Reducing the oscillation frequency from 0.7 to 0.25 Hz in 
the OBR led to a 46% increase in the productivity per unit power (61% power reduction), but low 
total biomass and lipid concentrations were achieved.  The OBR with donut baffles showed the best 
mass transfer and so this baffle type was used in comparison with other PBRs, presented in this 
chapter.  The high CO2 mass transfer rates in the WR meant that the rocking rate and rocking angle 
could be reduced almost to a minimum without reducing the biomass and lipid productivities, 
resulting in a power reduction of 80% over standard conditions.  These results demonstrate the 
importance of optimising mixing and mass transfer to improve the energy efficiency of bioreactors, 
particularly for commodity products.   
 
This chapter aims to compare the performance and energy efficiency of the three PBRs discussed in 
Chapters 3 to 5.  The ALR is a commonly used sparged reactor type for algal cultivation.  Many other 
PBRs (airlift, bubble column, horizontal tubular, flat panel) also use gas sparging for mixing and mass 
transfer.  This work investigates the potential of surface aeration as an energy efficient alternative to 
gas sparging.  Although open ponds agitated with a paddle wheel use surface aeration, these are 
typically gently mixed with low mass transfer.  The OBR and WR were chosen as surface aerated 
reactors with vigorous mixing and high mass transfer rates, as reported in the literature.  A 
comparison of the mixing and mass transfer rates as a function of power in each of the reactors is 
reported, and differences between sparged (ALR) and surface aerated (OBR and WR) reactors 
explored.  The reactors are also compared for their ability to support algal cultivation and lipid 
production.  The energy efficiencies and net energy ratios of each reactor for biomass and lipid 
production are discussed, with the aim of offering improvements to the high energy consumption in 
the bioreactor stage of algal bioprocesses that has been widely reported (Chapter 1).   




6.2 Materials and Methods 
 
The power input to each photobioreactor (ALR, OBR and WR) was calculated according to the 
methods described in Section 2.5.  Mixing times (  ) and CO2 mass transfer coefficients (      ) 
were measured in each PBR according to Sections 2.4.1 and 2.4.2, respectively.  Scenedesmus sp. 
was grown under mixing rates selected to represent high power input and low power input in each 
PBR.  Light provided to each PBR was kept constant between comparable experiments, and adjusted 
according to Table 2.2 in Section 2.3.4.  Biomass and lipid concentrations were measured regularly 
with time according to Sections 2.4.6 and 2.4.7.  Net energy ratios (NERs) represent the ratio of the 
energy obtainable from algal whole biomass or lipid to the energy consumed for mixing and aerating 
the PBR, calculated according to Section 2.6.   
 
6.3 Results and Discussion 
 
6.3.1 Power input 
The electrical power required to mix the liquid contents of the ALR, OBR and WR reactors depends 
on the gas flowrate, oscillating frequency and rocking rate, respectively.  The calorimetric method 
for measuring power input was used for the OBR and WR, but could not be applied to the ALR due to 
the majority of power being consumed for gas compression outside of the ALR column itself.  This 
meant that the temperature change caused by energy dissipation in the ALR (as measured in the 
calorimetric method) would not represent the actual power consumed for sparging.  A fair 
comparison of power input needs to be made across the three reactors, and so power calculations 
for the ALR are discussed below.   
 
A commonly used method for calculating power input in airlift reactors is to calculate the energy 
dissipation via isothermal gas expansion equations of the gas bubbles as they rise from the sparger 
to the top of the reactor (Chisti, 1989).  In the present work this has been described as the ‘minimum 
aeration power’ (Section 2.5.1.1) as it represents the minimum energy used for mixing the liquid in a 
reactor by sparging.  Among pneumatic reactors, the ‘minimum aeration power’ is used as a 
common denominator (or comparable term) to represent mixing rates for comparison of other 




varied factors (such as mass transfer) across various reactor geometries, configurations and sparger 
types and configurations.   
 
The ‘total aeration power’ described in Section 2.5.1.2 is the power used to compress the gas to the 
pressure at which it is delivered to the airlift, entering through the sparger.  Sparging would not be 
possible without power for gas compression, and the gas flowrate in a reactor is dependent on the 
inlet gas pressure of the system.  Thus, the ‘total aeration power’ describes the total power used for 
aeration at the reported gas flowrates, mass transfer rates and mixing times.  Table 6.1 shows the 
difference in power input when calculating the minimum or total aeration power.   
 
Table 6.1  ‘Minimum Aeration Power’ and ‘Total Aeration Power’ in the 3.2 L airlift photobioreactor 
at various sparging velocities, given as gas flowrates (L min-1) and superficial gas velocities (m s-1); 
including a comparison at a 2 bar inlet gas pressure (used in this work) and the minimum pressure 




velocity (m s-1) 
Min. Aeration 
Power (W m-3) 
Total Aeration 
Power (W m-3) at 
min. pressure 
Total Aeration 
Power (W m-3) at 
2 bar 
0.2 0.004 6 21 142 
0.5 0.010 14 71 354 
1.0 0.019 28 130 708 
2.0 0.038 57 344 1417 
3.0 0.057 85 517 2125 
 
Figure 6.1 illustrates the difference between the two calculations (‘minimum’ and ‘total’ aeration 
power) and indicates the gas pressures used in each calculation.  In the experimental work 
conducted for this dissertation, the inlet gas pressure for the ALRs (  ) was 2 bar.  Optimisation of 
the ALR power input could be done by reducing this gas pressure in a similar way to the optimisation 
of gas velocity described in Chapter 3.3.2.  The gas supplied to the ALR must be at sufficient pressure 
to account for the frictional pressure drop across the sparger (        ; Figure 6.1), and the 
head of liquid above the sparger (         ; Figure 6.1).  In this work a 2 µm porous stainless 
steel sparger was used, which will result in a frictional pressure drop between 0.05 and 0.12 bar in 
the range of gas velocities in this study (Green and Perry, 2007; Murhammer and Goochee, 1990; 
Stephenson et al., 2010).  The pressure drops estimated from literature were used to calculate a 
minimum inlet gas pressure (  ) to supply the ALRs.  This ranged between 1.12 and 1.19 bar, 
dependent on gas velocity, and resulted in significantly reduced aeration energy consumption (Table 




6.1).  The minimum value for inlet pressure (  ) is dependent on the sparger type used (including 
pore-size and material), and may increase substantially at a range of gas velocities considerably 
larger than those reported here  (Green and Perry, 2007).  Additionally, the gas pressure required to 
supply sparged bioreactors is also dependent on the pressure drops between the compressor and 
sparger, which vary according to pipe length, diameter and configuration.  For this reason, the 
minimum inlet pressure, taken as the pressure to overcome the sparger pressure drop and head of 
liquid, was used in a sensitivity analysis of the results presented in this work.  Data based on an inlet 
pressure of 2 bar was used to represent the un-optimised experimental condition.  According to the 
ideal gas law, at reduced inlet pressure, the volumetric gas flowrates increased to maintain molar 
gas flowrates, and thus    .  This is accounted for in the specific power values at the minimum gas 
inlet (Table 6.1).  The comparison of energy consumption in Table 6.1 demonstrates the importance 
of optimising the inlet gas pressure of a large-scale system for improved energy efficiency. 
 
 
Figure 6.1  Diagram of ALR indicating gas pressures   ,    and    used to calculate the power input 
for aeration.  ‘Minimum aeration power’ (dashed boundary) assumes            and does not 
include the power requirement to compress gas to the pressure at   .  ‘Total aeration power’ (solid 
boundary) is the power to compress gas to the pressure at   , the gas inlet pressure.  The minimum 
value for    is the liquid head (         ) plus the pressure drop across the sparger (  ).     
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Mixing in the OBR and WR is a result of mechanical movement.  The calorimetric method measured 
the power input due to mechanical movement by the baffles (OBR) and rocking platform (WR), 
which gave rise to the mass transfer rates and mixing times reported.  The calorimetric method thus 
gives a realistic value for the total power consumed for mixing via mechanical movement.  The ‘total 
aeration power’ in the ALR better describes the actual power used to obtain the mass transfer and 
mixing rates recorded.  For fair comparison, the ‘total aeration power’ for the ALR was, therefore, 
used in this chapter when comparing with the mechanically mixed OBR and WR reactors.  Table 6.2 
and Table 6.3 show the power input in OBR and WR reactors.  The gentle gas flow into the 
headspace of these reactors did not require gas compression, making the power input for gas 
provision in these reactors negligible.   
 
Table 6.2  Power input in the oscillatory baffled photobioreactor at varying oscillation frequency 
(Osc. Freq.) at 59 mm centre-to-peak amplitude.   



























Table 6.3  Power input in the wave photobioreactor at various rocking rates and angles. 
Rocking angle (°) Rocking rate (rpm) Power (W m-3) 
10 10 177 
10 15 259 
10 20 340 
10 25 422 
10 30 504 
10 35 586 
10 40 667 
   
2 30 51 
4 30 159 
6 30 267 
8 30 375 
10 30 482 
 
6.3.2 Mixing and Mass Transfer 
Mixing times in the ALR, OBR and WR were measured using a 5 M NaCl tracer.  To compare the 
mixing capabilities of these reactors, the mixing times were plotted against the power consumed to 
generate mixing (Figure 6.2).  Mixing times in the WR and OBR were superior to the ALR at a given 
power input, where a lower mixing time represents superior mixing.  Above 753 W m-3 the mixing in 
the WR may continue to improve, possibly exceeding the OBR, where mixing in the OBR remains 
relatively constant at the power inputs investigated (Figure 6.2).   
 
The CO2 mass transfer coefficient (      ) was measured in each of the three PBRs and compared 
based on the power input for sparging, oscillating or rocking.  At the given CO2 concentration in the 
inlet gas of 1%, the CO2 transfer rates (CTR) in each PBR follow the same trend with increased power 
input as the        (Figure 6.3).  The WR displayed higher        compared to the ALR and OBR at 
comparable power input, and increased exponentially.  In the WR, the        increased 
dramatically with little increase in power input above 422 W m-3, at which point the wave created by 
the rocking motion became a curved, splashing wave, as discussed in Chapter 5.3.2.  The 
pronounced curved wave created in the WR, resulted in the best mass transfer compared to the 
sparged airlift (ALR) and the rolling wave induced by oscillating baffles (OBR).  This comparative 
result is of great significance for choice of reactor design in processes that require high mass transfer 
rates and energy efficient mass transfer.   
 





Figure 6.2  Mixing time (  ) in seconds for each of the wave, oscillatory baffled and airlift 
photobioreactors at increasing power input.  Error bars indicate the standard deviation of n = 3 
replicates, those not visible are hidden by the data point.     
 
 
Figure 6.3  Mass transfer coefficient (      ) at increasing power input in the wave, oscillatory 
baffled and airlift photobioreactors.  Error bars indicate the standard deviation of n = 3 replicates, 
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Figure 1.3 in Chapter 1.3.2 shows     and    as a function of the power input across a range of 
bioreactors.  The graph displays the specific power as reported in the journal articles from which the 
information was sourced.  The power input for the sparged reactors in these articles was calculated 
according to the ‘minimum aeration power’ and can thus be compared only to other sparged 
reactors, such as the ALR of this work (Figure 6.4).  To compare with mechanically agitated reactors, 
in light of the discussion in Section 6.3.1, the ‘total aeration power’ for the ALR was used (Figure 
6.5). 
 
The mass transfer coefficient and mixing time vary across the sparged reactors (Figure 6.4), 
depending on sparger type, range of aeration velocity, and reactor configuration.  The airlift reactor 
in this work (ALR) had a similar     to a flat panel and an external loop airlift reported in literature 
(Pirouzi et al., 2014; Sierra et al., 2008).  The     of the OBR increased more steeply with power 
increase compared to the pulsed stirred reactor, and at higher oscillation frequencies had the 
potential to increase further (Figure 6.5).  The     of the WR increased even more rapidly with 
increased power, and after 500 W m-3 had the highest rate of increase compared to all other reactor 
types reported in Figure 6.5.  The WR of this work, had among the highest reported      comparable 
to the pulsed baffled reactor (Ni et al., 1995), the sparged stirred tank reactor (Ni, 1995) and the 
rotary jet head (Nordkvist, 2003). The WR and OBR of this work, the wave reactor reported by Eibl et 
al. (2009) and the external loop airlift (Pirouzi et al., 2014) had the fastest mixing times.  Surface 
aeration coupled with mechanical agitation, through oscillating and wave bioreactors, thus has 
potential as an efficient method for providing mixing and mass transfer.   
 
 







Figure 6.4  (A) Mixing time (  ) and (B) mass transfer coefficient (     ) with respect to specific 
power input (W m-3) across various sparged bioreactors, including the airlift reactor of this work.  
The power input in this figure represents the minimum aeration power as calculated according the 
expansion of gas bubbles from sparger to the top of the reactor.  Numbers in series titles correspond 
to references: 1_Miron (1999); 2_Chisti and Jauregui-Haza (2002); 3_Pirouzi et al. (2014); 4_Sierra et 
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Figure 6.5  (A) Mixing time (  ) and (B) mass transfer coefficient (     ) with respect to specific 
power input (W m-3) across various sparged and mechanically mixed bioreactors, including the airlift, 
oscillatory baffled and wave reactors of this work.  The power values in this figure represent the 
total power consumed for aerating or mechanically agitating the reactors.  Numbers in series titles 
correspond to references: 7_Jian (2006); 8 and 9_Ni et al. (1995); 10_Eibl et al. (2009); 11_Nordkvist 
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The above are important findings for the improvement of mixing and mass transfer in bioreactors, 
where creating a wave using a rocking platform or oscillating baffles could provide a more energy 
efficient alternative to sparged bioreactors, comparable to bioreactors with the highest mixing and 
mass transfer rates reported in literature.  The curved wave produced in the WR had higher     
than the rolling wave produced by the OBR.  It is important to note that, in previous chapters, a 
critical minimum CO2 mass transfer rate has been demonstrated for algal cultivation, above which 
power was consumed at no further benefit to productivity.  The high mass transfer rates obtained in 
the WR, and other reactors, may not be necessary for algal cultivation.  This critical minimum mass 
transfer rate should be determined independently for different bioprocesses.  To determine energy 
efficiency in terms of algal bioprocesses, it is thus also necessary to compare the algal growth and 
lipid productivity in sparged (ALR) and surface aerated (OBR and WR) photobioreactors, as done in 
the following sections.   
 
6.3.3 Biomass and lipid production 
Agitation rates that gave comparable        across the ALR, OBR and WR were chosen, and the 
algal growth and lipid production under these conditions are presented in Figure 6.6.  These results 
indicated that, at comparable       , Scenedesmus sp. had similar growth and lipid production in 
the ALR and WR. Further, there was no significant reduction in biomass and lipid when the         
was dropped from approximately 40 to 10 h-1.  This indicated that excess carbon was being supplied 
at these       , and only on further reduction to approximately 3 h
-1 did carbon become a limiting 
factor, (as seen in the ALR data, Figure 6.6), when aerated with 1 % CO2.  Where carbon was not 
limiting, the growth and lipid production was limited by light.  This was confirmed by an increase in 
biomass and lipid concentration and productivity with an increase in the light provided to the ALR 
and WR (Figure 6.6).   
 
The OBR did not support growth of Scenedesmus sp. to the same extent as the ALR and WR even at 
       of approximately 10 h
-1 and higher (Figure 6.6).  Growth in the OBR at a recorded        of 
approximately 20 h-1 correlated to growth in the ALR at a        of approximately 3 h
-1.  This 
suggested that the        recorded for the OBR was higher than the actual mass transfer 
experienced in the reactor, or that other factors were limiting, such as homogeneous mixing, light 
and nutrient distribution.  In Chapter 4.3, a difference in mixing at either end of the OBR was 




described, and additionally the     measurements were taken in the section closest to the gas inlet, 




Figure 6.6  (A) Biomass and (B) lipid growth curves of Scenedesmus sp. in the airlift, wave and 
oscillatory baffled photobioreactors at given     (h
-1).  9 µmol s-1 total light was provided to each 
reactor, except in the cases indicated.  Error bars indicate the standard deviation of n = 2 replicate 
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Lipid production across the three PBRs followed similar trends to those described for algal growth, 
with the exception of the ALR at a        of approximately 10 h
-1 (Figure 6.6B).  Reduced lipid 
production in the ALR at lower      could be due to a reduction in the mixing rate, leading to 
reduced time spent in the light, outer area of the ALR and reduced distribution of nutrients, as 
discussed in Section 3.3.2.2.  In another study, tracer experiments were used to map the movement 
of an algal cell through the ALR and model the amount of light experienced in different regions of 
the reactor (Brighton, In review; Jones et al., In review).  The results indicated that reduced gas 
flowrate led to a light limitation in the ALR.  Light distribution in the WR was superior to the ALR at a 
    of approximately 10 h
-1 (Figure 6.2), because the WR does not contain a distinct dark zone 
through which algae circulate regularly as with the draft tube of the AL.  The algae in the WR are 
thus exposed to light more consistently, which may be the cause of higher lipid productivity at 
comparable mass transfer rates.   
 
Comparisons of algal biomass and lipid productivity across the three PBRs were made at agitation 
rates (aeration, oscillation or rocking) that represented a high power input and a low power input 
(Table 6.4).  The highest aeration rate investigated in the ALR (2 L min-1, 0.02 m s-1) was chosen for 
‘high power’ (‘High P’).  A rocking rate in the WR was chosen for ‘high power’ that matched the      
at ‘high power’ in the ALR (25 rpm 10°).  The highest oscillation frequency (0.7 Hz) was chosen for 
the OBR ‘high power’.  The ‘low power’ (‘Low P’) in the ALR was chosen at the minimum aeration 
rate before loss of biomass and lipid productivity was seen (0.5 L min-1or 0.005 m s-1; Chapter 
3.3.2.2).  The lowest agitation required to reach similar     were chosen as the ‘low power’ in the 
OBR (0.25 Hz) and WR (15 rpm 4°).   
 




Table 6.4  Mass transfer, mixing, power input, biomass and lipid productivity at a comparable high power and low power agitation rate in each of the airlift, 
oscillatory baffled and wave photobioreactors.  All data was obtained with air enriched with 1% CO2 and exposed to 9 µmol s
-1 light.   
  Reactor Agitation 
(1% CO2) 
    
(h-1) 














power in  











(g W-1 d-1) 
High 
Power 
Airlift 2 L/min 
airflow 
39.5 33 1417 2.23 0.19 0.13 0.64 0.049 0.03 
  Wave 25 rpm; 
10 deg. 
35.8 30 344 2.25 0.19 0.44 0.63 0.045 0.11 






7.6 53 354 1.79 0.20 0.56 0.43 0.031 0.09 
  Wave 15 rpm; 
4 deg. 
8.5 47 71 2.25 0.176 2.07 0.72 0.056 0.65 
  Oscillatory 0.25 Hz 8.8 17 216 1.05 0.08 0.37 0.31 0.024 0.11 
 




Table 6.4 shows the mass transfer coefficients, mixing times and power input in the ALR, OBR and 
WR under the conditions chosen as high and low power input (‘High P’ and ‘Low P’, respectively).  
The OBR did not reach equivalent       , due to design constraints (Chapter 4.3.2), and so values at 
high power are not comparable with the ALR and WR.  The ALR and WR had similar maximum 
biomass and lipid concentrations that did not decrease considerably between high and low power 
input.  The OBR had lower maximum biomass and lipid concentrations than the ALR and WR, 
possibly due to lower actual mass transfer rates and reduced mixing experienced across the length 
of the reactor, as discussed above and in Chapter 4.3.   
 
The volumetric productivity and productivity per unit of power input from Table 6.4 are also shown 
in Figure 6.7.  As with maximum biomass and lipid concentrations, the volumetric biomass 
productivity were similar in the ALR and WR at both high and low power input (Figure 6.7A).  This is 
due to similar     and    in these reactors, and an excess carbon supply at the high      (high 
power).  However, at low power input, the wave had considerably higher lipid productivity (0.056 g 
L-1 d-1) compared to the ALR (0.031 g L-1 d-1).  As discussed above, this may be due to slower 
circulation through light (downcomer) and dark (riser) zones in the ALR, causing lighted limited lipid 
production.  The WR does not have the same light/dark zones as the ALR, and cells are exposed 
more consistently to light even at lower rocking rates.  The lower productivity in the OBR was 
possibly due to lower mass transfer rates as discussed previously (Sections 6.3.2 and 4.3.3).   
 
To compare the energy efficiency of algal cultivation and lipid production across the three PBRs, the 
biomass and lipid productivities were expressed as a function of the power consumed for mixing and 
aeration, presented in Figure 6.7B.  At high power for agitation (‘High P’), the productivity in g W-1 d-1 
in each reactor was significantly reduced compared to ‘Low P’.  ‘Low P’ was chosen at the     that 
provided the critical minimum carbon transfer rate before loss in algal productivity.  The high 
productivity per unit power (g W-1 d-1) is, therefore, key in demonstrating the benefit of optimising 
the mixing and mass transfer rates as a function of power input in bioreactors.  Furthermore, the 
lower power input required by the WR to produce equivalent mass transfer to the ALR meant that 
the biomass productivity per unit power in the WR was three times higher (1.76 g W-1 d-1) than the 
ALR (0.56 g W-1 d-1) and the lipid productivity per unit power was 7.5 times higher in the WR (0.66 g 
W-1 d-1) than the ALR (0.09 g W-1 d-1).  The ALR had the highest power input (354 W m-3 at Low P) but 
the biomass productivity per unit power was greater in the ALR than the OBR (0.37 g W-1 d-1).  This 




was due to the superior volumetric productivity in the ALR (0.199 g L-1 d-1) compared to the OBR 
(0.08 g L-1 d-1).  Thus, a balance between high volumetric productivities and low power input resulted 
in superior energy efficiency.  There were minimal differences in the lipid productivity in the ALR and 
OBR at ‘Low P’.   
 
These data demonstrated that the surface aerated WR was more energy efficient for algal cultivation 
and lipid production than a conventional, sparged ALR.  This can be attributed to surface aeration in 
the WR providing ample CO2 by mass transfer at lower energy consumption than sparging.  With 
further improvements to oscillation amplitude and frequency (discussed in Chapter 4.3.2), the OBR 
may also surpass the ALR in terms of energy efficiency.  Currently, most PBRs use sparging for 
delivery of CO2.  This work is the first to demonstrate that surface aeration offers an interesting 
alternative to sparging.  This reactor type should be further explored for algal cultivation at large-
scale and may also be applied to other bioprocesses requiring energy efficient mass transfer.   
 
The data presented here for the ALR were calculated based on the ‘total aeration power’ at an inlet 
gas pressure of 2 bar, as used in this work.  If a reduced inlet gas pressure were used (1.12 – 1.19 bar 
minimum, as discussed in Section 6.3.1) the productivity per unit power in the reactor would 
improve significantly (Figure 6.8).  In this case the ALR had higher productivity per unit power than 
the WR for biomass.  However, the lipid productivity per unit power was still superior in the WR, due 
to the significantly higher lipid productivity in this reactor.  The significant increase in productivity 
per unit power in the ALR at the reduced gas inlet pressure demonstrates the importance of 
optimising this inlet gas pressure for reducing energy consumption and improving energy efficiency. 
In this work, air was supplied to the laboratory at a standard 2 bar pressure.  For a large-scale algal 
production facility an appropriate gas inlet pressure should be chosen, taking into account the 
required gas flowrates through the liquid head and the pressure drops through piping (dependent 
on the length of piping from gas compressor to bioreactors) and across spargers (dependent on 
sparger type and pore size).   
 
 







Figure 6.7  (A) Volumetric productivity and (B) productivity per unit power of Scenedesmus sp. in the 
wave, oscillatory baffled and airlift photobioreactors (at 2 bar inlet gas pressure) at high and low 
power (P) for agitation.  See Table 6.4 for     and    under each condition.  Error bars indicate the 
standard deviation of n = 5 replicates at ‘standard conditions’ in the airlift (biomass and lipid), n = 2 
replicate dry weight samples in the oscillatory and wave (biomass), and n = 2 replicates of 25 rpm in 












































































Figure 6.8  Productivity per unit power of Scenedesmus sp. in the wave, oscillatory baffled and airlift 
photobioreactors at high and low power (P) for agitation, including the airlift at a minimum gas inlet 
pressure (calculated in Section 6.3.1).  See Table 6.4 for     and    under each condition.  Error 
bars indicate the standard deviation of n = 5 replicates at ‘standard conditions’ in the airlift (biomass 
and lipid), n = 2 replicate dry weight samples in the oscillatory and wave (biomass), and n = 2 
replicates of 25 rpm in the wave (lipid).   
 
6.3.4 Net Energy Ratios 
The net energy ratio (NER) was calculated as the energy (in Joules) that can be harvested from the 
algal biomass (whole cell including lipid) or lipid only, divided by the energy consumed to cultivate 
the algae and produce lipid (Chapter 2.6).  NER is widely used for assessing the feasibility of energy 
products.  If the NER is less than 1, it means that more energy was used in the generation of a 
product than can be harvested from it.  A bio-energy product thus needs a NER above 1 for it to be 
considered feasible.  In this work the NER was calculated based on the energy used for mixing and 
mass transfer only.  It was assumed that, on scale-up, an outdoor facility utilising sunlight would be 
preferred to artificial lighting, and therefore the energy required for providing light was not 
included.  The focus of this work was the comparison of PBR designs, and so the NER reported in this 
chapter did not include the energy for harvesting, drying, lipid extraction or other downstream 
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If the ‘minimum aeration power’ for the ALR was used to calculate NER, favourable results were 
obtained.  A NER as high as 10.5 (biomass) and 3.0 (lipid) were achieved at low superficial gas 
velocity and high CO2 concentration in the sparged gas (Figure 6.9).  At high gas velocity and low CO2 
concentration, the NER was below 1, indicating that more energy was used to aerate the reactor 
than could be gained from the resulting biomass or lipid.  These results do not take into account the 
energy consumed to deliver the CO2 enriched air, compressed to 2 bars, via the sparger at the given 
gas velocities.  A more realistic NER was calculated using the ‘total aeration power’ and this was 
compared to the NERs of the WR and OB.  For each reactor a high power input for mixing and mass 
transfer (High P), and a power input where operating conditions were optimised in terms of algal 
production (Low P) were chosen (Figure 6.10).   
 
Figure 6.10A shows that the biomass and lipid NERs across ALR, OBR and WR were all below 1 at a 
total light of 9 µmol s-1.  This result was consistent with previous studies that show low NERs for 
sparged algal PBRs (Jorquera et al., 2010; Rodolfi et al., 2009; Stephenson et al., 2010).  The NERs for 
the surface aerated WR were considerably higher than the ALR, but remained below unity.  Utilizing 
the whole algal biomass for co-bioenergy-products improves feasibility (higher NERs for whole 
biomass, compared to lipid only NERs), as seen with methane and biodiesel production (Collet et al., 
2014; Lohrey and Kochergin, 2012; Sialve et al., 2009).  However, the NERs of the whole biomass in 
this work remained below 1.  
 
Figure 6.10 shows that the NER of the WR reactor for whole biomass, under optimised conditions for 
growth and power input (Low P), was substantially higher than those of the ALR and OBR.  The NERs 
in Figure 6.10A were calculated from biomass and lipid productivity under light limited conditions, as 
seen in Figure 6.6.  At increased light (26 µmol s-1) the NER for the WR approximately doubled at 
High P (Figure 6.10B).   This was due to a higher productivity at higher light (Figure 6.6), meaning a 
shorter time was taken to reach maximum biomass concentration.  Lacking experimental data, if it 
were assumed that at Low P the NER also doubled with increased light, then the NER for the WR 
becomes 1.67 (biomass) and 0.43 (lipid).  At increased light (18 µmol s-1) the NER of the ALR 
remained below 1, possibly due to the smaller increase in productivity at high light compared to the 
WR (Figure 6.6).  In addition to the high productivity per unit power and higher mass transfer rates 
at comparable power input, higher NERs demonstrated the great potential of wave generating 
bioreactors as energy efficient alternatives to sparged bioreactors. 







Figure 6.9  Net energy ratio for Scenedesmus sp. calculated using ‘minimum aeration power’ and 
based on (A) biomass (whole-cell) and (B) lipid only, at various superficial gas velocities and CO2 
concentrations in the airlift photobioreactor.  Error bars show the standard deviation calculated 
using the propagation of variance from standard deviations in n = 5 repeats of cultivation 
experiments under ‘standard conditions’.  Dashed line indicates an NER of 1, below which more 
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Figure 6.10  (A) Net energy ratio (NER) of Scenedesmus sp. for biomass (whole cells) and lipid, 
produced in the WR, OBR and ALR (calculated using ‘total aeration power’  at 2 bar inlet pressure) at 
9 µmol s-1 total light.  (B) NERs in the WR and ALR at 9 µmol s-1 total light and increased light (18 
µmol s-1 in the ALR and 26 µmol s-1 in the WR).  NERs at 26 µmol s-1 in the WR at Low P were 
estimated by extrapolation of experimental data obtained at High P (hashed symbol).  High P 
represents operating conditions that matched the mass transfer at standard conditions in the ALR; 
Low P represents operating conditions optimised for energy efficiency (lower agitation rates, with 
productivity maintained).  Error bars show the standard deviation calculated using the propagation 













































As discussed in Sections 6.3.1 and 6.3.3, if the ALR was operated at the minimum gas inlet pressure, 
calculated in Section 6.3.1, the power input would be significantly reduced, and thus the NERs would 
increase according to Figure 6.11.  The NERs of the ALR at a minimum inlet gas pressure were 
comparable to NERs of the WR at low light (9 µmol s-1).  Relatively small increases in productivity in 
the ALR at increased light meant that the NERs at high light (18 µmol s-1 and 26 µmol s-1) were 
significantly higher for the WR (extrapolated data) than the ALR.  Even at the minimum gas inlet 
pressure, the NERs for the ALR were below unity (Figure 6.11).  This is the best case scenario for the 
ALR in terms of optimised gas velocity and gas inlet pressure.  NERs for wave generating reactors, on 
the other hand, may increase above unity at reduced light limitation and can be improved further by 
designing systems for wave generation that do not rely on rocking platforms (Chapter 5.3.4).   
 
 
Figure 6.11  Net energy ratio (NER) of Scenedesmus sp. calculated using ‘total aeration power’ at a 
minimum gas inlet pressure (calculated in Section 6.3.1) for biomass / whole cells and lipid, 
produced in the WR and ALR at 9 µmol s-1 total light and increased light (18 µmol s-1 in the ALR and 
26 µmol s-1 in the WR).  NER at 26 µmol s-1 in the WR at Low P were estimated by extrapolation of 
experimental data obtained at High P (blue hashed symbol).  Error bars show the standard deviation 
calculated using the propagation of variance from standard deviations in biomass concentration and 
lipid content.   
 
A wide range of NERs for algal cultivation have been reported in the literature (Figure 6.12).  
Differences in NERs depend on the method of calculation of power input, the stages of the processes 
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the basis for energy output (e.g. biomass, lipid, or biodiesel).  In Figure 6.12 a selection of NER data 
from the literature have been modified for better comparability across a variety of calculations and 
process boundaries, using available information.  All NERs in Figure 6.12 were adjusted to include 
only the cultivation stage of the algal process.  The values in Figure 6.12 were also adjusted so that 
energy output was based on the whole biomass produced, eliminating differences in articles that 
chose biodiesel, methane, oil or biomass as the end product.  After modification, variation in NERs 
were, therefore, due to differences in algal species, bioreactor configurations, calculations and 
assumptions used for energy inputs, process scale and productivity (dependent on cultivation 
protocol, including nutrient use and bioreactor, light availability, temperature and other factors).   
 
The energy data for algal processes in the literature are predominantly for raceway ponds due the 
prevalence of the use of this cultivation system at large-scale.  According to current literature, 
raceway ponds typically have higher NERs than closed PBRs due to the low energy inputs for mixing 
by paddlewheel.  However, the NERs for raceways ranges from 1.05 (Clarens et al., 2010) to 17.14 
(Batan et al., 2010). The wide variation in a number of factors affecting NER, make it difficult to 
choose correct values for comparison with PBRs.   
 
‘Minimum aeration power’ was used to calculate energy input into sparged PBRs in the publications 
reviewed in Figure 6.12.  Based on this calculation, the ALR optimised for gas velocity and CO2 
concentration (‘This work (ALR)_1’), had the next highest NER (3.01) after the flat panel PBR (NER of 
4.51) (Jorquera et al., 2010), in contrast to ‘This work (ALR)_2’ (based on ‘total aeration power’).  
‘This work (ALR)_1’ represents the NER at 5 400 ppm CO2 and 0.005 m s
-1 gas velocity, above the 
critical minimum CO2 supply rate.  In Figure 6.9 it can be seen that higher NERs are possible below 
critical minimum CO2 supply rate (e.g. the NER reached 5.85 at 0.002 m s
-1 gas velocity and 
10 400 ppm CO2), but productivity was substantially lower under these conditions. 
 
‘Total aeration power’ provided fair comparison with mechanically agitated reactors, as discussed in 
Section 6.3.1.  Based on this calculation, the wave PBR of this work at 26 µmol s-1 light (This work 
(W)_2) had the highest NER (1.67). However, this NER for the WR is based on the assumption 
described above and may not be the case in reality.  In reality, higher algal productivity at higher 
light, may lead to a carbon limitation at ‘Low P’ in the WR.  The tubular PBR in Figure 6.12 had low 
NER due to the high energy demand for pumping the liquid through the tubular arrays (Jorquera et 




al., 2010; Stephenson et al., 2010).  At ‘total aeration power’ the NERs of all sparged and 
mechanically agitated PBR were below 1, except for the wave at 26 µmol s-1 light, whereas even the 
lowest NERs for raceway ponds was above 1.  In an outdoor facility, where light is not a limiting 
factor, the NERs of the ALR, OBR and WR could be higher than the values given here and may begin 
to compare with the NERs of raceway ponds, many of which are calculated based on outdoor light 
conditions.   
 
  
Figure 6.12  Net energy ratios (NER) from a range of studies, calculated as the energy output based 
on whole biomass divided by energy input for cultivation only, in raceway ponds (RP) or 
photobioreactors (PBR).  Flat-panel (FP), tubular (T) and ‘This work (ALR_1)’ had energy inputs 
calculated based on ‘minimum aeration power’.  ‘This work (ALR_2)’ was calculated based on ‘total 
aeration power’.  ‘This work (WR_1)’ was at Low P, 9 µmol s-1 and ‘This work (WR_2)’ was at Low P, 
26 µmol s-1.  Dashed line is at NER = 1.  References: (Batan et al., 2010; Clarens et al., 2010; Jonker 
and Faaij, 2013; Jorquera et al., 2010; Lardon et al., 2009; Razon and Tan, 2011; Stephenson et al., 
2010).   
 
The energy efficiency of PBRs can be substantially improved by choice of surface aerated over 
sparged reactors and by optimising the agitation rate to provide the minimum critical mixing and 
mass transfer rates for algal production.  In addition to the potential of the WR for bioenergy 
products, PBRs can be used for high value products, such as pigments, high value oils, 




















sequestration and other non-energy applications.  In these applications, the reductions in energy 
consumption demonstrated in this work will be greatly beneficial to the cost, carbon footprint and 




The results from this work revealed that the surface aerated WR had superior mixing and mass 
transfer at comparable power input than a range of bioreactors reported in the literature, including 
sparged bioreactors.  This has not been reported previously, and is important for the consideration 
of reactor choice in bioprocess development.  Additionally, the energy efficient mixing and mass 
transfer provided by the WR resulted in algal productivity per unit power (2.06 g W-1 d -1) superior to 
the conventional sparged ALR (0.56 g W-1 d -1).  This novel finding may be useful for reducing the 
energy footprint of algal photobioreactors and bioreactors across bioprocesses (Harding, 2008; Slade 
and Bauen, 2013).   
 
Comparable biomass and lipid productivity in the WR at lower power input than the ALR resulted in 
substantially higher NERs for this surface aerated reactor.  The NERs across the three PBRs were 
below unity, indicating the limited applicability of these reactors, under these conditions, for use in 
the production of bioenergy.  However, it was shown that under higher light, the increased 
productivities led to higher NERs.  An NER of 1.67 was estimated for the WR under optimised mixing 
and mass transfer (‘lower power’ conditions), and experimental data under high light or outdoor 
conditions are required to support this.  Improvements to the NERs in the WR demonstrated its 
potential use in algal bioenergy production, where sparged PBRs tend to have NERs below 1.   
 
A reduction in the gas inlet pressure of the ALR resulted in reduced power input, and higher biomass 
productivity per unit power (2.80 g W-1 d -1) than the WR.  This is based on the minimum gas inlet 
pressure required for sparging, which is system dependent and will be larger in reality due to 
pressure losses with gas delivery from compressor to reactor.  Optimisation of the inlet gas pressure 
is important for improving the energy efficiency of the ALR.  However, even at the minimum gas 
inlet, energy efficiency and NERs were limited based on lower lipid productivity in the ALR compared 
to the WR, and lower biomass and lipid productivity at increased light compared to the WR.  This 




may be due to an improvement in the relationship between mixing and light distribution in the WR 
compared to the ALR. 
 
Based on algal cultivation data it was postulated that the overall mass transfer in the OBR was lower 
than the measured values owing to regional variation, resulting in carbon limited algal growth.  This 
limited growth may also be due to limitation in mixing, and thus light and nutrient distribution.  
Improvements to the design of the OBR may increase the energy efficiency and hence potential 
application of this reactor.   
 
The application of wave motion (particularly a curved wave as seen in the WR), to large-scale algal 
cultivation systems and other bioprocesses has interesting potential for reduced energy-related 
costs and environmental burdens. This research serves as the basis for increased focus on provision 
of mass transfer through surface aeration enhanced by wave motion.  The mass transfer thus 
provided is applicable to both algal cultivation and other bioprocesses.   
 
There is much variation in NERs for algal cultivation in the literature due to a range of inputs and 
calculations that affect NERs.  From the data reviewed in Section 6.3.4, raceway ponds generally 
have higher NERs than PBRs.  This may be biased given the light limited nature of data for the PBRs 
in this work and all artificially lit algal bioreactor systems.  For products where energy balance is 
vital, such as algal biodiesel and methane, raceway ponds may still be the system of choice. For high 
value bio-products that require minimal contamination, and for pond inoculum development, where 
rapid mass transfer is important for high productivities, PBRs are preferable.  Reduced energy input 
in these high productivity systems lowers cost, carbon footprint and overall feasibility and 
competiveness of the process and resulting algal bio-products.   
 
The NERs discussed in this chapter are typically calculated as part of detailed analyses of processes 
for energy production.  To continue the investigation, a Life Cycle Analysis was performed for algal 
biodiesel production by Scenedesmus sp. grown in the ALR and WR as described in Chapter 7. 
 




7 Life cycle analysis of algal biodiesel using photobioreactors 
 
7.1 Introduction and Literature Review 
 
Previous chapters looked at PBRs in isolation and improvements that can be made with regard to 
mixing and mass transfer for algal cultivation.  In this final chapter, the improvements to PBRs 
discussed in Chapters 3, 4, 5 and 6 are investigated in the context of a whole algal bioprocess using 
life cycle analysis.  The importance of this investigation was to quantify the impact of the differences 
between PBRs (Chapter 6) when considered as a part of a larger bioprocess i.e. do they carry over or 
become diluted?  For this analysis, algal biodiesel production was used as an example.  Biodiesel was 
chosen since bioenergy products are topical, relevant in the context of reduced energy inputs and 
much process development work has been reported.  Although low NERs discussed in Chapter 6 limit 
the feasibility of biodiesel production using PBRs without further improvements, changes in 
environmental burdens remain relevant and provide insight for other algal bioprocesses.   
 
One of the major driving forces behind research and development of algal biodiesel is its potential as 
an environmentally sustainable transport fuel (Brennan and Owende, 2010; Demirbas, 2011; Lam 
and Lee, 2012; Slade and Bauen, 2013).  As a renewable fuel source and third generation biofuel, 
algal biodiesel has much potential compared to fossil or crop-derived fuels.  However, rigorous 
analysis of the production process is required to determine the environmental impacts of algal 
biodiesel before it can be deemed sustainable.  A popular method for assessing the environmental 
impacts of a product or production process is Life Cycle Analysis (LCA).  Many LCAs have been 
performed for algal biodiesel production under a variety of conditions and assumptions.  These 
studies show that fossil energy requirement, greenhouse gas emissions (also categorised as carbon 
footprint or global warming potential), nutrient use, and water consumption are the major 
environmental concerns (Adesanya et al., 2014; Azadi et al., 2014; Campbell et al., 2011; Clarens et 
al., 2010; Collet et al., 2014; Kadam, 2002; Lardon et al., 2009; Sander and Murthy, 2010; 
Stephenson et al., 2010; Yang et al., 2011).   
 




Table 7.1 summarises LCA results from reports on algal biodiesel, focusing on greenhouse gas 
emissions as well as other environmental categories such as eutrophication potential, water use and 
land use.  There is a large amount of variation in the projected greenhouse gas emissions depending 
on the scope of the LCA (the process boundaries chosen for analysis) and the choice of methods for 
various stages of production.  The choice of open raceway ponds or closed PBRs has a significant 
impact on the overall GHG (greenhouse gas) emissions, where Stephenson et al. (2010) show 
raceway ponds to result in lower emissions.  CO2 from flue gas to feed the algal cultures was 
commonly used in the LCA, and these studies had lower GHG emissions than those using pure CO2, 
except in the case where a tubular PBR was used (Azadi et al., 2014; Stephenson et al., 2010).  
Harvesting and drying the biomass had substantial effects on GHG emissions (Azadi et al., 2014; 
Sander and Murthy, 2010).  Centrifugation was commonly chosen for harvesting, but this requires a 
large amount of electricity, thus contributing significantly to GHG emissions from fossil-derived 
energy.  Use of filter-press, flocculation and flotation are seen to be more environmentally 
sustainable alternatives (Campbell et al., 2011; Sander and Murthy, 2010; Stephenson et al., 2010).  
Gas-fired biomass drying releases large amounts of GHG, and is problematic for algal biodiesel 
sustainability.  Solar drying has no GHG emissions or other environmental burdens, but is slow.  
Using biodiesel conversion methods that are not inhibited by wet biomass are important for 
improving sustainability (Azadi et al., 2014).  Many of the LCAs include anaerobic digestion of the 
remaining biomass after lipid extraction for the production of methane, or other by-products from 
the process including syngas, ethanol and nutrient rich feed.  Glycerol is also commonly considered a 
useful bioproduct from the transesterification of lipid to biodiesel.  The reduction in GHG emissions 
and other environmental burdens associated with producing these by-products from algae as 
opposed to fossil sources has a significantly positive bearing on the overall LCA (Batan et al., 2010; 
Sander and Murthy, 2010; Stephenson et al., 2010).  With these guidelines in mind, a simulated algal 
biodiesel production process was developed for this study.   
 
SimaPro is widely used as an effective software package for LCA modelling with access to a selection 
of comprehensive databases for a variety of products and processes.  The SimaPro databases contain 
information for country-specific production as well as global and European averaged data.  Many 
algal bioproduct and algal biodiesel LCAs have been performed using SimaPro, and this software has 
been used extensively for research purposes as well as in industry (Campbell et al., 2011; Lardon et 
al., 2009; Razon and Tan, 2011).  SimaPro was used in this current study for comparability with 
European LCAs and for analysis in a local, South African context, as discussed in the body of this 




chapter.  A number of other LCA software packages exist, some of which have been used for algal 
biodiesel assessments, such as OpenLCA, GaBi and GREET (Greenhouse gases, Regulated Emission 
and Energy in Transportation) (Adesanya et al., 2014; Batan et al., 2010; Jorquera et al., 2010; 
Sander and Murthy, 2010).  GaBi is the least widely used with a lack of available studies with which 
to compare an algal biodiesel LCA.  OpenLCA is the most recently developed and will undergo further 
developments before it is as widely used as SimaPro.  GREET is specifically for energy consumption 
and air emissions and is often used for the assessment of algal biofuels (Miller and Theis, 2006).  
Additionally, GREET was developed in the USA and its databases are useful for analyses relevant to 
the USA (Miller and Theis, 2006).  SimaPro, on the other hand, has a broader scope in terms of the 
impact categories, the product types for assessment and for comparability to European and global 
LCAs.




Table 7.1  Summary of several Life Cycle Analyses performed for algal biodiesel production with focus on global warming potential measured as CO2 
emissions, where NER is defined as the energy output (on combustion of biodiesel).divided by the energy input (for production).  
Reference Process description LCA method Global warming potential Other impacts 
Beal et al. 
(2015) 
 Cultivation: Hybrid PBR and 
open pond system; 100 ha 
currently operational 
facility; two sepcies 
 Carbon from waste source 
 Harvest: Natural settling, 
settling, ring dryer 
 Terraced, gravity flow 
 Hexane extraction 
 EROI(energy return on investment) for 
energy inputs and outputs 
 Economic analysis 
  
   Carbon, silicon, nitrogen 
and phosphorous demand 
for ten cases 
 Water savings and land 
requirement compared 
over ten cases 
 EROI/NER = 0.6 -3  
Adesanya et 
al. (2014) 
 Cultivation: Airlift at high N, 
then raceway at low N 
 CO2 from flue gas at 12.5% 
 Harvest: Al2(SO4)3 
flocculation, centrifugation 
 Natural-gas fired dryer 
 Oil extraction :Hexane in 
cascade of mixer-settlers 
 Oil refining: NaOH, H3PO4 
 Anaerobic digestion for 
heat and electricity 
 Transesterification to 
biodiesel 
 OpenLCA software; Ecoinvent v2.2, ELCD 
and NREL databases; CLM 2001 method 
 System boundary: algal cultivation to 
biodiesel production, biodiesel 
combustion and materials for 
construction of equipment. 
 Functional unit: 1000 kg biodiesel 
 Sensitivity analysis on cultivation method, 
TAG productivity, culture velocity in airlift 
/ raceway, water usage, cell disruption 
technique, lipid recovery 
 Electricity: national energy network, 
United Kingdom 
 51.2 g CO2/ MJ biodiesel 
 21.5 g CO2/ MJ biodiesel if 
mixotrophic cultivation used 
 41.6 g CO2/ MJ biodiesel if 50% 
lipid recovery used (instead of 
99%) 
 Fossil energy 
requirement: 31 GJ/ ton 
biodiesel 
 NER = 1.2. 
Azadi et al. 
(2014) 
 Bio-energy refinery 
 Cultivation: Raceway pond 
 Harvest: Clarification, 
centrifugation 
 Gas-fired/solar drying 
 Wet / dry oil extraction 
 Transesterification 
 Spent biomass used for 
biogas/syngas 
 System boundary: From energy, fertilizer, 
construction, chemicals 
 Sensitivity analyses for various strategies: 
o oil extraction 
o bio-energy from spent biomass  
 Electricity: average grid carbon intensities 
of France (i.e. 30 g e-CO2/MJe) and China 
(i.e. 340 g e-CO2/MJe) used as lower and 
upper bounds 
 Wet extraction + anaerobic 
digestion: 
o 85 g CO2/MJ  
 Wet extraction + hydrothermal 
gasification: 
o 40 g CO2/ MJ  
 




Reference Process description LCA method Global warming potential Other impacts 
Collet et al. 
(2014) 
 Nannochloropsis occulata 
(marine) 
 Cultivation:  Ponds (80 Ha 
total) 
 Harvest: Flocculation (iron 
chloride) 
 Oil extraction: Hexane (from 
wet paste) 
 Alkaline transesterification 
 ReCiPe midpoint method  
 System boundary: Production to 
combustion  
 Functional unit: 1000 MJ algal biodiesel 
 Electricity:  European Electricity Mix 
 55.6 g CO2 /MJ biodiesel   Cumulative Energy 
Demand (CED) = 2172 MJ 
consumption from 2027 
MJ produced 
 NER = 0.93 
 
Quinn et al. 
(2014) 
 Cultivation: down-flow 
open ponds 
 Harvest: settling, dissolved 
air flotation, centrifugation 
 Hexane extraction 
 Anaerobic digestion 
 GREET model 
 System boundary: Strain to pump 
 Co-product allocation 
 -41.7 g CO2/MJ biodiesel NER = 1.4 
Frank et al. 
(2012) 
 Cultivation: Open ponds 
 Harvest: Bio-flocculation, 
centrifuge 
 Hexane extraction 
 Anaerobic digestion 
 GREET to compute fossil, petroleum and 
total energy usage 
 System boundary:  Algal cultivation to 
biodiesel combustion 
 55.4 g CO2/MJ biodiesel for 
baseline scenario 
 Compared to 101.0 g CO2/MJ 




 Cultivation: Raceway ponds 
 CO2 from flu gas (15%) 




 Anaerobic digestion of 
remaining biomass 
 SimaPro 7 
 System boundaries:  Cradle to grave, 
excluding construction of production 
facilities 
 Functional unit:  Combustion of enough 
fuel in an articulated truck to transport 1 
tonne of freight 1 km. 
 Electricity:  Energy Supply Association of 
Australia (mostly coal and natural gas) 
 -25.86 g CO2/MJ at production 
rate of 30 g/m2/d 
 -11.82 g CO2 /MJ at production 
rate of 15 g/m2/d 
 




Reference Process description LCA method Global warming potential Other impacts 
Razon and 
Tan (2011) 
 Cultivation: Flat-panel PBR 
feeds into raceway pond 
 Harvest:  Gravitational 
settling and microfiltration 
 Oil extraction:  bead mill 
 Transesterification 
 Anaerobic digestion 
 SimaPro 7; Cumulative Energy Demand 
 System boundaries: Cultivation to 
bioenergy production  
 Functional unit:  1kg algal biodiesel 
 Electricity:  All electricity provided by a 
natural-gas fired combined heat and 
power (CHP) plant. 
  NER: 0.25 – 0.54 
Yang et al. 
(2011) 
 Cultivation:  Open ponds 
 Chlorella vulgaris 
 Functional Unit: 1 kg biodiesel 
 System boundary: Cultivation to 
esterification 
  Water footprint: 3726 kg 
water/kg biodiesel 
 Nutrient balance: 0.33 kg 
nitrogen; 0.71 kg 
phosphate 
Batan et al. 
(2010) 
 Cultivation: Sparged, 
polyethylene PBR bags 
 Nanochloropsis salina 
 CO2 from flu gas, mixed 
with air at 2% 
 Harvest: Centrifugation 
 Solvent Extraction 
 Trans-esterification 
 Transport 
 GREET 1.8C analysis model 
 System boundary: “Strain-to-pump” 
 GHG emissions (CO2, CH4, N2O) 
 Co-product allocation: Biomass and 
glycerin  
 Electricity:  USA average mix; North-east 
mix; California mix 
 -59.49 g CO2/MJ  
 Negative CO2 output due to:  
o algal CO2 capture   
o displacement of 
petroleum  
o displacement of co-
products 
 Lower C-footprint than 
conventional diesel 
  
Clarens et al. 
(2010) 
 Cultivation: Raceway ponds 
 Additional CO2 sparged in 
 Wastewater effluent  
 Harvest: Flocculation + 
centrifugation 
 Crystal Ball modeling software 
 System boundary: Cradle-to-gate for dry 
biomass (not biodiesel) 
 Functional Unit: 317 GJ biomass energy 
 0.567 g CO2/MJ   Water use: 0.004 m3/MJ 
 Eutrophication potential: 
1.04 g /MJ (PO4) 
 Land use: 1.3 ha/MJ 








 Cultivation: Raceway ponds 
(inoculated from PBR) 
 Wastewater for nutrients 
 CO2 from flu gas 
 Harvest: Chamber filter 
press / centrifuge 
 Natural gas fired dryer 
 Oil extraction:  Hexane 
 Transesterification 
 Transport 
 GREET 1.8 model (data source) 
 System boundary: “Strain-to-pump” 
 Functional Unit:  1000 MJ from algal 
biodiesel 
 Co-product allocation: Spent biomass to 
ethanol; distillers dry grain (DDGS) 
 Growth:  0.00 g CO2/MJ  
 Harvest (Filter press):  241.81 g 
CO2/MJ 
 Separation:  6.33 g CO2/MJ  
 Biodiesel conversion: 3.18 g 
CO2/MJ  
 Co-product allocation: -273.60 
 TOTAL (Filter press):  -20.9 




et al. (2010) 
 Cultivation: Raceway vs. 
tubular PBR 
 Flu gas (12.5% CO2) 
 Two stage nutrient strategy: 
N-sufficient, N-deficient 
 Harvest: Flocculation 
 Homogenisation, solvent 
extraction 
 Transesterification 
 Anaerobic digestion 
 EDIP 2003 analysis method 
 System boundary: Cradle-to-gate 
 Functional Unit:  1000 kg algal biodiesel 
 Co-product allocation: 
o Methane 
o Glycerol 
 Electricity:  Methane + National energy 
network (UK) 
 Tubular PBR: 315 g CO2/MJ 
 Raceway:  18.86 g CO2/MJ  





 Cultivation:  comparison of 
raceway, tubular and 
flatpanel PBRs 
 Nanochloropsis sp. 
 GaBi software 
 System boundary: Cultivation only 
 Functional Unit:  100 tonnes biomass dry 
weight 
  NERs: 1.58 – 7.01 
Lardon et al. 
(2009) 
 Cultivation: Raceways (100 
Ha) 
 Chlorella vulgaris 
 Normal vs. low nitrogen 
 Harvest: Flocculation with 
lime 
 Oil extraction:  Dry vs. wet 
extraction 
 Esterification 
 CML analysis method 
 CED (cumulative energy demand) 
 System boundary: ‘Cradle-to-combustion’ 
 Functional Unit:  Combustion of 1 MJ in 
diesel engine 
 Electricity:  European energy mix (natural 
gas) 
  CED = 1.66 MJ input  
 2.23 MJ produced 
(biodiesel plus oilcake) 
 NER = 1.3 
 




7.2 Life Cycle Analysis Methodology 
 
A life cycle analysis was performed using the SimaPro 8.0.4 software package.  An LCA consists of 
four stages including the definition of the goal and scope, the life cycle inventory or data collection, 
the impact assessment and the interpretation. 
 
7.2.1 Goal and Scope 
The aim of this work was to assess whether the differences in power input across sparged and 
surface aerated PBRs (Chapter 6) translate into significantly altered environmental burdens for an 
entire production process.  The LCA was expected to demonstrate the importance of optimising 
reactor conditions and to confirm and quantify the potential of the WR for reduced environmental 
burdens.  The LCA includes assessment of the environmental burdens for algal biodiesel production 
from Scenedesmus sp., particularly those associated with energy consumption and nutrient use, and 
to make comparisons across three scenarios with changes to the algal PBR stage of production.  The 
three reactor scenarios were as follows:   
1.  Airlift photobioreactor at ‘standard’ gas velocity, 2 L min-1 (2 bar), denoted ALR High Power 
2.  Airlift photobioreactor at critical min. gas velocity, 0.5 L min-1 (2 bar), denoted ALR Optimum  
3. Wave photobioreactor at optimum agitation rate, 15 rpm 4°, denoted WR Optimum 
 
The functional unit of the LCA was 1000 kg of biodiesel and included all the inputs and outputs from 
the simulated process in Figure 7.1, including the extraction and production of raw materials.  The 
LCA was considered a cradle-to-factory-gate analysis as the transport of the product to the regional 
supplier was not included.  The materials and construction of the production facility were also 
excluded.  Glycerine was included as a by-product of the process using the substitution method, 
meaning that the system boundaries were expanded to include impacts of this by-product.  The 
emissions that would have occurred had this by-product been produced elsewhere were credited to 
the process.   
 
7.2.2 Life Cycle Inventory (LCI) 
The LCI was generated using a MATLAB process flow-sheet model, as described in Sections 7.2.3.1 to 
7.2.3.7, below.  Examples of the outputs from the model are given in Appendix D (Tables D1, D2 and 




D3), where each stream in Figure 7.1 (1 – 27) was allocated a mass of each component (in kg).  The 
LCA databases used were Ecoinvent 3, Agri-footprint and USLCI.  The LCI included the production of 
all raw materials and components of the process.  Where possible, data from European datasets 
were used (coded RER in SimaPro), for comparison with literature figures.  Electricity used in the 
process was based on the ENTSO-E (European Network of Transmission System Operators for 
electricity) electricity mix (Itten et al., 2012).  The LCA was repeated using datasets relevant for a 
South African context, including a South African electricity mix. 
 
7.2.3 Algal biodiesel production process model 
A model was developed to simulate the production of algal biodiesel at large scale. The flow-sheet of 
the process chosen for the model is shown in Figure 7.1.  The simulated process included a 
cultivation stage where algae were grown in ALRs or WRs, based on experimental data collected at 
laboratory scale.  The remainder of the process was based on data collected from various sources in 
the literature.  The material and energy balances required for the simulation were developed in 
MATLAB by Richardson (2011), and updated for the current investigation.  The key update was made 
to the reactor stage of the process, where the reactor modelled by Richardson (2011) was replaced 
with ALR or WR, and the inputs and outputs recalculated for these PBRs.  Alterations were also made 
to the methods of settling and centrifugation, to make these appropriate for low energy 









































Figure 7.1  Process flow-sheet for the production of biodiesel from algae with co-production of 
methane from anaerobic digestion of algal residue.  Annotations 1-24 refer to flow and A-I refer to 
energy inputs (Richardson, 2011). 





The first stage of the process flow-sheet was cultivation of Scenedemus sp. in either an airlift or 
wave photobioreactor.  Experimental data (presented in previous chapters) were used for biomass 
concentrations and productivities, lipid content and power input.  The cultivation medium used was 
BBM medium, as described in Chapter 2.2, with 150 mg L-1 nitrate for enhanced lipid production.  
The scale-up of the medium was calculated in the MATLAB model according to the quantities of 
algae required to produce 1000 kg of biodiesel.  Three cultivation scenarios were modelled: 
1.  ALR at 2 L min-1 gas flowrate, and 2 bar gas inlet pressure. 
2. ALR at 0.5 L min-1 gas flowrate, and 2 bar gas inlet pressure. 
3. WR at 15 rpm rocking rate and 4° rocking angle. 
It was assumed that CO2 was supplied at the quantity required to produce 1000 kg of biodiesel, given 
the growth rates and lipid productivity specified in the model. 
 
7.2.3.2 Harvesting 
Harvesting of algal cells was modelled according to Lee et al. (2010) using bioflocculation with a 
microbial flocculant to avoid the use of harmful chemical flocculants such as aluminium sulphate.  
Flocculation required mixing of the algal culture in the flocculation tanks which consumes energy at 
0.0016 MJ m-3 (Lee et al., 2010).  The settling ponds were scraped with rotating flight scrappers at 
0.8 W m-2 of pond area to recover the biomass (Stephenson et al., 2010).  A 90% recovery of biomass 
was assumed.  To concentrate the biomass further a disc-stack centrifuge was used at an electrical 
efficiency of 93%.  A biomass recovery of 95% was assumed at 28.8 MJ m-3 (Molina Grima et al., 
2003).  Water and nutrients were recycled to the PBR (Molina Grima et al., 2003; Richardson, 2011; 
Stephenson et al., 2010).   
 
7.2.3.3 Oil extraction 
Oil extraction from the algal biomass was performed using hexane in a cascade of mixer-settlers to 
allow sufficient contact between solvent and biomass.  Hexane was supplied at half the flowrate of 
the biomass and a recovery of 80% lipids and chlorophyll was assumed.  The power requirement for 
mixing was calculated as a function of the rotational speed, power number and diameter of the 
impeller and the two phase mixer density.  A 90% motor efficiency was assumed and each mixer 
agitated at 5.3 Hz rotational speed and 3.4 kW m-3 (Adesanya et al., 2014; Richardson, 2011; 
Stephenson et al., 2010).   




7.2.3.4 Solvent recovery 
The hexane was separated from the lipid using a stripper column, resulting in recoveries of 99.5% 
hexane.  The tops were condensed using heat exchange with the inlet stream (25 – 60°C).  The heat 
requirement for the reboiler was 1.6 kJ kg-1 of lipid in hexane entering the distillation column 
(Adesanya et al., 2014; Stephenson et al., 2010). 
 
7.2.3.5 Oil refining 
The lipid separated from the hexane was then refined using phosphoric acid and sodium hydroxide 
to remove the chlorophyll (98% removed) and residual hexane (50% removed).  The process 
required 540 kJ kg-1 heat, 108 kJ kg-1 electricity and 0.108 m3 kg-1 water (Richardson, 2011; 
Stephenson et al., 2010).   
 
7.2.3.6 Anaerobic digestion 
The biomass remaining after oil extraction was modelled to be treated in an anaerobic digester with 
the addition of phosphoric acid, sodium hydroxide and urea.  The anaerobic digester had a 20 day 
retention time and used 10 W m-3 of chemical oxygen demand.  The methane generated would be 
used to run a gas-fired power station at an electrical efficiency of 60%.  The energy produced from 
methane was assumed to be 50.1 MJ kg-1.  The carbon dioxide generated was recycled to the PBR 
(Richardson, 2011; Sialve et al., 2009; Stephenson et al., 2010).   
 
7.2.3.7 Biodiesel production 
Research by Harding et al. (2008) showed that transesterification of algal oil to biodiesel could be 
catalysed by the enzyme lipase in place of the conventional alkali chemical catalyst.  The reaction 
using the enzyme catalyst is slower but is not restricted by the water content in the algae, thus 
eliminating the need for drying the algal biomass prior to transesterification.  This considerably 
reduces the energy consumption of the biodiesel production.  The flow-sheet simulation was 
generated for the production of 1000 kg of biodiesel.   
 
 




7.2.4 Life Cycle Impact Assessment (LCIA) and interpretation 
The LCIA involved choosing methods for analysing the inventory data under impact categories that 
suited the goal and scope of this LCA.  CML-IA Baseline assessment method V3.02 (2013) and 
Cumulative Energy Demand V1.09 are reliable methods containing impact categories relevant to this 
work.   These methods have been used in similar LCA studies in the literature (Adesanya et al., 2014; 
Collet et al., 2014; Harding et al., 2008; Lardon et al., 2009; Razon and Tan, 2011) and they meet all 
the mandatory requirements for the ISO standards.  CML-IA Baseline includes impact categories 
widely used in LCA.  The following were chosen for this study: 
 Abiotic depletion (kg Sb eq.)  
 Abiotic depletion, fossil fuels (MJ) 
 Global warming, GWP100a (kg CO2 eq.) 
 Acidification (kg SO2 eq.) 
 Eutrophication (kg PO43- eq.) 
 
The abiotic depletion and global warming categories were chosen to represent the energy related 
impacts, through the depletion of fossil fuel reserves and emission of greenhouse gases. The abiotic 
depletion indicator is related to the extraction of minerals (represented by the mineral antimony, 
Sb) and fossil fuels (measured in MJ) due to the process inputs.  Global warming is caused by 
increased greenhouse gases in the atmosphere.  The characterisation model for this impact category 
was developed by the Intergovernmental Panel on Climate Change (IPCC 1996; updated in 2013).  
The global warming indicator is expressed as the amount of CO2 emissions (the prominent 
greenhouse gas) and is expressed as the Global Warming Potential (GWP) for a time horizon of 100 
years (100a).   
 
The acidification and eutrophication categories were chosen to investigate the impacts of nutrient 
and chemical inputs to the process.  Acidifying substances cause damage to soil, groundwater, 
surface water, organisms, ecosystems and buildings.  The acidification impact category is expressed 
in kg SO2 equivalents per kg emission. The eutrophication impact category includes all impacts due 
to excessive levels of macro-nutrients released into the environment.  This indicator is expressed as 
kg PO4 equivalents per kg emission.  Details of the CML-IA method and the impact categories 
described above were obtained from the SimaPro Methods Manual (Pre, 2015).   
 




Cumulative Energy Demand (CED) is a single issue LCIA method in the SimaPro 8 software package.  
This method investigates the energy use throughout the life cycle of a process, including the direct 
energy consumption and the indirect energy consumed due to use of construction materials or raw 
materials.  The method calculates the primary energy consumption across a range of renewable and 
non-renewable energy sources.  The method uses the upper or lower heating values of these 
primary energy carriers.  Further details on this method are published in Frischknecht et al. (2007).   
 
7.3 Results and Discussion 
 
7.3.1 Life Cycle Inventory 
7.3.1.1 Simulated large-scale energy consumption 
The simulated biodiesel production process was modelled in MATLAB.  The model calculated the 
amount of energy consumed at each stage of the production process.  A simulation was created for 
each of three reactor scenarios: ALR High Power, ALR Optimum and WR Optimum.  For each of these 
scenarios the power input for cultivation changed, and there were slight variations in the biomass 
and lipid concentrations obtained (based on experimental results).  The model produced similar 
results to the lab scale results discussed in Chapter 6.  The ALR at high aeration power consumed 
almost 4 times the energy compared to the ALR optimised to run at the critical minimum gas 
flowrate (0.5 L min-1), which in turn consumed approximately 4 times that of the WR at optimum 
rocking rate and rocking angle (15 rpm, 4°) (Figure 7.2).  Previous studies have shown the poor 
performance of PBRs in biodiesel LCA relative to open ponds, due to their higher energy demands 
(Jorquera et al., 2010; Lam and Lee, 2012; Stephenson et al., 2010).  The findings in this work are 
important because they show a 93% reduction of PBR energy consumption if a wave reactor is 
chosen over a non-optimised sparged reactor, and mixing and mass transfer are optimised with 
respect to energy efficiency.   
 
 







Figure 7.2  Energy consumption (kWh), per 1000 kg biodiesel, during each stage of the simulated 
algal biodiesel production process in Figure 7.1, where the reactor (algal cultivation stage) was an 
airlift run a 2 L min-1 gas flowrate (ALR High Power), an airlift at 0.5 L min-1 (ALR Optimum) or a wave 
reactor at 15 rpm, 4 degrees (WR Optimum).  In (A) the y-axis is split to show the large values for 
‘Reactor’ in the top half of the graph, and to magnify the remaining data in the bottom half. (B) 
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Literature values for the energy consumption (GJ per tonne biodiesel) of sparged PBRs were 
calculated based on the ‘minimum aeration power’ (Table 7.2).  The ‘minimum aeration values’ from 
this work resulted in energy consumption values for the ALR, prior to optimisation, comparable to 
literature (Table 7.2).  Significantly larger energy consumption for the ALR using ‘total aeration 
power’ calculations highlighted that previously reported values are not holistic representations of 
the energy consumed by sparged reactors, as discussed in Chapter 6.3.1.  Therefore, further 
reductions in PBR energy consumption are necessary to be comparable to raceway ponds (Table 
7.2).  However, this current work demonstrates the potential for great improvements in the 
feasibility of PBRs in algal processes.   
 
Table 7.2  Energy consumption in different algal culture systems.  Adapted from Lam and Lee (2012). 
Culture System Energy consumption  
(GJ per tonne biodiesel) 
Reference 
Raceway 4 – 11  Lardon et al. (2009) 
Raceway 13 – 15 Jorquera et al. (2010) 
Raceway 22 - 30 Stephenson et al. (2010) 
Raceway 55 – 158 Campbell et al. (2011) 
Airlift tubular 195 – 231a Stephenson et al. (2010) 
Airlift tubular 537a Jorquera et al. (2010) 
Airlift (2 L min-1) 2848b (201a) This work; Jones and Harrison (2014) 
Airlift (0.5 L min-1) 761b (54a) This work; Jones and Harrison (2014) 
Wave (15 rpm, 4°) 211 This work 
a Energy consumption (GJ per tonne biodiesel) based on ‘minimum aeration power’ for sparged reactors. 
b Energy consumption (GJ per tonne biodiesel) based on ‘total aeration power’ for sparged reactors. 
 
The energy consumed by the reactor (Figure 7.2) was higher than all the other stages of the 
simulated process (98.5% of total energy demand for WR Optimum, and higher for the ALR), 
followed by harvesting (0.62%), pumping (0.28%), anaerobic digestion (0.24%) and oil extraction 
(0.18%). The methane produced by anaerobic digestion was used for the generation of a small 
amount of electricity (1061 kWh; 1.8% of the total energy consumed) that was re-used in the 
biodiesel production process.   If the electricity from methane is deducted from the energy demand, 
the cultivation energy rises to 100% of the total.  This means the electricity from methane was 
sufficient to run all the process stages after cultivation.  A number of previous studies agree that 
algal biodiesel production is limited by its large energy requirements, mainly due to the cultivation 
stage (Harun et al., 2010; Slade and Bauen, 2013; Stephenson et al., 2010).  According to a review of 




studies on algal biodiesel sustainability, major contributing factors to energy intensity include PBR 
design, nutrient source, dewatering and biomass drying, and lipid extraction (Lam and Lee, 2012).  
Recycling of nutrients (as done in this simulation) can reduce the energy consumption of cultivation 
(Razon and Tan, 2011), but the high power requirements of mixing and providing CO2 remain (Louw 
et al., 2016).   
 
Harvesting of algal biomass has also been described to have significant energy consumption (Harun 
et al., 2010; Lam and Lee, 2012; Slade and Bauen, 2013).  Centrifugation is commonly used because 
it is a quick and easy method of harvesting biomass.  However, it is highly energy intensive and not 
recommended for algal biodiesel production (Lam and Lee, 2012; Louw et al., 2016; Sander and 
Murthy, 2010).  Filtration is also energy intensive, but other methods of harvesting, including gravity 
sedimentation, flocculation and flotation, have minor energy requirements, usually for pumping the 
culture to the harvest area (Brennan and Owende, 2010; Rawat et al., 2013).  In the simulation 
modelled here, the primary method of harvesting was bioflocculation, followed by a low through-
put centrifugation step.  This method required substantially less energy than if centrifugation was 
used as the primary harvesting method (Sander and Murthy, 2010).  According to calculations by 
Sander and Murthy (2010), if centrifugation were used as the primary harvesting method the energy 
consumption for harvesting would be 66 473 kWh (53% of the total energy consumption).  The 
mixers and scrapers used in the settling ponds contributed significantly to the energy demand of 
harvesting, but remained small in comparison to reactor energy.   
 
The difference in energy consumption for pumping and settling between the three reactor scenarios 
is due to the difference in algal biomass concentration, where the ALR Optimum produced the 
lowest biomass concentration and the WR Optimum the highest.  In other words, the WR Optimum 
produced the lowest volume of algal culture per 1000 kg of biodiesel.  This is an example of the 
importance of high biomass productivity to avoid dilute algal suspensions (large volumes) that 
require more energy to process.  This is in agreement with previous LCA findings (Harding et al., 
2008; Richardson, 2011; Stephenson et al., 2010). However, in the overall process, the magnitude of 
this effect is relatively minor (Figure 7.2). 
 
 




Biomass drying can contribute significantly to the energy demand of algal biodiesel production, as 
much as 69% of total consumption has been reported (Adesanya et al., 2014; Brennan and Owende, 
2010; Sander and Murthy, 2010).  In the simulation discussed in this work, biomass drying was 
avoided by using a direct transesterification for lipid extraction that did not require dry biomass 
(Lam and Lee, 2012; Stephenson et al., 2010).  In agreement with previous studies, the lipid 
extraction accounted for a relatively small portion of the total energy consumption (Sander and 
Murthy, 2010; Stephenson et al., 2010).   
 
The total energy consumption of each scenario was as follows: 
 ALR High Power: 792 131 kWh 
 ALR Optimum: 212 281 kWh 
 WR Optimum: 59 499 kWh 
These values were entered into the LCA software as the total amount of electricity, minus 1048 
(ALR) or 1061 kWh (WR) for electricity production from methane. 
 
7.3.1.2 Material flows 
In addition to energy, the material inputs and outputs of the algal biodiesel flow-sheet (Figure 7.1) 
were generated by the MATLAB model.  Tables D1, D2 and D3 in Appendix D show the mass in kg of 
each component in each of the numbered streams in Figure 7.1.  From these, the total input and 
output of each component was calculated and tabulated (Table 7.3,Table 7.4 and Table 7.5).  
Together with total energy consumption, the data in these tables was entered into the LCA software 











Table 7.3  Inputs and outputs of the simulated biodiesel production process in Figure 7.1 using an 
airlift at 2 L min-1 (ALR High Power).   
kg Input Output 
Water 410038 409953 
Cells 0 1958 
NaNO3 (growth media) 771 0 
KH2PO4 (growth media) 124 0 
Hexane (oil extraction) 42 0 
Phosphoric acid (oil refining) 9 0 
NaOH (oil refining) 59 0 
Methanol (biodiesel production) 111 2 
Biodiesel 0 1000 
Glycerol (bi-product of biodiesel) 0 106 
Cooling water 120 120 
Glucose (lipase production) 6 0 
Yeast (lipase production) 4 0 
Precipitating chemical (lipase production) 2 2 
CO2 7627 8 
O2 0 5547 
Phosphates (lipase production) 0 1 
Urea (anaerobic digestion) 3 0 
Methane (anaerobic digestion) 0 126 
TOTAL 418916 418824 
 
Table 7.4  Inputs and outputs of the simulated biodiesel production process in Figure 7.1 using an 
airlift at 0.5 L min-1 (ALR Optimum). 
kg Input Output 
Water 438071 437954 
Cells 0 1958 
NaNO3 (growth media) 771 0 
KH2PO4 (growth media) 124 0 
Hexane (oil extraction) 42 0 
Phosphoric acid (oil refining) 9 0 
NaOH (oil refining) 59 0 
Methanol (biodiesel production) 111 2 
Biodiesel 0 1000 
Glycerol (bi-product of biodiesel) 0 106 
Cooling water 120 120 
Glucose (lipase production) 6 0 
Yeast (lipase production) 4 0 
Precipitating chemical (lipase production) 2 2 
CO2 7627 8 
O2  
5547 
Phosphates (lipase production) 0 1 
Urea (anaerobic digestion) 3 0 
Methane (anaerobic digestion) 0 126 
TOTAL 446949 446825 
 




Table 7.5  Inputs and outputs of the simulated biodiesel production process in Figure 7.1 using a 
wave reactor at 15 rpm, 4° (WR Optimum). 
kg Input Output 
Water 406562 406502 
Cells 0 1958 
NaNO3 (growth media) 771 0 
KH2PO4 (growth media) 124 0 
Hexane (oil extraction) 42 0 
Phosphoric acid (oil refining) 9 0 
NaOH (oil refining) 59 0 
Methanol (biodiesel production) 111 2 
Biodiesel 0 1000 
Glycerol (bi-product of biodiesel) 0 106 
Cooling water 120 120 
Glucose (lipase production) 6 0 
Yeast (lipase production) 4 0 
Precipitating chemical (lipase production) 2 2 
CO2 7640 8 
O2 0 5556 
Phosphates (lipase production) 0 1 
Urea (anaerobic digestion) 3 0 
Methane (anaerobic digestion) 0 127 
TOTAL 415453 415383 
 
7.3.2 Life Cycle Impact Assessment 
Data from the LCI (Section 7.3.1) was input into the LCA software (SimPro 8.0) for assessment of 
environmental burdens of the algal biodiesel production process.  Analysis was performed under 
impact categories chosen from the CML-IA 2 Baseline assessment method V3.02, and comparisons 
made across the three process scenarios (Figure 7.3).  The normalised data from the LCA of the three 
process scenarios decreased significantly with reduced gas flowrate in the ALR, and when the ALR is 
replaced with the WR (Figure 7.3).  With the exception of Abiotic Depletion, the environmental 
burdens shown in Figure 7.3 dropped by 73% between ALR High Power (2 L min-1) and ALR Optimum 
(0.5 L min-1), and dropped a further 19% between ALR Optimum and WR Optimum.  The consistency 
of these differences across the impact categories indicates that a single factor affected each impact 
category to a far greater degree than any other factor in the biodiesel production process.  Abiotic 
depletion (kg Sb eq) decreased by 56% with reduced air flow-rate, and a further 16% when the ALR is 
replaced with the WR (Figure 7.3).  Improvements to the PBR, as discussed in previous chapters, 
therefore translate to improved environmental burdens of the whole biodiesel production process.   
 





Figure 7.3  Normalised data from life cycle analysis of the simulated algal biodiesel production 
process in Figure 7.1, where the reactor (algal cultivation stage) was an airlift run at 2 L min-1 gas 
flowrate (ALR High Power), an airlift at 0.5 L min-1 (ALR Optimum) or a wave reactor at 15 rpm, 4 
degrees (WR Optimum).  Impact categories included abiotic depletion (kg Sb eq), abiotic depletion 
(fossil fuels, MJ), global warming potential (kg CO2), acidification (kg SO2 eq) and eutrophication (kg 
PO4 eq). 
 
In order to consider the effects of each factor of the biodiesel production process, the four impact 
categories were explored in more detail without normalisation. The factors that had the most 
prominent effects in each impact category are shown in Figure 7.4.  The electricity input for the 
process had by far the greatest effect in each impact category compared to all other factors.  Figure 
7.2 shows that the majority of the energy consumption (i.e. electricity) was required for mixing and 
aerating the reactor.  Reducing the electricity demand of the reactor stage of the biodiesel 
production process is the only way to ensure significant improvements in the impact categories 
discussed here.  The lower electricity usage of the WR to produce roughly the same biomass and 
lipid concentrations led to the large reduction in environmental burdens.  A trade-off with this 
reactor, however, is the larger land area required for a wave reactor compared to an airlift.  The ALR 
is a vertical reactor, whereas the WR lies horizontally and thus would occupy substantially more 
land.  At large scale a wave PBR could be arranged as an array of channels stacked vertically to 
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Previous LCAs have also reported that electricity requirements have the largest burdens in algal 
biodiesel production (Adesanya et al., 2014; Azadi et al., 2014; Collet et al., 2014; Lardon et al., 2009; 
Richardson, 2011; Stephenson et al., 2010).  As expected, this is particularly the case for fossil fuel 
depletion and global warming potential.  Reports have also shown that algal cultivation has the 
highest burdens compared to other stages of production (Adesanya et al., 2014; Collet et al., 2014; 
Richardson, 2011; Stephenson et al., 2010).  However, there are considerable variations in the values 
obtained across LCA studies (Table 7.1).  This is due to LCA results being dependent on a number of 
factors that vary widely based on the researcher’s choice of assumptions.  For example, the design of 
the flow-sheet and the choices made for each unit process have large effects on LCA outcomes, 
particularly with respect to bioreactor, harvesting and drying methods (Jorquera et al., 2010; Sander 
and Murthy, 2010).  Algal productivities also play a role in variation across biodiesel LCA as shown by 
sensitivity analyses (Adesanya et al., 2014; Richardson, 2011; Stephenson et al., 2010).  Assumptions 
made on equipment and technique efficiencies and outputs also affect LCA results.  Adesanya et al. 
(2014) demonstrated that varying lipid recoveries from 99% to 50% vastly changed the global 
warming potential.  The report also stated that the functional unit chosen for the LCA (where many 
studies use either 1 MJ or 1 tonne of biodiesel) affects the end results (Adesanya et al., 2014).  The 
most prominent difference between the LCA presented here and others (Table 7.1) is the basis for 
calculating the energy requirement for the airlift photobiroeactor.  Here, the ‘total aeration power’ 
based on a 2 bar inlet pressure was used, whereas many LCAs report energy requirements for 
sparged reactors based on the ‘minimum aeration power’, as discussed in Chapter 6.  The ‘total 
aeration power’ gives a more realistic value, particularly for cross reactor comparison and 
determination of overall impact.   
 
Nitrate and phosphate required for the algal cultivation media also had considerable environmental 
burdens (Figure 7.4).  This was consistent with previous studies (Azadi et al., 2014; Collet et al., 2014; 
Lardon et al., 2009; Stephenson et al., 2010).  This is mostly due to the energy demand for producing 
these fertilizers (Lardon et al., 2009; Stephenson et al., 2010).   
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Figure 7.4  Process inputs that contribute most significantly to the impact categories: (A) abiotic 
depletion, (B) abiotic depletion specific to fossil fuels, (C) global warming, (D) acidification and (E) 
eutrophication.   
 
The LCA described above was repeated using datasets appropriate for a South African context, 
particularly a South Africa electricity mix.  This resulted in significantly higher impacts on depletion 
of fossil fuels, global warming potential and acidification (Figure 7.5).  These differences were mainly 
due to the different sources of electricity used in South Africa.  As discussed in Section 7.3.3 below, 
South African electricity is largely coal generated, and the European electricity mix has higher 
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Figure 7.5  Normalised data from life cycle analysis of the simulated algal biodiesel production 
process in Figure 7.1, where LCA datasets for a South African context are compared to a European 
context.  Impact categories included abiotic depletion (kg Sb eq), abiotic depletion (fossil fuels, MJ), 
global warming potential (kg CO2), acidification (kg SO2 eq) and eutrophication (kg PO4 eq). 
 
7.3.3 Cumulative Energy Demand and Net Energy Ratios 
Results presented in the previous sections demonstrated that electricity inputs to the algal biodiesel 
production process caused the highest impacts on abiotic depletion, global warming, acidification 
and eutrophication (Section 7.3.2); and at least 98% of this electricity was used in the PBRs for 
mixing and aeration (Section 7.3.1).  Cumulative Energy Demand (CED) was used to calculate the 
energy consumption of the algal biodiesel life cycle from its primary energy sources.  The electricity 
used in the LCA was the ENTSO-E, an average European electricity mix, consisting of large portions of 
fossil and nuclear generated electricity, and small amounts of hydroelectric, renewable biomass and 
wind/solar/geothermal (Figure 7.6A).  A South African Electricity mix was used for a local algal 
biodiesel LCA scenario.  In South Africa electricity is mostly coal-generated (non-renewable fossil 
fuel) with small contributions from hydroelectric, nuclear, wind/solar/geothermal and renewable 



















WR Optimum South Africa WR Optimum Europe







Figure 7.6  Cumulative Energy Demand for the production of 1000 kg of algal biodiesel according to 
the flow-sheet in Figure 7.1, where ALR High Power used airlift reactors at 2 L min-1, ALR Optimum 
used airlifts at 0.5 L mins-1, and WR Optimum used wave reactors at 15 rpm, 4°.  (A) European 
electricity mix (ENTSO-E), (B) South African electricity mix. Non-renewable energy sources include 
fossil, nuclear and non-renewable biomass (non.), and renewable sources include biomass (ren.), 
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Net energy ratios (NERs) were calculated using the total energy output from 1000 kg algal biodiesel 
divided by the total CED for the process (the energy input).  Energy output was calculated based on 
the calorific value of algal biodiesel (37 MJ kg-1) (Demirbas, 2007; Nautiyal et al., 2014; Razon and 
Tan, 2011) and energy from methane was deducted from the energy input of the process.  In 
Chapter 6, the NERs for the PBRs were discussed.  In Table 7.6, these are compared with the NERs 
for the whole biodiesel production process.  The NERs for the PBRs (based on lipid production) are 
similar to the NERs based on the total electricity usage for 1000 kg biodiesel (Section 7.3.1).  This is 
because at least 98% of the total electricity was used in the reactors.   The NERs based on the CED 
are between 4 and 5 times lower because, in addition to the direct electricity usage, the CED 
includes the primary energy sources and the energy consumption for producing the electricity used 
in the process.  In all cases the NERs are below 1, meaning that more energy is used to produce the 
biodiesel than the biodiesel provides.  This suggests that although large improvements were seen 
using the more energy efficient WR (NER increased by 70 – 80%), the production of algal biodiesel 
was still unfeasible.  It is important to note that the cultivation data was obtained under light limited 
conditions, and the NER would improve significantly if outdoor growth data was used 
 
Table 7.6  NERs (defined as the energy produced / energy consumed) for ALR and WR 
photobioreactors (NERPBR) measured according to the lipid concentration produced and its calorific 
value, compared with the NERs for the algal biodiesel production process (NERBPP) measured using 
the total electricity used for 1000 kg biodiesel, and the NERs for 1000 kg biodiesel based on the 
Cumulative Energy Demand of the process (NERCED). The per-cent increase between the ALR 
Optimum and the WR Optimum (AL:W % Increase) was calculated for each NER.  These data are 
based on the LCA performed using European datasets. 
Scenario NERPBR NERBPP NERCED 
ALR High Power 0.017 0.013 0.004 
ALR Optimum 0.055 0.048 0.016 
WR Optimum 0.239 0.172 0.054 
ALR:WR % Increase 77% 72% 70% 
 
7.3.4 Photovoltaic solar electricity to reduce environmental burdens 
The best location for an algal cultivation facility is one that receives large amounts of sunlight.  This 
location would also be suitable for harvesting energy through solar panels.  If a portion of the algal 
production facility were dedicated to photovoltaic (PV) solar energy capture, the reliance on coal-
produced electricity could be reduced.  An LCA scenario was designed to incorporate 10 acres of 
open ground multi-silicon PV cell solar panels into the algal biodiesel production process described 




in Figure 7.1.  The wave reactor at optimum agitation efficiency was used in this scenario to illustrate 
further possible improvements to the best case scenario highlighted by this research.  The LCA was 
performed using datasets appropriate to a South African context to show possible improvements to 
a local algal biodiesel production scenario.   
 
South Africa receives an annual average solar radiation of 4.5 kWh (along the eastern coast) to 
6.0 kWh (in the north west of the country) (Munzhedzi and Sebitosi, 2009).  The efficiency of current 
photovoltaic technology ranges between 12 and 38% (Green et al., 2015), with the current average 
for mainstream multi-silicon PV cells at approximately 15% (EnergyTrend PV, 2014).  A PV solar panel 
at 15 % efficiency exposed to 5 kWh of solar energy, is expected to give 0.75 kWh m-2.  For 10 acres 
(40468.6 m2) of open ground multi-silicon PV solar panels, this results in 30 351 kWh of electricity.  
This is roughly half of the total energy demand of the biodiesel process using the WR Optimum 
(58 438 kWh).  The CED for this scenario shows a 43% reduction in fossil energy usage for the 
process (Figure 7.7A).  This resulted in reductions in abiotic depletion of fossil fuels, global warming, 
acidification and eutrophication (Figure 7.7B).  Abiotic depletion of minerals (kg Sb equivalent) 
increased 4 times due to minerals required for construction of the solar panels.  The total CED across 
the types of energy sources in Figure 7.7A also decreased, leading to an increased NER of 0.064, 
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Figure 7.7  (A) Cumulative Energy Demand and  (B) normalised data using CML-IA LCA methodology 
for 1000 kg of algal biodiesel using a wave bioreactor at optimum agitation efficiency (WR Optimum) 
for cultivation, with the addition of 10 acres of open ground multi-silicon PV solar panels to 
contribute to the electricity requirement (WR Optimum Solar).   Impact categories included abiotic 
depletion (kg Sb eq), abiotic depletion (fossil fuels, MJ), global warming potential (kg CO2), 
acidification (kg SO2 eq) and eutrophication (kg PO4 eq).  These data are based on the LCA performed 
using South African datasets. 
 
7.4 Conclusions and recommendations 
 
The aim of this chapter was to consider the work done on PBRs (detailed in previous chapters) in the 
context of a whole bioprocess, in this case algal biodiesel production.  The electricity consumption 
for the reactor stage of the process consisted of 98% of the total.  This means that the differences in 
energy consumption seen in Chapter 6 across the three PBRs were carried over in the LCA.  The NER 
of the whole biodiesel production process were slightly lower than those calculated for the PBRs 
only, and significantly lower for the life-cycle based cumulative energy demand (CED) indicator 
(Table 7.6).  Improvements in NER with optimisation of energy efficiency, and use of the surface 
aerated WR instead of the sparged ALR were also carried over in the LCA, with a 77% improvement 
of NERPBR and a 72% improvement of NERBPP.  Therefore, the PBR energy consumption was a major 
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In the LCA, the high energy demand in the reactor stage caused high impacts in depletion of fossil 
fuels (MJ), global warming, acidification and eutrophication.  These impacts were reduced by 73% 
when the ALR was run at optimum (energy efficient) gas velocity, and a further 19% when the ALR 
was replaced with the WR.  However, abiotic depletion (kgSb eq.) was not reduced to the same 
extent as the other impact categories.  This was due to the impacts to this category caused by nitrate 
and phosphate inputs, which were consistent across the three PBR scenarios (Figure 7.4A). 
 
In Europe and South Africa electricity is predominantly sourced from non-renewable fossil fuels, 
which meant that the Cumulative Energy Demand (CED) for the algal biodiesel production process 
was highest for fossil derived energy.  This was reduced by 44% by allocating 10 hectares of the algal 
facility to PV solar panels, thus reducing the environmental burdens with respect to fossil fuel 
depletion, global warming, acidification and eutrophication.   
 
The NER for the process was below 1 for all scenarios, meaning that more energy was used to 
produce the algal biodiesel that can be harnessed from it.  It would be interesting to perform the 
LCA using data from outdoor algal cultivation to reduce the effects of light limitation.  It would also 
be useful to obtain data for a pilot-scale wave reactor to inform the LCA of algal concentrations and 
power input on scale-up.  It would be interesting to compare this LCA (using a pilot scale wave 
reactor) to that using a pilot scale raceway pond.  Differences in NERs between these systems would 
inform the future applicability of PBRs for the production of bioenergy products.  A scenario where a 
PBR is used as a primary cultivation step before inoculation of a pond would also be informative.   
 
The LCA described in this chapter focussed on impacts related to energy usage, to stay within the 
scope of the thesis.  A more comprehensive LCA including water footprint and land use would be an 
interesting addition to this work.  It would be valuable to use LCA methods to perform an economic 
analysis of algal biodiesel using a wave reactor, and to compare this to the cost of second generation 
biofuels and fossil derived diesel.  Additionally, although the results in this chapter indicate 
limitation to use of PBRs for biodiesel production, the study will inform bioreactor selection and 
optimisation for the range of products and processes to which microalgae can be applied.   






8.1 Significant findings 
 
Previous publications have reported that bioreactors have substantial power requirements and 
much of this is due to the energy used for mixing and aeration (Harding et al., 2008; Louw et al., 
2016; Slade and Bauen, 2013; Stephenson et al., 2010).  In algal bioprocesses, this energy demand 
limits the feasibility of bioproducts, particularly energy products, by increasing cost, fossil fuel 
reliance and environmental burdens.  Previous work on bioreactors for algal cultivation has resulted 
in a number of improvements to reactor design (Carvalho et al., 2006; Lehr and Posten, 2009).  
However, PBRs are still predominantly aerated by sparging.  In this work, the impact of optimising 
sparging rates was considered.  Further, the use of surface aeration as an alternative was proposed, 
with the aim of reducing power requirements for algal cultivation.   
  
The airlift concept is a popular method of sparging algal PBRs.  This was used as the base case in this 
study to compare with novel surface aerated reactors.  First, an airlift PBR (ALR) was investigated, 
with the aim of studying the effects of decreasing the power input for sparging on algal productivity 
and to elucidate the lower limits of mixing and mass transfer required for alga cultivation, as set out 
in the research questions.  To date, there has been some research on altering the CO2 concentration 
or sparging rates, independently, in sparged algal PBRs (Kaewpintong et al., 2007; Sasi, 2011).  The 
current study is the first to investigate the combined effects of these parameters with respect to 
power input.  The current investigation revealed a critical minimum CO2 supply rate (CSR, a function 
of CO2 concentration and sparging rate), above which energy would be spent on aeration with no 
further increase in algal productivity (0.2 g L-1 d-1 biomass and 0.03 g L-1 d-1 lipid) .  This means that if 
the CO2 concentration was sufficiently high (5 400 – 10 400 ppm), the superficial gas velocity could 
be reduced fourfold (0.02 to 0.005 m s-1), resulting in a 75% reduction in the aeration power input 
(1417 to 354 WR m-1).  Optimisation of aeration in this way had considerable effects on the energy 
efficiency of the ALR, where biomass productivity per unit power increased from 0.13 to 
0.56 g W-1 d-1.  The critical minimum CSR for algal biomass production in this work was 2.7×10-5 m s-1.  
This value is specific to energy efficient cultivation of Scenedesmus sp. and will change with algal 
species (according to carbon uptake rate) and altered growth conditions, such as light intensity and 
nitrate concentration.  This work demonstrated the value of implementing an optimisation step to 




determine the system specific critical CO2 supply rate in sparged bioreactors to increase energy 
efficiency. 
 
Reductions in biomass and lipid concentration were seen at lower gas velocities despite the critical 
CSR being met.  This may be caused by reduced mixing, which affected the distribution of nutrients 
and light in the culture.  An increase in light intensity (150 to 300 µmol m-2 s-1) resulted in increased 
biomass and lipid productivity at the lowest gas velocity (0.002 m s-1).  This suggested a reduction in 
the light limitation caused by slow circulation between light (downcomer) and dark (riser) areas of 
the ALR.  This demonstrated the importance of considering mixing and light provision in addition to 
the CO2 supply rate.  These factors are strongly interrelated.  At 0.01 and 0.005 m s
-1, increased light 
led to an increase in carbon required by the algal culture (an increase in the critical minimum CO2 
supply rate).  This caused algal productivity to remain constant with increased light intensity at these 
gas velocities.  At gas velocities of 0.02 m s-1 (higher CO2) or higher, productivity increased again.   
 
Two surface aerated PBRs were investigated in this work with focus on power input, mixing and 
mass transfer rates and algal productivity in order to answer the research questions presented in 
Section 1.10.  The first surface aerated PBR investigated was the oscillatory baffled reactor (OBR), 
which was designed during this research project.  It is the first publically available report on the use 
of an oscillatory flow or oscillatory baffled reactor for algal cultivation, and the first currently known 
reactor of this kind to use surface aeration.  Oscillatory motion, which causes inter-baffle eddies, has 
been reported to result in high mixing and mass transfer rates, and to provide more energy efficient 
mass transfer than stirred tank reactors (Ni et al., 2003).  For this reason, oscillatory motion in a 
surface aerated reactor was chosen for this research.  Several parameters, such as baffle type, 
distance between baffles, baffle free area, oscillation frequency and oscillation amplitude, effect the 
mixing and mass transfer in oscillatory flow reactors (Ni et al., 1998).  A comparison of baffle design 
in the OBR of this work revealed that donut baffles were superior to half-moon and perforated half-
moon baffles with respect to mass transfer, and so were chosen for subsequent studies.   
 
The mixing times in the OBR (12 – 45 s) were superior to a range of bioreactors reported in the 
literature, but the mass transfer was lower (4.9 – 17.2 h-1).  However, an area of poor mixing was 
present in the reactor column at high oscillating frequencies.  Also, limited mass transfer resulted in 
lower algal biomass and lipid productivity than expected (0.1 g L-1 d-1 biomass and 0.02 g L-1 d-1 lipid).  




Re-designing the OBR to eliminate the dead-zone and improve mass transfer is key to improving its 
energy efficiency.  This could be done by increasing the length to width ratio, operating the OBR as a 
continuous reactor, or recirculating the liquid from the far end of the column, back to the inlet.  
Improvements specific to mass transfer enhancement include increasing the surface area to volume 
ratio and improving the flow of gas through the headspace, across the length of the reactor, by 
inclusion of an appropriately designed and positioned gas outlet vent.  Increasing the CO2 
concentration in the headspace, increasing oscillation frequency and reducing oscillation amplitude 
could also increase the mass transfer in the OBR.  This work demonstrated the ability of the OBR to 
support algal cultivation, and after the suggested improvements to design, the OBR may offer 
solutions to energy efficiency in bioprocesses.   
 
The second surface aerated bioreactor investigated in this work was the wave PBR (WR).  Wave 
bioreactors are relatively new, the first reported in 1999, and have thus far been used 
predominantly for plant and animal cell culture (Singh, 1999).  A small number of recent studies have 
shown their applicability to microbial cultivation, and two known studies reported their use for algal 
or diatom cultivation (Dreesen et al., 2010; Lehmann et al., 2013).  The current work is the first to 
use a wave bioreactor for cultivation of Scenedesmus sp. and production of algal lipids.  This is also 
the first work to carry out a detailed investigation of mixing and mass transfer with respect to power 
input and optimisation for energy efficient algal productivity.   
 
The WR used in this work consisted of a 10 L cellbag filled to 2 L with liquid medium (20% working 
volume), with the remaining volume filled with CO2 enriched air.  A comparison between the WR and 
wave reactors from previous studies showed that mixing and mass transfer are affected by the total 
volume of the cellbag and the working volume.  Reports that used similar cellbag volumes or similar 
working volumes to the WR used in this work had comparable mixing times and mass transfer 
coefficients. Reports demonstrated that smaller working volume resulted in higher mass transfer 
(Eibl et al., 2009; Westbrook et al., 2014), which had the added benefit of reduced energy for 
supporting a smaller volume of water on the rocking platform.  There is only one publically available 
study that reports the power input of a wave bioreactor, to our knowledge.  The power input 
obtained from the calorimetric method in this work was comparable to the previous study (Eibl et 
al., 2009), giving power in the range 64 – 633 W m-3.  It was observed that from 422 W m-3 (25 rpm, 
10°), vigorous rocking caused the liquid wave to splash the roof of the cellbag, creating a thin film of 




liquid.  This film provided a large surface area for mass transfer, and resulted in a sharp increase in 
CO2 mass transfer.  An important feature for wave bioreactors is, therefore, a crashing wave rather 
than a rolling wave (or gentle swells), for increased mass transfer.   
 
In order to answer the research question presented in Section 1.10 - “What are the lower limits of 
mixing and mass transfer for biomass and lipid productivity?” – algal cultivation experiments were 
carried out in the WR.  Preliminary cultivation experiments in the WR showed that Scenedesmus sp. 
required a slow but continuous inlet of CO2 enriched air.  With exchange of the gas headspace only 
once daily, the limited CO2 provision and O2 build-up caused the culture to be severely inhibited, and 
so further experiments were conducted with continuous gas flow.  At rocking conditions that gave 
       in the range 8.5 to 38 h
-1, there were only small differences in algal biomass and lipid 
productivity (0.15 – 0.17 g L-
-1 d-1 biomass and 0.045 – 0.050 g L-1 d-1 lipid).  This means that rocking 
could be lowered to 15 rpm at 4° (       8.5 h
-1) while maintaining sufficient CO2 supply that 
supports Scenedesmus sp. growth and lipid production at the given light conditions and nutrient 
concentrations.  This equates to an 80% reduction in power input compared to rocking at 25 rpm, 
10° (422 WR m-3 reduced to 85 WR m-3).  This in turn led to substantial increases in energy efficiency 
of the WR (0.4 to 1.8 g W-1 d1 biomass and 0.1 to 0.6 g W-1 d1 lipid).  Optimisation of rocking rate and 
angle are, therefore, essential for optimising the energy efficiency of wave bioreactors.  The 
minimum mass transfer rate sufficient for the cultivation and production will depend on of the 
species under investigation, and the growth conditions (e.g. nutrients and light).   
 
Linear growth in the WR under conditions that were not limited by CO2 mas transfer was thought to 
be caused by a light limitation.  Experiments at double the light intensity demonstrated an increase 
in biomass productivity.  As with the ALR experiments, it was concluded that 9 µmol s-1 of total light 
was insufficient.  Under outdoor conditions, with plenty of sunlight, the algal productivity and 
energy efficiency of the WR is expected to improve, provided photoinhibition is avoided.   
 
The research questions presented in Section 1.10 set out to analyse the power input to the three 
bioreactor types investigated, and also compare the power input, energy efficiency and NERs across 
the sparged and surface aerated PBRs with respect to mixing, mass transfer and algal productivity.  
Power input in sparged reactors is usually calculated as the ‘minimum aeration power’, which is 




based on the expansion of gas from the sparger to the top of the reactor.  This power value is useful 
as a common term across sparged reactors, which can then be compared based on mixing rate, 
expressed as specific power.  However, the ‘minimum aeration power’ does not include the power 
used to compress the gas to the pressure at which it is delivered to the reactor.  Changes to this inlet 
pressure alter the gas flowrates and hence the mixing and mass transfer rates.  The aim of this work 
was to compare the energy efficiencies across sparged and surface aerated reactors.  The ‘total 
aeration power’, which takes into account the inlet gas pressure, provides a more realistic value for 
energy usage in sparged reactors, for better comparison with mechanically agitated reactors.  The 
‘total aeration power’ was considerably higher than the ‘minimum aeration power', and thus the 
NERs of the ALR were much lower when using the ‘total aeration power’.  Many previously reported 
NERs use ‘minimum aeration power’ calculations for theoretical algal processes.  Here, the NERs 
were a realistic representation of the burden of gas compression.  The NERs based on ‘total aeration 
power’ were also more appropriate for comparison to the NERs of the OBR and WR.  Significant 
improvements to the ‘total aeration power’ can be made by reducing the inlet gas pressure, which 
considerably improves the productivity per unit power and NERs of sparged reactors.  This was 
demonstrated by calculating minimum gas inlet pressures for the ALR at the given gas velocities.  
The minimum gas inlet pressure required for a sparged reactor is system specific, as it varies with 
liquid height, sparger type and gas piping configurations.  It should be incorporated as part of the 
optimisation of operating conditions for sparged reactors. 
 
Comparison across the ALR, OBR and WR reactors showed that the WR had far higher mass transfer 
capability than the ALR and OBR.  Comparing these to various reactors reported previously, the WR 
had among the highest mass transfer capability, with     increasing with power input more rapidly 
than any other reactor above 500 W m-3.  The WR and OBR had among the fastest mixing times 
across the range of reactors reviewed in this study.  There is, therefore, much potential for surface 
aerated reactors, with the WR demonstrating higher energy efficiency with respect to mixing and 
mass transfer compared to the ALR and other sparged reactors.  This is an important finding with 
useful implications for improving the energy consumption related to the bioreactor stage of a 
bioprocess.   
 
The research question – “What mixing and aeration rates are required for comparable    ,    and 
algal productivity across the three PBRs?” – was addressed by replicating favourable cultivation 




conditions demonstrated for the ALR in the OBR and WR, with respect to mixing and mass transfer.   
In the ALR the        at ‘standard conditions’ was 39.5 h
-1, and a         of 7.6 h
-1 was sufficient 
for algal cultivation at the critical minimum CSR (‘optimised conditions’: 0.005 m s-1, 10 400 ppm 
CO2).  To replicate these conditions, algae was cultivated in the WR at 25 rpm, 10°, giving a        
of 38.4 h-1 (similar to the ALR ‘standard’), and 15 rpm, 4°, giving a        of 8.5 h
-1. (close to the ALR 
optimised).  Similarly, conditions were chosen in the OBR to replicate the mass transfer in the ALR 
and WR as well as possible.  The        values were rounded off to the nearest 10 to make a 
simpler comparison.  At comparable       , biomass and lipid growth curves and productivity were 
alike in the ALR and WR, and were not significantly different at         of approximately 40 h
-1 and 
10 h-1.  At        3 h
-1 algae growth became severely limited by the reduced availability of carbon.  
These results demonstrated the sensitivity of algal production to CO2 mass transfer.  They showed 
that carbon availability was key to maintaining growth rates across varied BPR designs.  When 
designing the cultivation stage of a bioprocess, first the critical minimum mass transfer rate must be 
ascertained, and then a reactor choice can be made based on the lowest energy consumption to 
achieve that mass transfer rate, while meeting the necessary mixing and light delivery requirements.   
 
A comparison between the three PBRs showed that the WR could achieve comparable       , and 
   at lower power input.  The WR was, therefore, more energy efficient, as shown by the algal 
productivity per unit power (0.37 g W-1 d-1 for the OBR; 0.56 g W-1 d-1 for the ALR; 2.07 g W-1 d-1 for 
the WR).  Sparging in the ALR required a large power input, so that even though the algae grew at 
comparable rates in the ALR and WR, when carbon was not limiting, the energy efficiency of the ALR 
was lower.  The WR matched the rates of growth and lipid production of the ALR at lower power 
input.  The OBR had poor algal growth compared to the ALR and WR, likely due to the low mass 
transfer in the reactor.  Algal growth experiments in the OBR revealed that even at a reported 
       of 10 h
-1 (sufficient for growth in the ALR and WR), algal growth was limited.  Mass transfer 
was measured in only one section of the reactor, and it is suggested that the        was not 
consistent across the length of the reactor, resulting in parts of the reactor experiencing        
below 10 h-1.  Therefore, the data reported here for all experiments in the OBR could represent 
carbon limited algal growth, and so was not an equal comparison to the ALR and WR data.   
 
Optimisation of the gas inlet pressure to the ALR was shown to result in significant improvements in 
the energy efficiency of this reactor by a sensitivity analysis using calculations for theoretical 




minimum gas inlet pressure.  At this reduced gas inlet pressure, the biomass productivity per unit 
power of the ALR improved beyond that of the WR, reaching 2.80 g W-1 d-1.  However, the volumetric 
lipid productivity in the WR was superior to the ALR, such that even at the minimum gas inlet 
pressure the lipid productivity per unit power in the ALR (0.45 g W-1 d-1) was lower than that in the 
WR (0.65 g W-1 d-1).  Furthermore, at increased light, the NER for the ALR at the minimum gas inlet 
pressure was 0.96, compared to the 1.67 estimated for the WR.  These differences may be due to 
the improved relationship between mixing and light distribution in the WR compared to the ALR.  
Additionally, the values calculated for the ALR were the best case scenario with likely increases in 
inlet gas pressure.  Conversely the WR energy efficiency could be improved further, as discussed 
below. 
 
The WR created a curved, splashing wave in the liquid media with a large surface area of the liquid in 
contact with the gas in the headspace of the reactor.  The wave created in a raceway pond, and also 
seen in the OBR, is a rolling wave, or gentle swell, that does not extend far above the surface of the 
liquid.  Surface aeration in a gently agitated system is likely to have lower mass transfer rates, as 
seen in raceway ponds and the current OBR design.  Conversely, surface aeration in the dynamically 
agitated WR resulted in more efficient mass transfer than sparging, with a power requirement of 
85 W m-3 to reach a        of 8.5 h
-1, compared to 354 W m-3 required by the ALR to reach a        
of 7.6 h-1.  However, the NER of the WR, under the conditions described in this work, was below 1.  
This means that even with more energy efficient mixing and mass transfer through surface aeration, 
PBRs are still energy intensive to operate.  It is important to note, however, that there were a 
number of conditions in this work that reduced the NER of the WR, leaving room for increases on 
further optimisation. 
 
Algal cultivation in the ALR and WR under sufficient CO2 mass transfer was limited by light.  The NER 
at higher light increased significantly, and may further improve in an outdoor facility.  Also, the 
lowest        investigated in the WR was 8.5 h
-1, whereas in the ALR the critical minimum CSR was 
obtained at a        of 7.6 h
-1 and at 3 h-1 growth was clearly limited.  It is, therefore possible that 
in the WR, the rocking rate and angle could be reduced further before significant reductions in 
productivity are seen.  Experiments at lower rocking rate and higher light could thus result in higher 
NER, although optimisation of these interrelated factors is required.  Ultimately, scale-up of the WR 
would require designing a system that recreates the liquid motion without using a rocking platform.  




By using technologies developed for recreational wave pools, for example, the energy consumption 
of a wave bioreactor could be further reduced, again improving the NER.   
 
A review of NERs, including previous publications and the current study, indicated that open 
raceway ponds have higher NERs than PBRs.  After optimisation of energy efficiency using the critical 
minimum CO2 supply rate, and when using surface aeration instead of sparging, this remains the 
case.  This suggests that PBRs may be better suited to high-value products, requiring low 
contamination and high productivity.  Bioenergy products require cultivation systems with high NER.  
If the NER of the WR could be substantially improved, using methods suggested above, it may 
become comparable to the NERs for raceways (which were calculated based on outdoor sunlight) 
and thus become competitive for energy products.   
 
An LCA of a simulated algal biodiesel production process was performed using the ALR and WR in the 
cultivation stage of the process.  This was performed in order to answer the research question 
stated in Section 1.10 – “Do the novel strategies for mixing and mass transfer in algal PBRs translate 
to altered environmental burdens of a simulated bioprocess?”  The electricity demand generated by 
the flow-sheet model for algal biodiesel production showed that the PBR had far higher electricity 
usage than the rest of the process, including harvesting and pumping (at least 98% of the total).  This 
large electricity input led to heavy environmental burdens in the LCA impact categories analysed 
(abiotic and fossil fuel depletion, global warming potential, acidification and eutrophication).  The 
area of highest environmental impact in algal biodiesel production was, therefore, the PBR, whose 
power requirement for mixing and mass transfer were the primary cause of this burden.  This 
highlights the importance of improvements to mixing and mass transfer in the PBR and confirms the 
purpose of this research.  Furthermore, the improvements to PBRs made in this work led to 
substantial reductions in environmental burdens in the context of the whole biodiesel production 
process:- 73% reductions with an optimised ALR, and a further 18% when the surface aerated WR 
was used instead of the sparged reactor.  Reductions in environmental burdens of this magnitude 
are a major advantage for a bioprocess.  A push to more sustainable systems, driven by global 
environmental degradation, will lead to support for bioprocesses which offer lowered environmental 
impacts.  Additionally, the large reductions in electricity input of a bioprocess, as shown in this work, 
would lead to considerable improvements in the cost of the bio-product.  This has positive 




implications for bioproducts when considering their cost competitiveness with non-renewable 
alternatives. 
 
8.2 Final conclusions 
 
In this research it was hypothesised that surface aeration would provide sufficient mass transfer for 
algal cultivation at lower energy consumption than conventional sparging.  To investigate this, we 
compared the mass transfer and algal cultivation in airlift (ALR), oscillatory baffled (OBR) and wave 
(WR) PBRs across a range of power inputs.  The research described in this dissertation supported the 
hypothesis in the case of the WR compared to the ALR, but not in the case of the OBR.  
Improvements to the OBR design could lead to improved mass transfer, and further investigation is 
recommended in future work.  The superior energy efficiency of the WR compared to ALR has 
significant impacts on future bioreactor choice by researchers and process engineers.  It might also 
stimulate further investigation into the use of surface aeration. 
 
The second hypothesis of this research stated that a critical minimum power input for mixing and 
mass transfer exists before algal growth and lipid productivity is significantly reduced.  This was 
demonstrated in the ALR and WR, where there was a critical mass transfer rate above which there 
were no significant changes in algal biomass and lipid productivity.  Agitation rates (sparging and 
rocking, respectively) could thus be reduced accordingly.  In the ALR the objective was to find the 
critical minimum CO2 supply rate, based on aeration and CO2 concentration.  Applying a critical 
minimum power for mixing and mass transfer in this way caused substantial improvements to the 
energy efficiencies of the reactors. It is suggested that the critical minimum power input be 
ascertained by the methods shown in this work, for the energy efficient operation of any PBR in 
future applications.   
 
In the final section of this research, it was hypothesised that reductions in energy consumption for 
mixing and mass transfer, demonstrated in previous sections, would lead to reduced environmental 
burdens in an algal biodiesel production process.  An LCA of a simulated biodiesel production 
process was used to investigate this hypothesis, using the data from the ALR and WR obtained from 
previous sections.  The LCA showed that the energy consumption by the bioreactors was key to 




reducing the impacts of the process.  Therefore, the reductions in energy consumption achieved by 
PBR optimisation, and using a wave reactor in place of a sparged reactor, led to substantial 
reductions in the environmental burdens of the whole bioprocess.   
 
8.3 Future recommendations 
 
Cultivation of Scenedesmus sp. under conditions that are not light limiting would be of considerable 
benefit.  Outdoor cultivation, under sunlight, would provide data closer to that obtained at a large-
scale facility (which are predominantly outdoors).  Investigations of varied reactor dimensions with 
respect to light penetration and mass transfer would be necessary.  Shallower volumes would 
promote light distribution, but this would lead to larger land requirements at large-scale.   
 
Construction of a pilot-scale wave-generating PBR that simulates the wave motion of the WR in this 
work would also be beneficial.  Possible differences in energy consumption across different wave 
generating technologies would be a useful comparison for future design choices.   
 
Improvements on design also need to be made to the OBR, with a focus on the eddy formation 
reported by previous studies to increase mass transfer.  Waves and oscillations can be achieved in a 
variety of ways, leaving much scope for design of novel surface aerated reactors.  Other reactors, 
such as orbital shakers, also provide surface aeration.  A comparison across a range of surface 
aerated reactors would provide more insight into the benefits of this method of aeration.  These 
need to be weighed against the low energy raceway ponds.   
 
Although the WR was more energy efficient than the ALR, the land use might be larger.  A more 
detailed LCA including land use would reveal such trade-offs.  Water footprint is also an important 
aspect of algal cultivation which can be studied in an LCA.  The low NERs of PBRs suggests that they 
have limited application for bioenergy products.  The use of PBRs for inoculum into large-scale ponds 
should be explored further, including an LCA on such a scenario.  A comparison between this hybrid 
(PBR-pond) system and a system that uses PBRs only or ponds only, would be useful for process 




design choices.  An LCA of a non-energy, high value algal product, in comparison to its chemical 
counterpart, would also be useful for understanding the niche for PBRs.   
 
An economic assessment would be an informative addition to the energy balance and environmental 
assessment of algal biodiesel reported in this work, or other algal products from PBRs.  The 
economic benefits of reduced reactor energy inputs would be significant, and would improve the 
feasibility of algal biodiesel compared to other biofuels and fossil diesel, and increase competiveness 
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A. Detail for graphs comparing kLa and T m across a variety of bioreactors 
 
In Chapters 1 and 6, mixing and mass transfer are discussed as a function of power input across a 
wide variety of bioreactors.  Figures 1.2, 6.3 and 6.4 report the mixing time (Tm, seconds) and mass 
transfer coefficient (kLa, h
-1) of bioreactors from literature studies to compare with the AL, OB and W 
photobioreactors of this study.  The references for the data sourced from the literature, as well as 
some details of the bioreactor and bioprocess studied, are listed in Table A.1.  The reference 
numbers in Table A.1 correspond to the labels in Figures 1.2, 6.3 and 6.4.  Table A.1 is divided into 
sparged biroeactors, bioreactors that are mechanically agitated and sparged, and those that are 







Table A.1  Mixing, mass transfer and power input across various bioreactor types. V, Tm and kLa denote reactor volume, mixing time and mass transfer 
coefficient, respectively.  P1 represents the power, as reported in the corresponding journal article, and P2 represents the power recalculated according to 




Bioreactor Bioproduct / process V (L) TM (s)     (h
-1) P1 (W m
-3) P2 (W m
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MECHNICALLY AGITATED WITH SPARGING: 
Ref. number 
on graph 
Bioreactor Bioproduct / process V (L) TM (s)     (h
-1) P1 (W m
-3) P2 (W m
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- Eibl et al. (2009); Mikola 
(2007); Singh (1999) 
11 Forced recirculation tank reactor 
with rotary jet heads 
Improving mixing and 
mass transfer for scale-
up 
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- Ačai and Polakovič (2007) 
13 Raceway (Sparged) 
 
Raceway (Unsparged) 














- Mendoza et al. (2013) 
 
Hreiz (2014) 
a Rough approximations from studies of varying volumes and agitation conditions 
b Power calculations included power for circulation (pumping) through helical section of reactor 








B. Calorific values of Scenedesmus sp. 
 
The calorific values of high-lipid Scenedesmus cultures grown at high (10 400 ppm) and low (3 900 
ppm) CO2 were measured using bomb calorimetry (Department of Forest and Wood Science, 
University of Stellenbosch, South Africa), and used for calculations of energy output and NER, 
according to Section 2.6 
 
 
Figure B.1  Calorific values of Scendesmus sp. whole cells harvested in stationary phase after 
cultivation at the given CO2 concentrations (ppm) and superficial gas velocities (UGr, m s











































C. Raw data for conductivity experiments used for measurement of Tm  
 
Figure C.1 is an example of the raw data obtained for the measurement of mixing time using the 
conductivity method in the airlift reactor.  The tracer in the liquid makes a number of circulations 
through the riser and downcomer before the solution becomes mixed.  Similar raw data was 
recorded at a range of gas flowrates (0.1 – 2 L min-1). 
 
 
Figure C.1  Raw data from measurement with conductivity probe in airlift photobioreactor at 0.1 L 
min-1 gas flowrate.  Peaks indicate circulation time as the tracer passes the probe.  The time take for 
peaks to subside is the mixing time (Tm).  This data was courtesy of Fraser (2011).   
 
Figure C.2 is an example of the raw data obtained for the measurement of mixing time using the 
conductivity method in the wave photobioreactor.  On the addition of NaCl tracer, the conductivity 
measurement spikes.  Over time the rocking motion of the wave reactor causes the NaCl tracer to 
become mixed into the liquid contents of the reactor and the peak dissipates, and the conductivity 
graph plateaus.  Similar raw data was obtained for a range of oscillating frequencies (10 – rpm) and 
angles (2 - 10°).   Similar raw data was also obtained for the oscillatory baffled photobioreactor for a 





























Figure C.2  Raw data from measurement with conductivity probe in wave photobioreactor at 
30 rpm, 10°. The peak indicates the NaCl tracer and the time taken from the point of injection to 
levelling out of the graph is the mixing time (Tm).   
 
 
Figure C.3  Raw data from measurement with conductivity probe in oscillatory baffled 
photobioreactor at 40 Hz.  The peak indicates the NaCl tracer and the time taken from the point of 





















































D. Input and outputs used in Life Cycle Analysis of alg al biodiesel production 
 
A model was developed to simulate the production of algal biodiesel at large scale according to the 
process flow-sheet in Figure D.1.  This model was developed by Richardson (2011) and refined for 
this work.  The model was used to inform a life cycle analysis comparing the use of the airlift and 
wave photobioreactors in the reactor stage of the process.  The model calculated all the relevant 










































Figure D.1 Process flow-sheet for the production of biodiesel from algae with co-production of 







Table D.1  Flows (kg day-1) of each component in each of the streams numbered in the process flow-sheet for the simulated algal biodiesel production 
process inFigure D.1.  The flows below represent the quantities when an airlift photobioreactor at a gas flowrate of 2 L min-1 was used for algal cultivation. 
 Flows (kg) 1 2 / 25 26 3 5 6 7 8 9 10 11 
Water 409866 0 1531512 1941378 1903542 37836 10848 26988 0 26988 0 
Cells 0 0 499 4304 430 3874 194 3680 0 2664 0 
Sodium nitrate 771 0 0 0 0 0 0 0 0 0 0 
KH2PO4 124 0 0 0 0 0 0 0 0 0 0 
Hexane 0 0 0 0 0 0 0 0 42 0 8421 
Phosphoric acid 0 0 0 0 0 0 0 0 0 0 0 
NaOH 0 0 0 0 0 0 0 0 0 0 0 
Methanol 0 0 0 0 0 0 0 0 0 0 0 
Biodiesel 0 0 0 0 0 0 0 0 0 0 0 
Glycerol 0 0 0 0 0 0 0 0 0 0 0 
Cooling water 0 0 0 0 0 0 0 0 0 0 0 
Steam 0 0 0 0 0 0 0 0 0 0 0 
Glucose 0 0 0 0 0 0 0 0 0 0 0 
Yeast 0 0 0 0 0 0 0 0 0 0 0 
Precipitating chemical 0 0 0 0 0 0 0 0 0 0 0 
CO2 0 7627 0 0 0 0 0 0 0 0 0 
Phosphates 0 0 0 0 0 0 0 0 0 0 0 
Urea 0 0 0 0 0 0 0 0 0 0 0 
Methane (STP) 0 0 0 0 0 0 0 0 0 0 0 
Soil conditioner 0 0 0 0 0 0 0 0 0 0 0 
TAG 0 0 0 0 0 0 0 0 0 0 1001 
Chlorophyll 0 0 0 0 0 0 0 0 0 0 15 
Lipase 0 0 0 0 0 0 0 0 0 0 0 






 Flows (kg) 12 13 14 15 16 17 18 19 20 21 22 23 / 24 27 
Water 0 0 115 0 0 56 51 0 32 36 0 26988 382878 
Cells 0 0 0 0 0 0 0 0 0 0 0 1833 125 
Sodium nitrate 0 0 0 0 0 0 0 0 0 0 0 0 0 
KH2PO4 0 0 0 0 0 0 0 0 0 0 0 0 0 
Hexane 8379 42 0 21 21 0 0 0 0 0 0 0 0 
Phosphoric acid 0 0 1 0 0 0 0 0 0 0 8 0 0 
NaOH 0 0 3 0 0 0 0 0 0 0 56 0 0 
Methanol 0 0 0 0 0 111 2 0 0 0 0 0 0 
Biodiesel 0 0 0 0 0 0 1000 0 0 0 0 0 0 
Glycerol 0 0 0 0 0 0 106 0 0 0 0 0 0 
Cooling water 0 0 0 0 0 97 97 0 22 22 0 0 0 
Steam 0 0 0 0 0 1540 0 0 0 0 0 0 0 
Glucose 0 0 0 0 0 0 0 0 6 0 0 0 0 
Yeast 0 0 0 0 0 0 0 0 4 0 0 0 0 
Precipitating chemical 0 0 0 0 0 0 0 0 2 2 0 0 0 
CO2 0 0 0 0 0 0 0 0 0 8 0 413 0 
Phosphates 0 0 0 0 0 0 0 0 0 1 0 0 0 
Urea 0 0 0 0 0 0 0 0 0 0 3 0 0 
Methane (STP) 0 0 0 0 0 0 0 0 0 0 0 126 0 
Soil conditioner 0 0 0 0 0 0 0 0 0 0 0 0 0 
TAG 0 1001 0 10 991 0 0 0 0 0 0 0 0 
Chlorophyll 0 15 0 14 0 0 0 0 0 0 0 0 0 
Lipase 0 0 0 0 0 0 0 2 0 0 0 0 0 







Table D.2  Flows (kg day-1) of each component in each of the streams numbered in the process flow-sheet for the simulated algal biodiesel production 
process in Figure D.1.  The flows below represent the quantities when an airlift photobioreactor at a gas flowrate of 0.5 L min-1 was used for algal 
cultivation. 
 Flows (kg) 1 2 / 25 26 3 5 6 7 8 9 10 11 
Water 437867 0 1643515 2081382 2043546 37836 10848 26988 0 26988 0 
Cells 0 0 499 4304 430 3874 194 3680 0 2664 0 
Sodium nitrate 771 0 0 0 0 0 0 0 0 0 0 
KH2PO4 124 0 0 0 0 0 0 0 0 0 0 
Hexane 0 0 0 0 0 0 0 0 42 0 8421 
Phosphoric acid 0 0 0 0 0 0 0 0 0 0 0 
NaOH 0 0 0 0 0 0 0 0 0 0 0 
Methanol 0 0 0 0 0 0 0 0 0 0 0 
Biodiesel 0 0 0 0 0 0 0 0 0 0 0 
Glycerol 0 0 0 0 0 0 0 0 0 0 0 
Cooling water 0 0 0 0 0 0 0 0 0 0 0 
Steam 0 0 0 0 0 0 0 0 0 0 0 
Glucose 0 0 0 0 0 0 0 0 0 0 0 
Yeast 0 0 0 0 0 0 0 0 0 0 0 
Precipitating chemical 0 0 0 0 0 0 0 0 0 0 0 
CO2 0 7627 0 0 0 0 0 0 0 0 0 
Phosphates 0 0 0 0 0 0 0 0 0 0 0 
Urea 0 0 0 0 0 0 0 0 0 0 0 
Methane (STP) 0 0 0 0 0 0 0 0 0 0 0 
Soil conditioner 0 0 0 0 0 0 0 0 0 0 0 
TAG 0 0 0 0 0 0 0 0 0 0 1001 
Chlorophyll 0 0 0 0 0 0 0 0 0 0 15 
Lipase 0 0 0 0 0 0 0 0 0 0 0 






 Flows (kg) 13 14 15 16 17 18 19 20 21 22 23 / 24 27 
Water 0 0 115 0 0 56 51 0 32 36 0 26988 
Cells 0 0 0 0 0 0 0 0 0 0 0 1833 
Sodium nitrate 0 0 0 0 0 0 0 0 0 0 0 0 
KH2PO4 0 0 0 0 0 0 0 0 0 0 0 0 
Hexane 0 0 0 0 0 0 0 0 0 0 0 0 
Phosphoric acid 8379 42 0 21 21 0 0 0 0 0 0 0 
NaOH 0 0 1 0 0 0 0 0 0 0 8 0 
Methanol 0 0 3 0 0 0 0 0 0 0 56 0 
Biodiesel 0 0 0 0 0 111 2 0 0 0 0 0 
Glycerol 0 0 0 0 0 0 1000 0 0 0 0 0 
Cooling water 0 0 0 0 0 0 106 0 0 0 0 0 
Steam 0 0 0 0 0 97 97 0 22 22 0 0 
Glucose 0 0 0 0 0 1540 0 0 0 0 0 0 
Yeast 0 0 0 0 0 0 0 0 6 0 0 0 
Precipitating chemical 0 0 0 0 0 0 0 0 4 0 0 0 
CO2 0 0 0 0 0 0 0 0 2 2 0 0 
Phosphates 0 0 0 0 0 0 0 0 0 8 0 413 
Urea 0 0 0 0 0 0 0 0 0 1 0 0 
Methane (STP) 0 0 0 0 0 0 0 0 0 0 3 0 
Soil conditioner 0 0 0 0 0 0 0 0 0 0 0 126 
TAG 0 0 0 0 0 0 0 0 0 0 0 0 
Chlorophyll 0 1001 0 10 991 0 0 0 0 0 0 0 
Lipase 0 15 0 14 0 0 0 0 0 0 0 0 







Table D.3  Flows (kg day-1) of each component in each of the streams numbered in the process flow-sheet for the simulated algal biodiesel production 
process in Figure D.1.  The flows below represent the quantities when a wave photobioreactor at 15 rpm, 4° was used for algal cultivation. 
 Flows (kg) 1 2 / 25 26 3 5 6 7 8 9 10 11 
Water 406415 0 1517707 1924122 1886286 37836 10848 26988 0 26988 0 
Cells 0 0 499 4304 430 3874 194 3680 0 2664 0 
Sodium nitrate 771 0 0 0 0 0 0 0 0 0 0 
KH2PO4 124 0 0 0 0 0 0 0 0 0 0 
Hexane 0 0 0 0 0 0 0 0 42 0 8421 
Phosphoric acid 0 0 0 0 0 0 0 0 0 0 0 
NaOH 0 0 0 0 0 0 0 0 0 0 0 
Methanol 0 0 0 0 0 0 0 0 0 0 0 
Biodiesel 0 0 0 0 0 0 0 0 0 0 0 
Glycerol 0 0 0 0 0 0 0 0 0 0 0 
Cooling water 0 0 0 0 0 0 0 0 0 0 0 
Steam 0 0 0 0 0 0 0 0 0 0 0 
Glucose 0 0 0 0 0 0 0 0 0 0 0 
Yeast 0 0 0 0 0 0 0 0 0 0 0 
Precipitating chemical 0 0 0 0 0 0 0 0 0 0 0 
CO2 0 7640 0 0 0 0 0 0 0 0 0 
Phosphates 0 0 0 0 0 0 0 0 0 0 0 
Urea 0 0 0 0 0 0 0 0 0 0 0 
Methane (STP) 0 0 0 0 0 0 0 0 0 0 0 
Soil conditioner 0 0 0 0 0 0 0 0 0 0 0 
TAG 0 0 0 0 0 0 0 0 0 0 1001 
Chlorophyll 0 0 0 0 0 0 0 0 0 0 15 
Lipase 0 0 0 0 0 0 0 0 0 0 0 






 Flows (kg) 12 13 14 15 16 17 18 19 20 21 22 23 / 24 27 
Water 0 0 115 0 0 56 51 0 32 36 0 26988 379427 
Cells 0 0 0 0 0 0 0 0 0 0 0 1833 125 
Sodium nitrate 0 0 0 0 0 0 0 0 0 0 0 0 0 
KH2PO4 0 0 0 0 0 0 0 0 0 0 0 0 0 
Hexane 8379 42 0 21 21 0 0 0 0 0 0 0 0 
Phosphoric acid 0 0 1 0 0 0 0 0 0 0 8 0 0 
NaOH 0 0 3 0 0 0 0 0 0 0 56 0 0 
Methanol 0 0 0 0 0 111 2 0 0 0 0 0 0 
Biodiesel 0 0 0 0 0 0 1000 0 0 0 0 0 0 
Glycerol 0 0 0 0 0 0 106 0 0 0 0 0 0 
Cooling water 0 0 0 0 0 97 97 0 22 22 0 0 0 
Steam 0 0 0 0 0 1540 0 0 0 0 0 0 0 
Glucose 0 0 0 0 0 0 0 0 6 0 0 0 0 
Yeast 0 0 0 0 0 0 0 0 4 0 0 0 0 
Precipitating chemical 0 0 0 0 0 0 0 0 2 2 0 0 0 
CO2 0 0 0 0 0 0 0 0 0 8 0 416 0 
Phosphates 0 0 0 0 0 0 0 0 0 1 0 0 0 
Urea 0 0 0 0 0 0 0 0 0 0 3 0 0 
Methane (STP) 0 0 0 0 0 0 0 0 0 0 0 127 0 
Soil conditioner 0 0 0 0 0 0 0 0 0 0 0 0 0 
TAG 0 1001 0 10 991 0 0 0 0 0 0 0 0 
Chlorophyll 0 15 0 14 0 0 0 0 0 0 0 0 0 
Lipase 0 0 0 0 0 0 0 2 0 0 0 0 0 
TOTAL 8379 1058 120 45 1012 1805 1257 2 67 71 67 29364 379552 
 
 
